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Abstract

Advancing Membrane Technologies for Recovery of Phosphorus and Nitrogen from Human
Urine

Stephanie Nicole McCartney

The existing linear economy approach to nutrient management has clear shortcomings
including high expenditures for nutrient extraction and production of fertilizer as well as additional
costs for nutrient removal at downstream waste water treatment plants (WWTPs) to prevent the
pollution of aquatic environments. In a circular nutrient economy, phosphorus (P) and nitrogen
(N) are removed from waste streams and captured as valuable fertilizer products in order to more
sustainably reuse the resources in closed-loops and simultaneously protect receiving aquatic
environments from harmful P and N emissions. The overarching aim of this thesis is to understand
strategic approaches for nutrient recovery from wastewater and advance membrane technologies
for P and N reclamation. The studies i.) approach nutrient recovery on a system-level to recognize
optimal waste streams to target for P and N separation, ii.) advance membrane-based processes for
nutrient recovery, and iii.) examine the economic viability of the nutrient recovery techniques.

The thesis presents a thermodynamic and energy analysis of nutrient recovery from various
waste streams of fresh and hydrolyzed urine, greywater, domestic wastewater, and secondary

treated wastewater effluent. The analysis revealed comparative advantages in theoretical energy



intensities for P and N recovery from nutrient-dense waste streams, such as fresh and hydrolyzed
urine, compared to other more dilute sources. The thesis quantifies efficiencies required by
separation techniques for nutrient reclamation to be competitive with the energy requirements of
the prevailing industrial fertilizer production methods, i.e., phosphate mining and nitrogen fixation

by the Haber-Bosch process.

The dissertation examines and advances the performance of membrane-based processes for
separation and recovery of P and N from diverted human urine. Donnan dialysis (DD), an ion-
exchange membrane-based process, can capture and enrich orthophosphate, HxPO4®™, from
source-separated urine. This work demonstrates the transport of CI™ driver ions down a
concentration gradient, across an ion-exchange membrane to set up an electrochemical potential
gradient that drives the transport of target HxPO4 ™" in the opposite direction, enabling P capture.
Importantly, H.PO4 is transported against an orthophosphate concentration gradient, which
achieves uphill transport of P. The thesis also provides a framework to better understand the impact

of different ions in the water matrix on P recovery potential and kinetics.

The thesis presents a novel operation of membrane distillation (MD) — isothermal
membrane distillation with acidic collector (IMD-AC) — to selectively recover volatile ammonia,
NHz, from hydrolyzed urine. The innovative isothermal and acidic collector features, respectively,
suppressed undesired water permeation and enhanced ammonia vapor flux relative to conventional
membrane distillation (CMD). The elimination of water flux in IMD-AC resulted in ~95% savings
in vaporization energy consumption relative to CMD. Critically, IMD-AC achieved uphill
transport of ammoniacal nitrogen, i.e., transport against a concentration gradient, demonstrating

the promising potential of the technique for N recovery.



The dissertation proposes an integrated bipolar membrane electrodialysis (BPM-ED), DD,
and IMD-AC system to drive the separation and recovery of orthophosphate and ammoniacal
nitrogen from human urine. This work elucidates the role of pH and nutrient speciation (i.e.,
H2PO4~ versus HPO4* and NH4* versus NHs) on the performance of DD and IMD-AC. In the
proposed configuration, BPM-ED generates acids and bases in situ to strategically control the pH
of urine streams to benefit DD and IMD-AC performances. Strategic pH modification can enhance
orthophosphate transport and selectivity in DD as well as ammonia transport and recovery
potential in IMD-AC. Importantly, the analysis quantifies comparable specific energy
consumptions of the proposed integrated membrane-based process to the existing approaches to P

and N management.

This thesis presents a preliminary economic assessment of onsite nutrient recovery
employing DD and IMD-AC for respective P and N recovery from diverted urine. The analysis
reveals opportunities to utilize widely-available waste chemical streams and recovered thermal
energy to improve the economic viability of nutrient recovery. The largest capital expenditures are
urine diversion toilets and additional piping for source-separation. Preliminary analysis
demonstrates that employing urine diversion in public sanitation rooms, as opposed to private
bathrooms, can reduce these capital expenditures. Furthermore, realizing savings from avoided
costs for downstream nutrient removal at centralized wastewater treatment plants in addition to

fertilizer revenue can enhance the economic viability of the approach.

Overall, this dissertation critically informs nutrient recovery approaches and advances
membrane-based processes for P and N reclamation to facilitate a paradigm shift from an
inefficient linear nutrient economy to a sustainable circular nutrient economy. The work reveals

opportunities to minimize energy intensity for nutrient separation, advance the performance of



membrane-based techniques for selective and energy-efficient nutrient recovery from urine, and
enhance the cost-competitiveness of nutrient reclamation. The findings of this work support
nutrient recovery efforts and provide important insights that can be applied to other separation and

resource recovery endeavors.
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Chapter 1: Introduction

1.1 Motivation

Challenges with Existing Nutrient Management. Nitrogen and phosphorous are vital
macronutrients and principal components of fertilizer. Global food security is dependent on
sufficient access to bioavailable forms of nutrients: N as ammoniacal nitrogen (NH3s/NH4*) and P
as phosphate (HxPO4®™"). In the conventional approach for production of N fertilizer, ammonia
(NHa) is fixed from the atmosphere through the Haber-Bosch process, which is energy intensive
as it requires 8.9-19.3 kWh/kg-N and totals to ~1-2% of the world’s annual energy use.*®
Similarly, phosphate rock mining, the prevailing technique for P fertilizer production, has a high
energy cost of 0.80-1.66 kWh/kg-P.” & Additionally, phosphate rock reserves are diminishing and
are projected to last only 50—100 more years with peak phosphate production predicted in 2033.%
10 Furthermore, phosphorous fertilizer manufacturing plants present inherent safety concerns
related to the production of toxic and radioactive byproducts, such as phosphogypsum, during the
manufacturing process.!’ 12 These hazards were starkly demonstrated in March 2021 when the
Piney Point, Florida production plant leaked phosphogypsum into Tampa Bay due to an
engineering failure in the aged infrastructure.!> The immense energy requirements, resource-

limitation, and hazardous practices of current fertilizer production practices underscore the lack of

sustainability and motivate alternative methods for nutrient capture.

Downstream, nutrients utilized in fertilizer move through the food-chain, and are
eventually excreted in human urine and feces. Anthropogenic nutrients in municipal wastewater
are often not adequately removed during U.S. wastewater treatment (WWT) and are consequently

discharged into surface waters. Nutrient accumulation in aquatic environments leads to



eutrophication, growth of harmful algal blooms (Figure 1.1A), and hypoxic dead zones (Figure
1.1B), which harm aquatic biodiversity.’>*> Additionally, harmful algae produce toxins and
cyanobacteria, which can cause illness or be fatal to humans and pets using contaminated
recreational waterbodies.’® *” Furthermore, these toxins can infiltrate drinking water because
conventional water treatment is not equipped to sufficiently remove algal toxins.'®*? The
devastating impacts of harmful algae were demonstrated by the 2014 Toledo, OH algal blooms,
where water supplies were contaminated with toxins leaving half a million residents without water

service.?1%3
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Figure 1.1 A) Harmful algal blooms in Lake Erie on September 3, 2011.%° B) Eutrophication and hypoxic dead-
zones in North America, particularly along the cost.?

For these reasons, the biogeochemical flows of N and P are flagged as exceeding the safe
operating space for humanity and pose high risks under the planetary boundaries framework.? The
current approach for nutrient management has clear shortcomings and a new paradigm for
sustainable management is urgently needed. Improvements in the efficiency of nutrient usage can
reduce fertilizer demand and alleviate some challenges posed by industrial fertilizer production
and nutrient discharge.?>?” Improved agricultural practices, such as strategically timing fertilizer
application, can benefit nutrient use efficiency and also reduces nutrient discharge from farms to

surface waters (another cause of eutrophication and harmful algal blooms).?>2" Additionally,



reducing food waste and improving nutrient utilization across the food-chain can lessen P and N

loss to the environment.?>%7

Another vital nutrient management strategy is to control nutrient loading from wastewater
treatment plant effluent.?: 20 Unfortunately, most WWT plants (WWTPs) are not equipped with
tertiary or advanced treatment, i.e., dedicated stage for nutrient removal, because advanced
treatment systems require substantial energy and chemical expenditures.3! There has been
considerable efforts to develop and advance nutrient removal technologies in WWTPs,32%° but
most methods aim to remove nutrients from the wastewater without recovery. This approach still
relies on the unsustainable practices for fertilizer production and an inefficient linear nutrient
economy. The red arrows of Figure 1.2 demonstrate the linear economy approach to nutrient
management: nutrients are produced/extracted at high energy and chemical cost, utilized by the
food-chain, excreted in wastewater, and excess nutrients in wastewater are treated, incurring

further expenditure, to prevent nutrient loading to aquatic environments.
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Figure 1.2. The current linear economy management of N and P (red arrows) requires high energy to produce
nutrients and demands high energy and chemicals downstream for nutrient removal. In contrast is a circular
nutrient economy management (blue arrows), where nutrients are recovered from waste streams and re-entered

into the food-chain, closing the nutrient “loop.”

Circular Nutrient Economy Approach. A more forward-looking approach is the simultaneous
removal and recovery of nutrients from wastewaters. In a circular economy approach, nutrients

can be recovered from waste sources and re-entered into the food chain (blue arrows in Figure

3



1.2), closing the nutrient “loop.” This approach can ease the requirement for N fixation and P
mining, which are currently practiced at unsustainable levels. Concurrently, this approach reduces
nutrient loading to aquatic environments and protects ecosystems from eutrophication and harmful
algal blooms. Nutrient recovery from wastewater and its reuse in fertilizer marks a paradigm shift

towards more sustainable nutrient management.

Land applications of biosolids, i.e., treated sewage sludge being used directly as fertilizer,
is a prevailing practice for nutrient reuse. However, the method risks contamination from heavy
metals, pharmaceuticals, per-and polyfluoroalkyl substances (PFAS), and pathogens.*®*! For this
reason, the application of biosolids faces societal and legal hurdles, particularly when used on
crops for human consumption.*® 4 Decentralized nutrient recovery efforts that target source-
separated urine have gained traction because urine is rich in nutrients and essentially pathogen
free.*#4® However, it remains unclear if such approaches are a more competitive than conventional
centralized efforts. Additionally, high-performance technologies capable of achieving high
nutrient yield and cost-effectiveness are lacking.*”° These critical gaps have hindered the progress

towards a circular nutrient economy and the adoption of nutrient recovery practices.

Problem Statement #1: Rigorous Quantitative Analysis can Guide Nutrient Recovery.

Conventional sanitation infrastructure collects all streams of waste, including urine, feces, and
greywater in centralized treatment facilities. However, combining waste streams high in N and P,
such as urine, with less concentrated streams dilutes the concentration of valuable nutrients over
100x increasing the challenge of nutrient recovery. Intuitively, the separation of N and P nutrient
rich streams should enable higher recovery efficiency and effectiveness than recovery from diluted
streams.** 152 Therefore, a promising approach can be nutrient recovery from isolated urine,

which contains ~80% of N and up to 80% of P excreted from humans.*>“¢ It is important to



consider that a paradigm switch from the existing wastewater infrastructure to decentralized
systems of urine source-separation and resource recovery will require capital investment and a
shift in societal sanitation practices. Therefore, the benefits of urine separation for nutrient
recovery must be informed not on an intuitive basis, but on a quantitative level. An analysis of
thermodynamics and energy requirements for N and P separation from waste streams can inform
strategic approaches for nutrient recovery from waste streams. Such analysis can identify ideal

waste streams and nutrient products to minimize energy requirements for nutrient recovery.

Problem Statement #2: High Performance Techniques for Capturing Nutrients are Needed.

Equally critical to strategic selection of waste stream and fertilizer product is the need for
technologies capable of achieving selective nutrient recovery with high yields and efficient energy
utilization. Membrane filtration allows for the separation of valuable nutrients from harmful
components in waste streams such as pathogens, pharmaceuticals, endocrine disrupting
compounds, and personal care products. However, for P recovery from urine, the state-of-the-art
techniques involve precipitation of minerals, such as struvite or potassium magnesium phosphate,
rather than membrane-based approaches. Phosphate mineral precipitation potentially introduces
some risks from pathogen, pharmaceutical, and heavy metal contamination. An alternative practice
is the use of sorbents, e.g., metal (oxy)hydroxide sorbents,>**’ to separate phosphate from urine;
however, sorbent regeneration is expensive and produces waste brines that cannot be easily
disposed.®® Anion-exchange membrane processes offer promising options to separate HxPO4C ™~
from the other constituents in urine without the need for regeneration. However, there are critical
gaps in the fundamental understanding of the transport of ions and selectivity for HPO4® ", For
N recovery, membrane distillation is a promising method for volatile NH3 separation from urine,

but the current state-of-the-art process has low selectivity for NHz over H>O and requires



significant energy. High-performance membrane technologies for both P and N recovery from

urine are urgently needed.

Problem Statement #3: Nutrient Recovery must be Cost-Effective. The shift toward a circular
nutrient economy requires that the nutrient recovery methods be competitive with existing
approaches to fertilizer production and nutrient removal at WWTP (i.e., the linear nutrient
economy) across key metrics, most notably cost and sustainability, which are both heavily
influenced by energy and chemical inputs. While thermodynamically strategic approaches to
nutrient recovery and high-performance membrane techniques can minimize energy requirements,
there is also an opportunity to utilize waste sources of thermal energy to further enhance cost-
effectiveness. Commercial and residential sources of waste heat, such as warm bathwater runoff
and cooling water for computer servers, can be tapped to power nutrient recovery efforts.>%-
Additionally, avenues for application of low-cost or recycled chemical resources, such as seawater
and desalination brine, in place of costly inputs should be explored. Harnessing low-cost and waste
sources of heat and chemicals can improve the sustainability and cost-competitiveness of nutrient

recovery.
1.2 Objectives and Scope of Dissertation

The overarching aim of this thesis is to understand strategic approaches for nutrient recovery from

wastewater and advance membrane technologies for P and N recovery.
More specifically, the goals of this work are:

i.  Assess thermodynamic and energy requirements of various nutrient recovery schemes
encompassing a variety of waste streams, different fertilizer products, and spanning

product yields to guide strategic efforts for capturing P and N from waste.



ii.  Examine the performance potential of Donnan dialysis (DD) to capture and enrich
phosphate from human urine, and systematically study the impacts of different ions in
the urine matrix on recovery potential and transport kinetics.

iii.  Develop a novel isothermal membrane distillation with acidic collector (IMD-AC)
technology for selective and energy efficient capture of NHz from human urine by
measuring NHsz and water flux under different operating conditions of feed and
collector temperature and collector composition.

iv.  Explore opportunities to employ pH manipulation using bipolar membrane
electrodialysis (BPM-ED) to feed and product streams of DD and IMD-AC systems to
enhance the performance of these techniques.

v.  Conduct a techno-economic analysis of onsite nutrient recovery to determine the

feasibility of this approach and guide future research and development initiatives.
1.3 Thesis Structure

This thesis examines strategic opportunities to recover nutrients from waste streams and advances
membrane technologies for capturing P and N from urine. Chapter 2 presents a thermodynamic
and energy analysis for harvesting fertilizers from various waste streams of fresh and hydrolyzed
urine, greywater, domestic wastewater, and secondary treated wastewater effluent. This chapter
utilizes the Gibbs free energy of separation to determine the theoretical minimum energy to recover
various fertilizer products from these waste streams at different yields. The chapter investigates
strategic configurations for nutrient recovery to minimize energy demands and sheds light on
potential practical energy demands for various nutrient recovery schemes. The benefits of targeting

nutrient-dense waste streams, such as human urine, are highlighted on a thermodynamic and



energy basis. Additionally, the chapter presents a first-order analysis of potential energy savings

that can be achieved through supplementing fertilizer production with nutrient capture from urine.

Chapter 3 advances the understanding of ion transport in Donnan dialysis, an ion-exchange
membrane-based process, and assesses the performance potential of the technique for
orthophosphate recovery from human urine. In Donnan dialysis, the transport of “driver” ions
across an ion-exchange membrane from solutions of high to low concentrations (termed receiver
and feed, respectively), sets up an electrochemical potential that drives the transport of “target”
ions in the opposite direction. The chapter outlines the exchange of H2PO47, i.e., target ions, in
urine and CI, i.e., driver ions, in an electrolyte receiver solution across an anion-exchange
membrane in Donnan dialysis, which enables the capture of orthophosphate in the receiver
solution. The chapter establishes that Donnan dialysis operation at higher feed to receiver solution
volume ratios is capable of enriching orthophosphate in the receiver solution, or product stream.
The study also examines the influence of other anions in urine on orthophosphate transport and
presents challenges with the selectivity for orthophosphate over other anions; however, the use of
a monovalent ion permselective membrane is shown to improve selectivity for orthophosphate.
The chapter also highlights the applicability of widely available low-cost or waste streams, such
as seawater, desalination brine, bittern solution, and waste water softening regenerant rinse, as

chemical inputs to the receiver stream.

Chapter 4 proposes and develops isothermal membrane distillation with acidic collector, a
novel technology driving the selective and energy-efficient capture of ammonia from human urine.
Membrane distillation drives the permeation of volatile components, such as NHs, across a
hydrophobic microporous membrane toward a collector solution, while nonvolatile species are

retained by the membrane and remain in the feed solution. However, conventional membrane



distillation suffers from simultaneous and undesired water permeation that dilutes the NHs
fertilizer product and increases the energy requirements of the technique. This chapter examines
the transport of NH3,g) and H20(g) in different membrane distillation configurations, conventional
and isothermal, and demonstrates enhanced selectivity for NH3 permeation over H>O with the
novel isothermal membrane distillation operation. The study also highlights that the use of an
acidic stream as the collector increases the flux of NHz and enables uphill transport of NH3 against
an ammoniacal nitrogen concentration gradient. The vaporization energy-savings achievable by
novel isothermal membrane distillation with acidic collector relative to conventional membrane
distillation are highlighted and energy requirements are compared against the linear economy

approach to N management.

Chapter 5 presents an integrated membrane approach to capture both orthophosphate and
ammonia from human urine utilizing Donnan dialysis, isothermal membrane distillation with
acidic collector, and bipolar membrane electrodialysis. Bipolar membrane electrodialysis is
introduced as a technique for in situ acid and base production, which is leveraged to control the
pH of streams in the other membrane techniques (Donnan dialysis and isothermal membrane
distillation) to enhance performance. The influence of bipolar membrane electrodialysis operation
duration and current density on the performance of Donnan dialysis and isothermal membrane
distillation are presented and the impact on energy requirements are discussed. The chapter also
provides the specific energy consumption of each membrane technique compared against the linear

nutrient economy approaches.

Chapter 6 provides a preliminary economic assessment of the aforementioned membrane
techniques for P and N recovery from human urine (Donnan dialysis and isothermal membrane

distillation with acidic collector, respectively) if applied at the Solaire building in New York City.



The chapter additionally presents a techno-economic assessment of the existing water reuse and
thermal energy recovery infrastructure in the Solaire compared against a baseline building without
water, energy, or nutrient recovery. Environmental implications of incorporating water reuse,
thermal energy recovery, and nutrient recovery in high-density buildings, such as the Solaire, are

highlighted.

Finally, Chapter 7 summarizes the key findings of this work and highlights the significant
contributions of the thesis. This chapter discusses the implications of this work on nutrient
recovery as well as on broader applications to membrane science and the water sector. Future work
for advancement of membrane techniques and decentralized resource recovery efforts are

recommended.
1.4 Key Contributions

This section briefly describes contributions of this thesis, while more in-depth discussion and
implications are presented in Chapter 7. This work elucidates strategic approaches for nutrient
recovery, advances membrane technologies to capture P and N from human urine, and
assesses the economic feasibility of incorporating nutrient recovery into decentralized
wastewater management. Outside of nutrient recovery, the findings in this dissertation present
a thermodynamic framework to determine the minimum energy of separation and provide
new insights of transport in membrane processes, which future development of separation

processes can utilize.

The quantitative thermodynamic and energy analysis of nutrient recovery from various
waste streams demonstrates that P and N capture from nutrient rich sources, such as human
urine, has lower energy requirements than recovery from more dilute sources. A first-order

analysis underlines the potential energy savings achievable by nutrient recovery from human urine
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compared with the existing linear economy approach. The framework to determine the
minimum energy of separation can be applied to other resource recovery efforts to guide the

strategic selection of waste streams and products.

Donnan dialysis (DD) with a high driver ion content in the receiver solution is utilized to
enable orthophosphate recovery against a concentration gradient, i.e., uphill transport, and
can enrich orthophosphate in the receiver solution by leveraging feed and receiver volumes.
The systematic exploration of anion transport from feed solutions containing multiple anions
provides strong evidence that ions compete to partition into the ion exchange membrane,
which contributes to competitive ion transport. Selectivity for monovalent ions, here in this

thesis HoPO4 -, over multivalent ions can be enhanced using monovalent ion selective membranes.

The thesis presents a novel operation of membrane distillation, isothermal membrane
distillation with acidic collector (IMD-AC), as a promising and energy-efficient technique
for selective recovery of ammonia from human urine. The isothermal feature, i.e., equal feed
and collector operating temperatures, removes the driving force for water vapor permeation and
resultingly suppresses undesired H20 transport and improves selectivity for NHs. The acidic
collector feature drives the protonation of NH3 to NH," and enables the transport of NH3 vapor
against an ammoniacal nitrogen concentration gradient, i.e., IMD-AC can achieve uphill
transport of N. By suppressing water vapor transport IMD-AC achieves 95% savings in

vaporization energy consumption relative to conventional MD.

Donnan dialysis and isothermal membrane distillation with acidic collector can be
practiced in conjunction to capture both P and N from human urine. Nutrient speciation, i.e.,
H2PO4/HPO4* and NH4*/NHs, in urine is pH-dependent and can be favorably leveraged to

improve DD and IMD-AC performance. The thesis applies bipolar membrane electrodialysis
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to generate acids and bases in situ and strategically control the pHs of streams in DD and
IMD-AC. As a result, orthophosphate flux and selectivity in DD can be favorably increased
and NHs vapor flux in IMD-AC is enhanced. At the same time, an acidic stream benefiting N

recovery is produced in situ with BPM-ED using low-cost/waste salt solutions.

The techno-economic assessment of implementing DD and IMD-AC for nutrient recovery
from source-separated urine into onsite wastewater management reveals opportunities to
improve the economic viability for decentralized nutrient recovery. Utilization of waste
resources, such as waste low-grade heat and recycled chemicals, significantly decreases costs of
operation. Additionally, realizing the benefits of nutrient recovery to downstream wastewater

treatment plants can potentially improve the feasibility of nutrient recovery.
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Chapter 2: Emerging Investigator Series: Thermodynamic and
Energy Analysis of Nitrogen and Phosphorous Recovery from

Wastewaters
Chapter Abstract

In a circular nutrient economy, nitrogen and phosphorous are removed from waste streams and
captured as valuable fertilizer products, to more sustainably reuse the resources in closed-loops
and simultaneously protect receiving aquatic environments from harmful N and P emissions. For
nutrient reclamation to be competitive with the existing practices of N fixation and P mining, the
methods of recovery must achieve at least comparable energy consumption. This study employed
the Gibbs free energy of separation to quantify the minimum energy required to recover various N
and P fertilizer products from waste streams of fresh and hydrolyzed urine, greywater, domestic
wastewater, and secondary treated wastewater effluent. The comparative advantages in theoretical
energy intensities for N and P recovery from nutrient-dense waste streams, such as fresh and
hydrolyzed urine, were assessed against the other more dilute sources. For examples, compared to
reclaiming the nutrients from treated wastewater effluent at centralized wastewater treatment
plants, the minimum energy to recover 1.0 M NHa(q) from source-separated hydrolyzed urine can
be ~40—68% lower, whereas recovering KH2POas) from diverted fresh urine can, in principle, be
~13—34% less energy intense. The study also evaluated the efficiencies required by separation
techniques for the energy demand of N and P recovery to be lower than the current production
approaches of Haber-Bosch process and phosphate rock mining. For instance, the most
energetically favorable ammoniacal nitrogen and orthophosphate reclamation schemes, which

target hydrolyzed and fresh urine, respectively, require energy efficiencies >7% and >39%. This
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study highlights that strategic selection of waste stream and fertilizer product can enable the most

expedient recovery of nutrients and realize a circular economy model for N and P management.
2.1 Introduction

The challenges facing current nutrient management practices, detailed in Chapter 1, offer
opportunities for synergistic solutions. A circular economy model advocates for the simultaneous
removal and recovery of nutrients from waste-sources.®®> N and P captured from wastewater can
be recycled back into the food chain to close the nutrient loop, easing the demand for nitrogen
fixation and phosphorus mining, and simultaneously alleviating potential harms to the
environment and public health. The recovery of nutrients from waste streams for reuse is,

therefore, a paradigm shift to a more sustainable approach for nutrient management.

The recovery of nutrients from various waste streams of the cycle, including urine,>% 52 66
T greywater,’® domestic wastewater,’*® and WWTP effluent,*® has been investigated in
previous studies. A simplified schematic of the wastewater cycle and the principal streams are
depicted in Figure 2.1A. Note that the main form of nitrogen in fresh urine is urea, CO(NH2).,
which undergoes hydrolysis by naturally present urease enzymes to form ammoniacal nitrogen
and bicarbonate, yielding hydrolyzed urine after ~2—7 d.%% %0 As the waste streams undergo
biological, chemical, and physical transformations along the cycle and combine with other flows,
the compositions and aqueous chemistries are significantly altered.® -7 Similarly, the nutrient
content can vary drastically. Figure 2.1B shows the concentration range of total ammoniacal
nitrogen, TAN, and total orthophosphate, TOP, (shaded green and patterned red bars, respectively)
for the different waste streams. The TAN and TOP concentrations span over five orders of
magnitude, with the general trend, in increasing order of nutrient content, being greywater <
secondary (2°) WW effluent < domestic WW < fresh and hydrolyzed urine. Therefore, the various

14



recovery technologies are targeting sources with widely disparate nutrient contents and with N and

P in different chemical forms (e.g., nitrogenous compounds include ammonia, nitrate, nitrite, and

urea).
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Figure 2.1. A) lllustrative representation of wastewater sources and streams. The constituents of

domestic wastewater (WW) are blackwater, the mixture of brownwater and urine, and greywater.
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Domestic WW combines with waste streams from commercial and industrial sources, and may be
diluted by stormwater runoff in combined sewer systems before treatment at centralized facilities.
Treated effluent is eventually discharged to the environment. B) Concentration range of total
ammoniacal nitrogen, TAN, and total orthophosphate, TOP, (shaded green and patterned red bars,
respectively) for waste streams of greywater, fresh urine, hydrolyzed urine, domestic WW, and
secondary (2°) WW effluent.89 91-97

Waste streams that are richer in nutrients should, intuitively, favor recovery efficiency and
effectiveness. The advantages of high nutrients content for recovery have been qualitatively
discussed in literature,** %1 52 put there are currently no rigorous quantitative analyses to more
precisely valuate the benefits. In contrast, energy analyses had been conducted for other
environmentally-relevant separations, such as, reverse osmosis desalination, conventional thermal
distillation, and membrane distillation,®®1%! to reveal intrinsic limitations and thermodynamic
insights of the processes. Applying similar analytical approaches to nutrient recovery can enhance
fundamental understanding and shed light on the thermodynamic principles governing the

separation, which can in turn inform efforts to capture N and P from the waste streams.

In this study, we conduct a thermodynamic analysis of nutrient recovery from different
waste streams. First, governing equations for the theoretical minimum energy required to recover
nutrients, determined using the Gibbs free energy of separation, are presented. The minimum
energy to recover ammonia and phosphate are quantitatively assessed for different waste streams
spanning a range of nutrient content, namely source-separated urine (fresh and hydrolyzed),
greywater, domestic WW, and 2° WW effluent. Energy requirements to reclaim products of
different nutrient species and concentrations are then examined. The impact of recovery yield on
energy demand is evaluated and practical considerations are discussed. The energy to separate and
capture other forms of N, specifically, nitrate and urea, is also explored. Next, we analyze the

practical efficiency needed from actual processes for nutrient recovery from wastewaters to be
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competitive with conventional methods of N and P production, i.e., NH3 fixation by Haber-Bosch
and phosphate mining. Finally, implications of ammonia and phosphate separation from

wastewaters are discussed and the benefits of nutrient recovery are highlighted.
2.2 Minimum Energy of Nutrient Recovery

Gibbs Free Energy of Separation is the Minimum Energy to Recover Nutrients. In the
recovery of nutrients from waste streams, the desired nutrient components of N and P are separated
from the dilute feed to yield a nutrient-rich product, leaving a wastewater retentate stream less
concentrated in N or P. The theoretical minimum energy required to achieve this nutrient recovery,
Emin, is equal to the Gibbs free energy of separation, AGsep, Which is the difference between the
Gibbs free energy of the product and retentate (resultant streams), and the wastewater (initial feed),

as described by eqgn (2.1):

Emin = AGsep =NpGp + NG — NG, (2.)
where G is the molar Gibbs free energy, N is the total number of moles in each stream, and
subscripts P, R, and F, denote the product, retentate, and feed streams, respectively.

The molar Gibbs free energy of a mixed solution is the sum of the partial molar Gibbs free

energy of the constituent species:'0% 13
G=YxG +RT[XxIn(yx)] 22

where x and y are mole fraction and activity coefficient of species i, G° is Gibbs free energy of
formation in the aqueous solution at standard state, R is the gas constant, and T is absolute

temperature.
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By applying eqgns (2.1) and (2.2), the Gibbs free energy of separation per mole of nutrient

recovered, AG,

sep !

can be expressed as:

3 %,:Gyp +RTY %0 I (7,5 5 )

AGsep = +%[Z Xi,RGi,R + RTZ Xi R In (7i,RXi,R )] = Emin (2.3)
P

N
_N_E[Z X ¢Gie +RT D X ¢ In (yivFXivF)}

where subscript 1 denotes the targeted nutrient component, i.e., N or P species. Therefore, with

the composition and relative proportion of the feed, product, and retentate streams, the theoretical

minimum energy to reclaim a mole of nutrient, E_. , can be determined using egn (2.3). Note that

for pure products, i.e., solid minerals or unmixed liquids, the product ZxInyx term vanishes and x1,
can be replaced with nip, the number of N or P atoms in the chemical structure of the pure
liquid/solid mineral product (nip = 1 for all products except for (NH4)2SO4, where nip = 2).

Recovery yield, Y, is defined as the fraction of nutrient available in the initial feed captured in the

product stream, and can be described by:

_ Xl,PNP

Yi
" XN

(2.4)

Note that, again, for solids and pure liquid products, x1p is replaced with nyp.

Analysis of Minimum Energy for Nutrient Recovery. Detailed methodology to

determine the molar minimum energy of nutrient recovery, E ., is discussed in Appendix A and

min !

briefly presented here. Typical ranges of nutrient species mole fraction concentrations and pHs of

the greywater, domestic WW, 2° WW effluent, fresh urine, and hydrolyzed urine feed waste
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streams are based on literature data (Table A.1),%% %% whereas x1p and nyp are dependent on the
concentration and chemical structure of the product, respectively. Typical concentration ranges of
other species in the waste streams relevant to the analysis is presented in Table A.2. 87 For a
certain Y (and corresponding X1,p Or nyp), the retentate composition is determined by mole balance
and accounting for speciation due to pH and concentration changes. I.e., the approach incorporates
the effects of protonation/deprotonation on x of orthophosphates and ammoniacal nitrogen

(H3PO4/H2PO4s /HPO4* /PO4>~ and NH4"/NHs@g), respectively). To understand the influence of

recoveryyieldon E_. , Y 0f0.005,0.2,0.5,0.8,and 1.0 are modeled for select wastewater matrices

min 1
of 2° WW effluent and hydrolyzed urine. In that analysis, the presence of carbonate species in
hydrolyzed urine is considered. Because the complete water chemistry of most wastewater feeds
are not fully know (i.e., species composition and buffering capacity), the analysis is able to only
consider the capture of an infinitesimally small amount of nutrient, i.e., Y — 0, such that the feed
and retentate compositions are effectively identical. The complete equations utilized to determine

the molar Gibbs free energy of separation for all scenarios in the analysis are presented in

Appendix A, eqns (A.5)—(A.20).

All calculations model recovery at T = 298 K. Non-ideal behavior in solutions was
accounted for using activity coefficients, x, which were determined using the Davies
approximation,®” nonrandom two-liquid method,'® 1% or experimental data reported in
literature, 1% as described in Appendix A. G° for each species i in aqueous solution can be found
in Table A.3 in Appendix A. For pure liquids and solid minerals, the Gibbs free energy of the

product is equal to the Gibbs free energy of formation at standard state, G, =G}, (values are

presented in Table A.4 of Appendix A).
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2.3 Energy Requirement for Nutrient Recovery

Harvesting Ammonia from More Concentrated Waste Streams Requires Less Energy. The
molar minimum energy (i.e., per mole of NH3 captured) to recover liquid ammonia, NHs, from
different waste streams of varying TAN concentrations is calculated using eqn (A.5) of Appendix
A and presented in Figure 2.2. Yields of 1 and 0, representing complete recovery of N in the
product and capture of an infinitesimally small amount of N from the feed, respectively, were
analyzed (solid and dashed lines). Typical TAN concentration ranges in the various waste streams

are shown as floating bars and correspond to the horizontal axis (logarithmic scale). To isolate the

impact of [TAN] on E_. , the analysis for Y = 1 assumes the feed waste streams to have pH <<

pKa of NH4" (9.24) and inexhaustible buffering capacity, such that the predominant form of TAN
in both the feed and retentate is NH4"; the influence of NH4*/NH3(q) speciation is considered in

the next subsection. We note that the pH of all waste streams examined in this study, except for

hydrolyzed urine, are usually well below 9.24 and, hence, TAN is mostly present as ammonium. &

91-97
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Figure 2.2. Molar minimum energy, E,;,, to recover nutrient product of pure liquid ammonia as a

min ?
function of waste stream TAN concentration for recovery yields, Y, of 1 and 0 (solid and dashed lines,
respectively). Floating bars, corresponding to the horizontal axis (on logarithmic scale), represent the
TAN concentration ranges for waste streams of greywater, secondary wastewater effluent, domestic
wastewater, fresh urine, and hydrolyzed urine. For simplification of analysis, all TAN in the waste

streams was assumed to be present as NH4*.

As expected, Figure 2.2 demonstrates that to minimize the theoretical minimum energy to

capture NHzq), it is advantageous to target waste streams with high TAN concentrations. This trend

is consistent with thermodynamic assessments of desalination, where E,__ for water recovery

increases with feed salinity.% % The minimum energy to reclaim NHsg essentially decreases

linearly with increasing logarithm of TAN concentration in the waste stream, i.e., E_. =~

min

—log[TAN], primarily due to the Inx terms of eqn (2.3). The slight deviation from perfect linearity
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is attributed to the non-linear dependence of » ., . on ionic strength (Davies approximation, eqn

(A.21) in Appendix A).5 In other words, the reduction in E, . is not proportional to the increase

in [TAN] of the feed stream. Concentrated streams, such as hydrolyzed and fresh urine, have orders

of magnitude more TAN than diluted streams of domestic wastewater, secondary wastewater

effluent, and greywater; however, E, . is not orders of magnitude higher when capturing N from

n
the diluted streams compared to the more concentrated streams. For example, hydrolyzed urine is

~140—520x more concentrated in TAN than domestic wastewater, but E_. for product of NHs)

atY =01is only 1.13—1.22x greater for domestic WW.

Recovery yields of 1 and 0 exhibit similar trends, with E,_ for Y = 1 approximately 3%

higher than Y = 0 across the TAN concentrations investigated. As Y increases, NHz is separated
from a progressively more dilute feed stream, thus requiring more energy and the averaged molar

energy of separation rises. Again, parallels can be drawn to the increasing specific energy of
desalination for larger water recovery yields.'> 16 However, the magnitude of E,_ increase for
higher nutrient recoveries is drastically smaller than for desalination, where energy requirement

almost doubles when Y is raised from 0 to 0.5. Because E . for Y =1and Y = 0 only differ by
~3%, examination of E_ for Y = 0 closely translates to higher recovery yields. The impact of

recovery yield on E_. will be discussed in depth in a latter section.

Feed Stream pH Affects E,_ by Influencing Speciation. E_. values to recover select

ammonia and phosphate products from various waste streams are shown in Figures 2.3A and B,

respectively. The N products of liquid ammonia, NHzg), aqueous ammonia solutions at 10, 5.0,
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and 1.0 M, and solid precipitate of ammonium sulfate, (NH4).SO4), are common commercial
fertilizers.1”11% Likewise, solid precipitate P products of potassium magnesium phosphate,
KMgPO4-6(H20), struvite, NHs4sMgPO4-6H.0, potassium phosphate, KH2PO4, and
monoammonium phosphate, NHsH>POs4, are also conventional fertilizers available in the
market.'1%1" Because each waste stream can be highly heterogeneous in nutrients content,
concentrations of product co-species (e.g., SO4>~ is co-species for (NH4)2SO4(s) product), and pH,

the resultant energy requirement spans a range of values (according to egn (2.3)). The top and

bottom of the floating bars represent the highest and lowest E_. , respectively, for each waste

min ?

stream and product pair. Detailed E__ values for all conditions, calculated using eqns

(A.5)—(A.12), can be found in Tables A.5 and A.6 of Appendix A.
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Figure 2.3. Molar minimum energy, E, ., to recover A) TAN as products of liquid ammonia, NHz),

10, 5.0, and 1.0 M aqueous ammonia solutions, and ammonium sulfate solid, (NH.).SO4s); and B) TOP
as mineral products of potassium magnesium phosphate, KMgPO4-6(H20), struvite, NHsMgPQO.-6H,0,
potassium phosphate, KH2PO4, and monoammonium phosphate, NH4H2PO.. Waste stream sources are
greywater, secondary wastewater effluent, domestic wastewater, fresh urine, and hydrolyzed urine.

Floating columns indicate the E,_, ranges that correspond to the typical span of nutrient content,

product co-species concentrations, and pH reported for the waste streams. The analysis considered
recovery yield of 0 for all products, i.e., an infinitesimally minute amount of nutrient is recovered from

the waste stream.
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As previously discussed, TAN concentration in the waste stream is a primary factor
influencing E, . : minimum energy to capture ammonia products is generally lower when targeting
waste streams of higher [TAN], such as hydrolyzed urine, compared to more diluted streams.

Additionally, E_. is also dependent on the pH of the waste stream. For a certain waste stream

[TAN], E,,, values for the selected products are lower in N recovery scenarios with higher waste
stream pH (Table A.5). As an illustration, Figure 2.4 presents E__ for products recovered from

greywater with [TAN] = 2.11x10~* M (midpoint of concentration range), but at different pH

values.

—
- & 150 | Greywater pH 1150
= O 50 0

o N ]
5 2 125F [ 9.0 125
O —= _ 0
c O 100} 33.2% 1109
S |
€2 75k {75
g ~ O 251%
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— > o5t 12
5 E’ 5 5
S o 0 0
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o) TAN: 1.0 M NHggyq) :

Products

Figure 2.4. Molar minimum energy, E,,,, to recover TAN product of 1.0 M NH3@q) and TOP product
of struvite, NHsMgPQO4-6H>O), from greywater at pH of 5.0 and 9.0 (open circle and filled square

symbols, respectively). Labels above the symbols indicate the percent decrease in E, .. from feed pH of

5.0 to 9.0. Mid-range greywater TAN and TOP concentrations of 2.11x10™% M and 6.80x107° M,
respectively, are utilized in this analysis and recovery yield of the product is 0 (i.e., an infinitesimally

small quantity of nutrient is recovered from the waste stream).
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E,., torecover 1.0 M NHa(q from greywater at pH of 9.0 is 25.1% less than at pH of 5.0.

Because ammonia is a weak base, which can protonate to form ammonium, the fraction of TAN
present as NHsg) rises with increasing pH (eqn (A.1) in Appendix A). The standard-state molar
Gibbs free energy of formation of NHs@g) is higher than that of NH4" (—26.6 kJ/mol compared to
—79.3 kJ/mol, Table A.3) and, thus, the Gibbs free energy of separation is lower for NHz@g) than
NH,4", as per egn (2.3). Hence, recovery of the N products is thermodynamically more favorable if
TAN is present as NHz(g) in more basic waste streams. The theoretical minimum energy to reclaim
N from hydrolyzed urine is significantly lower than other waste streams (Figure 2.3A) because of
the two advantages of higher pH and greater TAN concentration. Hydrolyzed urine pH range is
9-9.2, close to or at the pKa of 9.24 for ammonium, whereas pH of the other waste streams are
mostly =5—8.5. Also, [TAN] is 0.270—0.578 M for hydrolyzed urine, at least 67% greater than other
N sources aside from fresh urine (still 5.5-32.2x higher). However, the energy benefits for
(NH4)2SO4s) recovery from hydrolyzed urine are less pronounced (Figure 2.3A), because N is
captured as NH4*. Converting NHs(g), the predominant TAN species in hydrolyzed urine, to

ammonium increases AGsep and offsets the beneficial G° effect. Overall, waste streams with both
high TAN concentration and pH offer the smallest E,. to overcome for N recovery; of the waste

streams examined here, hydrolyzed urine is the most optimal.

Among the N products evaluated, E_ is generally highest for NHsg), followed by 10 M

n

NH3@g), 5.0 M NH3gg), 1.0 M NHs@g), and then (NH4)2SO4i) (Figure 2.3A). For the aqueous
ammonia solutions, E,_.decreases with lower product concentration. This is reflected in eqn (A.7)

and also intuitively understood: a more dilute product stream requires less separation from the feed

and, hence, demands less energy. For the pure products of NH3zgyand (NH4)2SOa4s), E... is largely

min
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dependent on the Gibbs free energy of formation of the product, G?’P (Table A.4), with a lower

0
<< Gf ,NHg

G{ » contributing to a smaller E,,, . Because ny(NH » recovering (NH4)2SO4) is

4)2 SO4(5)

thermodynamically more favorable than NH3).

Rational Selection of Waste Stream Feed and Products Minimizes Energy for
Nutrient Recovery. Similar trends are also observed for TOP recovery (Figures 2.3B and 2.4).
Note that because magnesium precipitates out from urine, as struvite, magnesium phosphates, and
Mg(OH)2, during hydrolysis,®® % 118 [Mg?] in hydrolyzed urine is practically negligible and,
hence, recovery of Mg-based P products, NHsMgPO4:6H20s), and KMgPO4-6H20¢s), were not
analyzed. Higher concentrations of TOP and product co-species (TAN, K*, and Mg?*) in the waste
stream lowered E_ . TOP concentrations in the waste stream follow the trend: greywater <

secondary wastewater effluent < domestic wastewater < hydrolyzed urine < fresh urine, resulting

in E_. values largely following the reverse trend, i.e., P recovery from fresh urine generally has

n

the lowest E, . . However, one deviation is the separation of NH4H2POu from hydrolyzed urine.

This is due to the low concentration of the product co-species, NH4", significantly contributing to
E,... Although fresh urine is richer in TOP (1.13—-1.57x), [TAN] is only 0.067—0.085 that of
hydrolyzed urine.

Despite fresh urine having significantly higher [TOP], the molar minimum energies of

recovery for struvite, NHsMgPO4-6H.O¢), and potassium magnesium phosphate (KMP),

KMgPO4-6H,0(), are comparable with the lower E . range for the more dilute streams of

domestic WW, 2° WW effluent, and greywater. This is because P is present in struvite and KMP

as PO+, the least protonated form of phosphate, and a greater portion of TOP in the feed exists
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as PO4% at higher pHs. The pH range for fresh urine (6—7.5) is lower than domestic wastewater
and secondary-treated wastewater effluent (6.5—8.5 and 6.8—7.7, respectively) and is considerably
below the high-end of greywater (pH = 9). In the recovery of struvite and KMP from fresh urine,

the deprotonation of H.PO,4~ (predominant species below pH of 7.2) to PO4>- increases AGsep, and

partially nullifies the benefits of the high [TOP]. Therefore, E, . is not substantially lower than

other waste streams at higher pH (Table A.6). The impact of pH on E,__ is further illustrated by

n

Figure 2.4, which shows E, = of struvite recovery from greywater at pH = 5.0 and 9.0. E, . at pH

= 9.0 is markedly depressed (-33.2%) relative to pH of 5.0. As the dominant forms of phosphate
at pH = 5.0 and 9.0 are H,PO4 and HPO4?", respectively, less energy is required for the conversion
to PO4* with the more basic feed stream. This trend is observed for struvite and KMP across the
different waste streams (Table A.6) and also corroborated by experimental observations that the

two minerals precipitate more readily in higher pH solutions.'*® In contrast, the effect of pH on

E_. is negligible for KH,PO4 and NHsH,PO4, where P is present as H,PO4~ (Table A.6).

min

The most thermodynamically favorable products for P recovery are KH2POus) and
NHsH2POu), followed by NHsMgPO4-6H,0¢ and KMgPOs-6H.0(), with E,_. primarily

affected by the phosphate identity (H.PO4~ or PO4*") and feed concentrations of product co-species
(specifically Mg?*). The acid dissociation constants of phosphoric acid are 2.2, 7.2, and 12.4. For
the waste streams investigated here, the typical pH ranges between 5 and 9.2. Hence, the
predominant phosphate species are H,PO4~ or HPO4*". Because the conversion of the predominant
phosphate species to H,PO4™ (no reaction or protonation of one H*) needed to form KH2POas) and
NH4H,PO4s) requires less energy than the conversion to PO4%~ (deprotonation of one or two H*),
E,

n

is larger for struvite and KMP. Furthermore, the formation of struvite and KMP require Mg?*
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in additional to NH4* and K*, respectively. The separation of Mg?* from waste streams with low
[Mg?] adds to the energy cost, hence, contributing to the greater E,_. for NHsMgPQa4-6H20¢ and

KMgPO4:6H20s).

For nutrient recovery from waste streams, it is advantageous to minimize energy

requirements, thus a low E,__ is desirable. The main factors influencing the molar minimum

energy for nutrient recovery are: nutrient concentrations in the feed, waste stream pH, and co-

species in the product. To minimize E_. , waste streams and products can be strategically targeted.

min 1
Hydrolyzed urine and fresh urine, which contain the highest concentrations of TAN and TOP,
respectively, are almost always the most optimal streams for TAN and TOP recovery. However,
depending on the product, certain waste streams may be better suited because of the more favorable

pH and co-species concentration. Therefore, the selection of product should be informed by the

pH, availability of nutrients, and co-species in the specific waste stream.

Impact of Nutrient Recovery Yields on Minimum Energy of Recovery. Previous

analysis modeled E__ for capturing various products from different waste streams at Y = 0.

However, actual nutrient recovery will have nonzero recovery yields. Figure 2.5 shows E, . of

select ammonia products of 1.0 M NHsz aqueous solution and NHsgy (open and filled symbols,
respectively) from two waste streams of secondary wastewater effluent and hydrolyzed urine (blue
square and orange circle symbols, respectively) as a function of NH3z recovery yield. As discussed
previously, at Y = 0, i.e., infinitesimally small NHz recovery, the pH and TAN speciation in the
feed and retentate are essentially equal. However, at higher recovery vyields, the pH and TAN

speciation in the retentate stream differ significantly from the feed stream. Therefore, to calculate

E . forY >0, the speciation of TAN (i.e., fraction of TAN as NHs(q) and NH4*, denoted by Opp,
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and «,, ., respectively) in both the feed and retentate stream must be considered in conjunction

with the TAN material balance (i.e., Xy eNg + Xran rxn Nrxn = Xrane Np + Xranr N )-
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Figure 2.5. Molar minimum energy, E,.,,, to recover NHzas products of liquid ammonia, NHz(y, or 1.0

M NHsq) aqueous solution (filled and open symbols, respectively) from secondary wastewater effluent
and hydrolyzed urine (blue square and orange circle symbols, respectively) as a function of recovery
yield, Y (0, 0.005, 0.2, 0.5, 0.8, and 1). The mid-range TAN and pH of 2° WW effluent and hydrolyzed

urine were utilized for this analysis.

For scenarios with secondary wastewater effluent (blue square symbols), the feed stream

pH << pKa, which results in nearly complete predominance of NH4"™ over NHz(ag) (i.€., Ay, ~1

and ay,, ~0). Because removing basic NHs leaves the remaining solution more acidic, pH of the

retentate stream is always lower than the feed stream pH. Therefore, TAN speciation in the feed

and retentate streams for 2° WW effluent are essentially equal, withe .. = .. = 1 and

NH,
U, r = Oy, p = 0. Increasing Y results in a slight increase in E,.. for both NHsgand 1.0 M
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NHsq) recovery. This trend is consistent with Figure 2.2, which also simulated waste streams with

NH4" as the predominant form of TAN. Importantly, E . only marginally increases (< 4%)

min

between Y = 0 and 1. Thus, actual nutrient recovery applications can take advantage of this by

striving for higher yields without significantly raising the theoretical energy requirement.

For hydrolyzed urine (orange circle symbols in Figure 2.5), the feed pH is near the pKa of

ammonium, such that «,, #0. Thusat'Y >0, TAN speciation in the feed and retentate streams

differ significantly, i.e., ay, x # o and « # a,, ... An in-depth discussion of

NH," R
methodology to account for this differing speciation can be found in Appendix A. In contrast to 2°

WW effluent, the trends for E,_. of NHsgand 1.0 M NHagg) recovery from hydrolyzed urine are

n
not monotonic, but instead exhibit L-shaped rebounds with initial sharp decreases and followed by
gradual increases. This signifies that reclaiming the first molecule of NH3 from hydrolyzed urine
requires, in theory, more energy than the next molecules until a certain amount of ammonia is

recovered and, thereafter, capturing every additional NH3 molecule requires more energy than the

last. In contrast to secondary wastewater effluent, E_ of hydrolyzed urine changes significantly

as a function of recovery yield. The distinction between E,_. trends of the two waste streams is

due to the disparate speciation of TAN in the retentates. For 2° WW effluent scenarios, « . . .

and ay,, r are effectively independent of Y and, therefore, the concentration of both NH4™ and

NHaag) in the retentate consistently decrease with higher yields. However, for hydrolyzed urine

scenarios, pH of the retentate significantly declines at higher yields and, thus, «_, . . increases

and a,,, r decreases (see Tables A.8 and A.9 for pH and speciation in the feed and retentate at

different Y, for products of NHz(1) and 1.0 M NHs(ag), respectively). Because the magnitude of the
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Gibbs free energy of formation for NH4* is much greater than NH3(g) (—=79.3 and —26.6 kJ/mol,

respectively), NH4" is the thermodynamically preferred form of TAN in solution. This results in

competing factors affecting E,. : TAN in the retentate decreases with increasing yield, which

drives E,_ toincrease, but this is countered by the reductionin E, . asthe fraction of TAN present

as NH." in the retentate increases with increasing yield. At low Y, the latter factor is more

dominant, thus explaining the initial dip in E,_,, . With greater Y, retentate pH drops and NH4*

becomes increasingly predominant over NHsag). Beyond a certain point, the former factor

dominates and E,__ increases. Further quantitative analysis and a more detailed discussion can be

n

found in Appendix A.

Nitrate and Urea are Other Forms of Nitrogen Suitable for Recovery. In addition to
ammoniacal products of NHz(), NH3(g), and NH4SO4s), N can be recovered in other forms, such
as nitrate, NOs~, and urea, CO(NH>),.1%8 110 Nitrate is present in greywater, domestic wastewater,
and secondary wastewater effluent (but is only present in negligible amounts in fresh or hydrolyzed
urine), whereas urea is excreted in fresh urine (upon storage, the compound hydrolyzes into TAN
and bicarbonate and, thus, urea is not present in significant quantities in the other waste streams).
Figure 2.6 shows the range of molar minimum energies to reclaim aqueous and solid products
containing NO3z™ from 2° WW effluent, as well as aqueous and solid urea from fresh urine. Based
on complied literature data, nitrate concentration in secondary wastewater effluent spans from
0.0714-1.42 mM and urea concentration range in fresh urine is 126—265 mM (252—-530 mM-N).&
997 To calculate E, . for 1.0 M KNO3gg), 1.0 M NHsNO3(ag), KNO3(s), and NH4NO3(s) recovery
from 2° WW effluent, egns (A.13), (A.14), (A.15), and (A.16) were used, respectively; to calculate

E,., torecover 1.0 M CO(NH2)2@q and CO(NH2)2) from fresh urine, egns (A.17) and (A.18)
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were utilized, respectively. Note that, for every mole of product, CO(NH2). and NH4NO3 contain

2 moles of N, whereas KNO3z has only 1 mole of N.
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Figure 2.6. Molar minimum energy, E, . , to recover different N products from waste streams of

secondary wastewater effluent and fresh urine. Products recovered from 2° WW effluent are 1.0 M
KNO3(g), 1.0 M NH4NO3(q), KNO3z(s), and NHiNOs3(), whereas products reclaimed from fresh urine are

1.0 M aqueous urea solution, CO(NH2)2@q), and solid urea, CO(NH>),(). Patterned and shaded columns

denote aqueous and solid products, respectively. Floating columns indicate the E_;, ranges that

correspond to the typical span of nutrient content, product co-species concentrations, and pH reported
for the waste streams. The recovery yield is 0 for all products, i.e., an infinitesimally minute amount of

nutrient is recovered from the waste stream.

The recovery of urea products from fresh urine is less energy demanding than the recovery
of nitrate products from secondary wastewater effluent. This is attributed to urea being over 100-

fold more concentrated in fresh urine than nitrate and the product co-species (NHs" and K*) are in

2° WW effluent. As discussed previously, E_. is lower when capturing products from a more

min

concentrated waste stream. For the aqueous products, E, . is lowest for CO(NH2)2(aq followed by

n

NHsNO3(aq), then KNOzg). For solid products, NH4NOsz(s) recovery from secondary wastewater

effluent has the highest E,_. . This is because the Gibbs free energy required to form solid NH4NOs
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from the initial species of aqueous NH4* and NO3™ in the feed is greater than for CO(NH.)2¢) and
KNOs3s) (Table A.10). Generally, the recovery of 1.0 M aqueous products are thermodynamically
more favorable than pure solids. This can be intuitively understood: producing solids requires the
separation of all the water from the minerals, whereas less water needs to be removed to yield
aqueous solutions. Furthermore, ordering free ions in agueous solution into a solid crystal lattice

incurs an additional entropic energy penalty, which further raises E, . . However, there can be

exceptions to the rule. Specific scenarios of pH-dependent speciation in the feed and Gibbs free

energy of formation of the solid product can yield opposite trends. An example of such a deviation

is the higher E_. for the recovery of 1.0 M NHsg) than for NH4SOu) (Figure 2.3).

The E,_ values to reclaim aqueous nitrate products, 1.0 M KNOsug and 1.0 M

NHsNOz(q), from 2° WW effluent are less than 1.0 M NHsq) recovery from hydrolyzed urine,

which is the lowest E_. for aqueous TAN recovery in Figure 2.3. E . values to recover solid

nitrate products, KNOs( and NHsNOs), from 2° WW effluent are also comparable to or lower
than recovery of TAN product (NH4)2SO4s) from all waste streams other than fresh and hydrolyzed
urine. These comparisons suggest that, in principle, recovering nitrate from 2° WW effluent may
be an equally or more favorable alternative to TAN recovery. However, the Gibbs free energy to
reduce nitrate to the bio-preferred form of N—ammonia, NHs—is 591 kJ/mol.® The additional
energy requirement to reduce the oxidation state of N from +5 to -3 (8 electrons) is an order of

magnitude higher than E_;, for TAN recovery. The better suitability of NH3 as a fertilizer and the

huge energy cost to convert nitrate to ammonia, thus, indicate that targeting TAN over NO3z™ would

be more prudent for nutrient recovery. E, . values to capture urea as aqueous and solid products

from fresh urine are significantly lower than the different TAN product and waste stream pairing
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examined here. Specific pros and cons of different nitrogen fertilizers aside,*?°? the theoretically
less energy-intensive path provides impetus to pursue the realization of urea recovery from fresh

urine.

Presence of Other Species in Wastewater Matrix Marginally Increases Energy
Demand for Nutrient Recovery. Analyses presented earlier consider the feed streams as
simplified solutions containing only species required for the product (i.e., nutrients and co-
species), in addition to H,O, OH", and H*. However, actual waste streams are complex water
matrices with many other solutes, including different ions and neutral compounds. Na* and CI™ are
two prominent ionic species universally present in all the examined waste streams (e.g., NaCl
concentrations in secondary wastewater effluent and hydrolyzed urine are 1.41—17.4 and 64.9-119
.

mM, respectively). The purity of the product and the presence of undesired species, such as Na

and CI, are important metrics for fertilizer products. To quantify the influence of species passive

to the nutrient recoveries, such as NaCl, E, . values are evaluated for the capture of NH3q) and 1.0

M NHjsg) from secondary wastewater effluent and hydrolyzed urine using egns (A.6) and (A.7)
(with 0 mM NacCl) and egns (A.19) and (A.20) (with 9.40 and 88.9 mM NaCl in the feeds,
respectively). Note that the recovered products do not contain the passive species NaCl. In this
analysis, mid-range TAN content, NaCl concentration, and pH of the waste streams were utilized.

Detailed results are presented in Table A.11 in Appendix A.

The inclusion of passive species in the determination of E,_, results in only miniscule
added energy requirements of 0.10—1.89% across the investigated scenarios. When NacCl in the
waste stream is considered, E, is marginally higher due to the additional energy to separate TAN

from Na* and CI, in addition to H.O. However, because NaCl is present at substantially lower
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concentrations compared to H20O at =55 mol/L (i.e., the waste streams are >99% water, even for
the most saline feeds), this increase is minimal. Therefore, the ubiquitous presence of passive
species in the waste streams has a negligible impact on the theoretical energy to recover N and P

nutrients.

Energy Intensity of N and P Recovery from Waste Streams can be Competitive with
Conventional Nutrient Production. The energy demand discussed so far is the theoretical

minimum, but in practical nutrient recovery processes, the actual energy required to capture N and

P will be higher than E,, due to inevitable inefficiencies of the recovery techniques. This analysis

examines the practical molar energy of recovery, E___, defined as the energy required to recover

prac ?

a mole of nutrient using a putative practical process with an assumed efficiency of 7, i.e.,

E =E

prac min

/n . Figures 2.7A and B present E___ as a function of 7 for harvesting TAN and TOP

prac

products, respectively, from different waste streams. For each nutrient, two products E_. were

selected to illustrate a range of energy demand, namely pure liquid ammonia and 1.0 M aqueous
ammonia solution for N and solid precipitates of potassium magnesium phosphate and potassium
phosphate for P. For the waste streams, a centralized source of secondary wastewater effluent and

a decentralized source of either hydrolyzed urine or diverted fresh urine for N and P, respectively,
were selected for quantitative comparisons. Mid-range E, . values from Figure 2.3 were used and
recovery yield Y — 0, i.e., an infinitesimally small amount of nutrient is reclaimed from the waste
stream. The ranges of energy costs for conventional linear economy approaches to nutrient

production, i.e., Haber-Bosch for N-fixation*® and mining and beneficiation for phosphate,? 23

are also depicted as shaded green regions.
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Figure 2.7. Practical molar energy, E, .. as a function of efficiency, r, for an actual process to recover

prac

A) TAN from hydrolyzed urine and secondary wastewater effluent as 1.0 M NHaz(q and NHzgy and B)
TOP from fresh urine and secondary wastewater effluent as KMgPO4-6H20) and KH2PO44). Mid-

range E,;, values were used and Y — 0, i.e., an infinitesimally small amount of nutrient is recovered
from the waste stream, for all scenarios. Note that Eprac at n = 100% is equivalent to E . . For

comparison, the range of energy costs required for N-fixation by the Haber-Bosch process (448-973
kJ/mol-N)*® and phosphate rock mining and beneficiation (89—185 kJ/mol-P) 123 are shown as shaded

green areas in A and B, respectively.
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The high energy intensity of nitrogen fixation by the Haber-Bosch process and the
relatively low E_. signify that TAN recovery from the different waste streams can be competitive

across a large range of process efficiencies (lines below green shaded region of Figure 2.7A).
Harvesting TAN as 1.0 M NHaz(q) from hydrolyzed urine requires 7 as low as ~7% (dashed orange
line, Figure 2.7A). Even the more energy demanding recovery of NHsg from secondary
wastewater effluent can be competitive with separation techniques of efficiencies >25% (solid blue
line). As comparisons, the energy efficiencies of reverse osmosis desalination and liquid-liquid

extraction are around 25% (for 10-fold concentration, approximately equivalent to recovery yield

of 0.9).12* We note that the E,,, values utilized for this analysis are for Y — 0. Even for practical

n

recovery yields >> 0, the elevation of E_. is only marginal at most, as previously discussed

(Figures 2.2 and 2.5), and, hence, the increase in required energy efficiencies of the actual

processes are expected to be modest.

In contrast, the substantially lower energy cost of conventional P production significantly
constrains the energy efficiencies for recovery techniques to be competitive. KH2PO4s) recovery
from fresh urine and 2° WW effluent need 7 greater than 39% and 59%, respectively, to have
lower energy requirements than current phosphate mining and beneficiation (dashed orange and
blue lines, Figure 2.7B). However, for KMgPO4-6H.O) recovery, the energy requirement can, at
best, be comparable with the conventional approach for P production, even with highly efficiency
methods of 77> 60% (solid orange and blue lines). Therefore, the strategic selection of waste stream
and nutrient product are imperative to maximize the chances of success for competitive phosphate

recovery.
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2.4 Implications

A circular economy espouses cyclical material flows.*?® The approach, hence, promotes the
recovery of nutrients from discard streams for reuse, to lower industrial N production and P mining
from the current unsustainable levels, and concomitantly protect aquatic environments from
harmful N and P emissions. To realize viable implementation, the methods for nutrient recovery
from waste streams must be competitive with existing practices across key metrics, including
energy requirements. This study analyzed the thermodynamics of the separations to identify the
minimum energy requirements for various nutrient recovery schemes employing different waste
streams as the feed, targeting diverse fertilizer products, and achieving a range of recovery yields.
The analysis quantified lower theoretical energy intensities of N and P recovery from nutrient-rich
sources, such as diverted fresh and hydrolyzed urine, and indicates that waste stream pH and
speciation of components are important factors affecting the separation that need to be considered
in the product selection and design of actual nutrient recovery processes. The analytical approach
for thermodynamic evaluation presented here can inform the strategic selection of waste stream,
fertilizer product, and recovery yield, to enhance the competitiveness of nutrient recovery on the
energy-intensity metric. The results and/or approach for determination of energetic constraints can
be employed in nutrient recovery life-cycle assessments, which consider other constraints, such as

capital and infrastructure costs and practical constraints.

The study also sheds light on the potential practical energy requirements of actual nutrient
recovery using technologies with various efficiencies. Importantly, the separation processes need
to operate above certain efficiencies for energy demand of N and P recovery to be lower than the
conventional linear economy production methods, i.e., Haber-Bosch for N fixation and phosphate

rock mining. For instance, ammoniacal nitrogen recovery from hydrolyzed urine, generally the
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least energy-intense TAN reclamation among the scenarios investigated here, only requires
efficiency >7%. The use of urine as the feed source has additional benefits of reduced pathogen
and heavy metal concentrations compared to other waste streams.** 126 127 Further, urine contains
approximately 80% and 50% of the N and P in human excretions, respectively.** 2" Thus, N and
P recovery from urine can enable significant reductions in nutrient loading to WWTPs and,
ultimately, aquatic environments. Compared to nitrogen recycling, phosphorous reuse is more
challenging. Because concentrations in the waste streams are inherently lower and typical fertilizer
products are pure solid minerals, the theoretical minimum energy of phosphate recovery is
significantly greater. The relatively smaller energy cost of current P mining practices further
compounds to the difficulty of the task, necessitating recovery processes to have higher
efficiencies in order to be competitive. Technologies with energy efficiencies >39% are needed
even for the least demanding orthophosphate separation and capture from fresh urine. However,
with phosphate reserves unceasingly depleting and high-grade ores rapidly exhausted, energy
expenditures for mining are expected to surge.'® 2 Furthermore, nutrient recovery has the
additional benefit of environmental protection. Therefore, P recovery from waste streams will
likely become increasingly attractive compared to the conventional linear economy approach.
Nevertheless, the development of more energy efficient technologies will enhance the accessibility

of nutrient recovery from waste streams.

To put in perspective the benefits of a circular economy approach for nutrient management
over the existing linear economy model, we performed a first-order estimation of the potential
energy savings achievable through supplementing current fertilizer production with nutrient
recovery from waste streams. In 2017, the International Fertilizer Association estimated global

nutrient demands of 7,930 x10° mol-N and 148 x10° mol-P.1?® Given the respective concentrations
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of N and P in hydrolyzed and fresh urine, the world population of 7.6 billion in 2017,%%° and 1-2
L/d of urine produced per person, around 748—3,208 x10° mol-N and 54—267 x10° mol-P were
excreted in urine annually. Therefore, in principle, 9-40% and 36—180% of the N and P fertilizer
markets, respectively, could be supplemented by TAN and TOP reclaimed from urine. The
recovery of half of the available TAN in hydrolyzed urine as 1.0 M NHaq) using techniques
achieving 50% efficiency can notionally reduce the global energy demand for industrial N
production by 4.6—20.0%. Similarly, using recovery technologies that are 50% efficient to capture
half of the TOP in fresh urine as KH2PO4s) can presumably reduce the energy required to produce
P fertilizer by 4.0—15.9%. The sizable energy savings and significant environmental benefits of
capturing N and P from waste streams, particularly urine, for reuse provide compelling justification

for the broad implementation of nutrient recovery.
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Chapter 3: Donnan Dialysis for Phosphate Recovery from Diverted

Urine
Chapter Abstract

There is a critical need to shift from existing linear phosphorous management practices to a more
sustainable circular P economy. Closing the nutrient loop can reduce our reliance on phosphate
mining, which has well-documented environmental impacts, while simultaneously alleviating P
pollution of aquatic environments from wastewater discharges that are not completely treated. The
high orthophosphate, HxPO4® ", content in source-separated urine offers propitious opportunities
for P recovery. This study examines the use of Donnan dialysis (DD), an ion-exchange membrane-
based process, for the recovery of orthophosphates from fresh and hydrolyzed urine matrixes.
H.PO,~ transport against an orthophosphate concentration gradient was demonstrated and
orthophosphate recovery yields up to 93% were achieved. By adopting higher feed to receiver
volume ratios, DD enriched orthophosphate in the product stream as high as =2.5x the initial urine
feed concentration. However, flux, selectivity, and yield of orthophosphate recovery were
detrimentally impacted by the presence of SO4*" and CI™ in fresh urine, and the large amount of
HCOs™ rendered hydrolyzed urine practically unsuitable for P recovery using DD. The detrimental
effects of sulfate ions can be mitigated by utilizing a monovalent ion permselective membrane,
improving selectivity for H,PO4~ transport over SO4*~ by 3.1x relative to DD with a conventional
membrane; but the enhancement was at the expense of reduced orthophosphate flux. Critically,
widely available and low-cost/waste resources with sufficiently high CI™ content, such as seawater
and waste water softening regenerant rinse, can be employed to improve the economic viability of
orthophosphate recovery. This study shows the promising potential of DD for P recovery and

enrichment from source-separated urine.
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3.1 Introduction

For the reasons presented in Chapter 1, the biogeochemical flow of phosphate is flagged as
exceeding the safe operating space for humanity and poses high risks under the planetary
boundaries framework.?* The current approach for P management has clear shortcomings and a
new paradigm that is more sustainable is urgently needed.****® Orthophosphate, HxPO4® ™", can
be simultaneously removed and recovered from anthropogenic wastewaters within a circular
economy model, specifically, phosphorous is captured from wastewater and recycled back into the
food chain.®® ™ Closing the nutrient loop can ease the demand for phosphate mining to
strengthen food security and alleviate P pollution of aquatic environments, thereby representing a

transformative evolution to a more sustainable approach for phosphorous management.

As presented in Chapter 2, the theoretical minimum energy for P recovery, governed by
thermodynamic principles, is substantially lower for the feed of source-separated urine (i.e., the
liquid is diverted away from black water and isolated) compared with other wastewaters.3* For
instance, recovery of orthophosphate from urine is ~13—34% less energy-intensive than treated
wastewater effluent.!3* This is because urine is rich in P (total orthophosphate, TOP = 19—-48x10~2
mol/L),* 89929 whereas treated wastewater effluent is over 1-2 orders of magnitude more dilute.
There has been considerable efforts to study the recovery of orthophosphates from urine and
significant strides have been made, with the primary approach being mineral precipitation of slow-
release fertilizers, such as struvite and magnesium potassium phosphate, 57 68 72, 89, 90, 114, 115, 135
However, the technique has potential risks for contamination by pharmaceuticals, endocrine
disrupting compounds, and pathogens.**14! Alternatively, sorbents, e.g., metal (oxy)hydroxide,>*

5 can be used to separate orthophosphate from other constituents in urine. But sorbent regeneration
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is chemically costly and the technique is further disadvantaged by the unavoidable generation of

waste brines that cannot be easily disposed.>®

lon exchange membrane (IEM) processes offer viable options for orthophosphate
separation from urine without being encumbered by the above limitations. Donnan dialysis (DD)
using IEMs has demonstrated promising potential for orthophosphate separation from other
wastewaters besides urine, achieving high recovery yields (up to 98.4%).%42144 However, the
previous studies examined orthophosphate recovery from solutions containing only
orthophosphate anions, i.e., no other co-ions are included in the water chemistry.!4>1% Actual
waste streams, including urine, are complex water matrices with many anions, cations, and
uncharged species. In particular, the ionic composition of urine is uniquely different from, say,
raw sewage or treated secondary effluent, with significantly greater amounts of SO4>~, CI, and
HCOs". Based on the general understanding of Donnan equilibrium theory, the presence of other
anions in addition to orthophosphate is expected to have non-negligible and potentially detrimental
effects on the process. In a past DD study, the presence of co-ions was shown to have deleterious
impacts on arsenate removal from groundwater, 4 underscoring the need to better understand these

effects to enable P recovery from urine using DD.

In this study, the performance of Donnan dialysis to drive the separation and recovery of
orthophosphate from diverted human urine is assessed. First, the working principles of anion
exchange membranes and Donnan dialysis are introduced. The exchange of H,PO4~ and Cl- across
an anion-exchange membrane is then examined with DD experiments driven by the ion
concentration gradients between an orthophosphate feed solution and a receiver solution of high
chloride content. Next, the impact of receiver solution chloride concentration on P recovery is

analyzed using simulated streams of brackish water, seawater, and desalination brine. The
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capability of DD to enrich orthophosphate in the receiver solution above the initial urine feed
concentration is evaluated by adopting higher feed to receiver volume ratios. Then, the influence
of other anions in urine on orthophosphate flux and recovery yield is studied, specifically, SO4*
and CI~ in fresh urine, and SO4>~, CI-, and HCOs" in hydrolyzed urine. Enhancements in selectivity
for orthophosphate transport over other anions using a monovalent ion permselective membrane
are assessed and the potential of DD to harvest fertilizer products of aqueous orthophosphate
solutions is investigated. Finally, implications of Donnan dialysis for P separation and recovery

from urine are discussed.
3.2 Working Principles of Donnan Dialysis

lon Exchange in Donnan Dialysis. In Donnan dialysis, DD, flux of driver ions down a
concentration gradient, across an ion-exchange membrane (IEM), sets up an electrochemical
potential to drive the transport of target ions in the opposite direction.46-148 |IEMs are polymeric
thin-films with a high density of charged functional groups to allow the selective permeation of
oppositely-charged counterions, while retaining like-charged co-ions (cation and anion exchange
membranes, CEMs and AEMs, are selective for cation and anion transport, respectively), 4 1%
The IEM separates the feed solution (FS) and receiver solution (RS). Driver counterions permeate
from the higher concentration RS to the lower concentration FS. Because co-ions are rejected by
the charge-selective membrane, target counterions in the FS migrate across the membrane in the
opposite direction, into the RS, to preserve electroneutrality.}4? 143 146 151158 | o © the
electrochemical potential gradient across the IEM drives the exchange of counterions between the
FS and RS in DD, with co-ions retained in the initial solutions.*® Note that the charge fluxes of

driver and target ions must be equal to maintain electroneutrality. Importantly, an adequately large
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driver ion concentration difference across the membrane can enable migration of target ions

against a concentration gradient, to achieve “uphill” transport.14®

In DD recovery of orthophosphates, HxPO4® ™", an AEM is employed to exchange
HxPO4®™" target ions from the FS with driver anions in the RS.1#21% Chloride is a suitable driver
ion because CI™ is present in high concentrations in low-cost or waste streams that are widely
available, such as brackish water, seawater, desalination brine, and waste effluent from water
softening regeneration. Critically, CI” concentrations in these streams are significantly higher than
in urine (>200%x1072 mol/L, compared to ~100x1073 mol/L), to establish a sufficiently large
electrochemical potential gradient across the AEM for uphill transport of HPO4,® ™", Therefore,
this study will investigate DD recovery of orthophosphates using chloride as the RS driver
counterion. Figure 3.1 depicts the DD separation of orthophosphates from other constituents in
urine feed solution and capture in the chloride-rich receiver solution: HPO,®™" in the FS
exchanges with CI™ in the RS across the AEM, while cations, M*, are rejected by the charge-
selective membrane. Note that one HxPO4® ™~ ion exchanges with (3—x) CI~ ion(s) to maintain

electroneutrality and that the ions moving across the membrane are hydrated.
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Figure 3.1. Schematic depicting Donnan dialysis recovery of orthophosphates. Exchange of counterions

(anions) across an anion exchange membrane (AEM) is driven by an electrochemical potential gradient
across the membrane, while co-ions (cations, M*) are rejected by the charge-selective membrane and
retained in initial solutions. Driver ions, CI-, transport down a concentration gradient from the high
concentration RS to low concentration FS. The positively-charged AEM excludes M* cations.
Therefore, to maintain electroneutrality, target ions, HyPO43 ™", transport in the opposite direction, i.e.,
from FS to RS. The charge fluxes of driver and target ions must be equal to maintain electroneutrality,

i.e., H(PO4G ™ exchanges with (3—x) CI” ions.

Orthophosphate Recovery at Donnan Equilibrium. Target and driver counterions in the
FS and RS exchange until Donnan equilibrium is reached, i.e., electrochemical potential gradient
across the membrane = 0. For the system with HPO,® ™~ and CI as target and driver ions,
respectively, concentrations in the FS and RS at Donnan equilibrium are governed by

(3.Error! Reference source not found.), derivation is detailed in egs (B.1)—(B.4) of Appendix B:

(8-x)

[HXPO4(3_X)_:|FS,f _ [CI_:IFS,f
[HPOS | ([ ],

3.1)
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where subscripts FS and RS denote feed and receiver solutions, respectively, and f signifies final
equilibrium. Note that egn (3.1) assumes perfect cation rejection and negligible water transport

across the AEM.

To determine final target and driver ion concentrations at Donnan equilibrium using known
initial concentrations, the principles of electroneutrality and material balances can be applied and
are represented by eqns (B.5-B.8) of Appendix B. For equivalent FS and RS volumes (i.e., Vrs =
VRs), HxPO4C ™" as the sole initial anion in the FS, and CI as the sole initial anion in the RS, eqn
(3.Error! Reference source not found.) describes the relationship between initial concentrations

and final concentrations at Donnan equilibrium:

(8-x)

. [Cr]Rs,o _(B_X)[profs;x)f:l (32)

[H,PO,&™ ] —[H,POS™ ] (3-x)[H,PO, "]
[HXP(54(3’X)’] o

RS f RS,f

[HxPOs® ™ ]rss can be determined using initial concentrations [HxPO4® ™ ]rso and
[CI"]rs0. The moles of orthophosphate recovered is the product of concentration and volume of
the final RS solution, [HxPO4® ™ JrsVrs. Eqns (B.9)-(B.17) of Appendix B are the Donnan
equilibrium expressions for systems with different initial conditions, specifically multiple anions

in the FS (HxPO4®™", SO42", and CI") and non-equivolume scenarios (Ves # Vrs).
3.3 Materials and Methods

Materials and Chemicals. Commercial anion exchange membranes of Selemion AMV and
Selemion ASVN, a monovalent ion-selective AEM, were procured from Asahi Glass Co. (Japan);
membrane specifications provided in Table B5 of Appendix B. Four DD cells with different
chamber volumes were fabricated using Mars Pro MSLA 3D Printer acquired from Elegoo

(China). The feed and receiver chamber volumes, respectively, are: 20 and 20 mL; 40 and 20 mL,;
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80 and 20 mL; and 40 and 40 mL, for feed to receiver solution volume ratios of 1:1, 2:1, 4:1, and
2:2, respectively. The effective membrane areas in all cells are 9.0 cm? NayHPO4-7H20,
NasPO4-12H,0, NaCl, MgCl2-6H20, MgSO4-7H>0, and NH4Cl salts were obtained from Alfa
Aesar (Ward Hill, MA). KCI salt, 85% H3PO4 solution, and 2.5 M H>SO4 were acquired from Lab
Chem (Zelienople, PA), Fisher Scientific (Waltham, MA), and Titripur (St. Louis, MO),
respectively. All chemicals are ACS grade and were used as received. All solutions were prepared
using deionized (DI) water from a Milli-Q ultrapure water purification system (Millipore Co.,

Burlington, MA).

Orthophosphate and Chloride Exchange in Donnan Dialysis. To demonstrate the
exchange of HPO4 in a feed solution, FS, with CI™ in a receiver solution, RS, DD experiments
were conducted with 30x1072 mol/L H2PO4 initial FS (16.5%10°° mol/L Na;HPO4-7H.0 and
13.5x10~3 mol/L HsPO4; pH = 6.0) and 600x10~3 mol/L CI~ (as NaCl) initial RS. The 20:20 mL
cell was utilized. H.PO4~ concentrations in the FS and RS and CI™ concentrations in the RS were
measured at 1.0 h intervals for 6.0 h. 175 uL samples were collected from each solution and the
anion concentrations were analyzed using ion chromatography, IC (Dionex Aquion, Thermo

Fisher Scientific, Waltham, MA).

Characterization of Orthophosphate Recovery at Donnan Equilibrium.
Orthophosphate, sulfate, and bicarbonate transport from FS to RS and chloride transport from RS
to FS were evaluated in different DD operations. Three FS were utilized in orthophosphate
recovery experiments: i. feed solution with the total orthophosphate, TOP, concentration and pH
of fresh urine,** 8 92.9 hyt without other anions (16.5x107° mol/L NazHPO4-7H20 and 13.5x1073
mol/L H3PO4; pH = 6.0), ii. simulated fresh urine with the TOP, sulfate, and chloride

concentrations, and pH of actual fresh urine®* 8 92.% (24x107° mol/L NazHPO4-7H20, 6x1073
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mol/L NasPOs-12H,0, 100x10~3 mol/L NaCl, and 16x10°3 mol/L HzSO,), and iii. simulated
hydrolyzed urine with the TOP, sulfate, chloride, and bicarbonate concentrations, and pH of actual
hydrolyzed urine®® % (30x1073 mol/L Na;HPO4-7H,0, 100x10~3 mol/L NaCl, 144x10~* mol/L
Na2COs, and 106x10-2mol/L NaHCOs), as presented in Table 3.1. Note that hydrolyzed urine is
formed when urea, CO(NH>),, in urine hydrolyses to form ammoniacal nitrogen and bicarbonate,
which in turn increases the pH from ~6.0 to =9.2.8% % Three receiver solutions with NaCl
concentrations of 200x10~% mol/L, 600x10~3 mol/L, and 1,000x10°3 mol/L were utilized to
simulate brackish water, seawater, and seawater desalination brine, respectively. DD cells with
feed chamber volumes of 20, 40, and 80 mL were employed for orthophosphate recovery
experiments with different feed to receiver solution volume ratios. In summary, FS anion
composition and RS CI™ concentration were the parameters assessed in different FS to RS volume
ratios. Unless stated otherwise, AMV membranes were used in the experiments. Pressure and

temperature were at ambient conditions in all experiments.

Table 3.1. Anion compositions and pHs of feed solution containing only orthophosphate, simulated
fresh urine, and simulated hydrolyzed urine.

Simulated Feed lon Concentration (x10~° mol/L) H
Solution [HxPOLC ] [SO4] [CI] [HCcos] P
TOP-only 30 0 0 0 6.0

Fresh urine 30 16 100 0 6.0

Hydrolyzed urine 30 16 100 250 9.2

Total orthophosphate, sulfate, and bicarbonate concentrations in the FS and RS, and
chloride concentration in the FS were sampled and analyzed using ion chromatography. The
measurement intervals were 12, 24, or 48 h for experiments with FS to RS volume ratios of 1, 2,
and 4, respectively, with longer time allotted for experiments with higher ratios to approach
equilibrium. The experiments were considered to have effectively equilibrated when the moles of

exchanged orthophosphate ions remained consistent over three consecutive measurements (< 5%
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change). Note that the sampling times are relatively long because the solution volumes are large
compared to the effective membrane area. Additionally, the equilibration is asymptotic and, hence,
the ions exchange rates slow significantly as the process approaches equilibrium. Water transport
was assessed by measuring feed and receiver solution volumes at the end of each experiment.
Recovery yield, Y, is defined as the moles of TOP in the final RS normalized by the moles in the

initial FS.

Evaluation of Anion Transport Kinetics. Anion fluxes from FS to RS were examined in
DD kinetic experiments, i.e., final Donnan equilibriums were not reached in the tests. Fluxes were
determined from the rate of change of anion concentrations in the RS over 2.0 and 8.0 h for the
AMYV and ASVN membranes, respectively (the ASVN experiments required more time because
anion fluxes are relatively lower). Water transport across the AEMs during the kinetic experiments
was not observed and deemed to be practically negligible. The change in moles of anion in the RS
over time normalized by the membrane area yields flux, Ji. Flux selectivity, Ji/Jr, is defined as Ji

normalized by the sum of all anion fluxes from feed to receiver solution.

Anion fluxes and flux selectivities were assessed for the AMV membrane using 600x103
mol/L NaCl RS with the three FS of TOP-only solution, simulated fresh urine, and simulated
hydrolyzed urine. Ji and Ji/Jr were determined for the ASVN membrane using simulated fresh and
hydrolyzed urine as FS and RS of 600x10~3 mol/L NaCl. To demonstrate the potential of DD to
recover orthophosphate and yield aqueous products, experiments were conducted using the ASVN
membrane, simulated fresh urine as FS, and four different RS. The RS investigated are: i. 600x1073
mol/L NaCl, ii. 600x10~3 mol/L KCI to simulate aqueous potash fertilizer, iii. waste water
softening regenerant rinse, WWSRR (547 x10~3 mol/L KCI and 48x10~3mol/L MgClz-6H,0), iv.

and simulated diluted bittern, DB (252x10~% mol/L MgCl,-6H,0, 77x10~% mol/L KCI, 25x1073
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mol/L MgSO4-7H20, 26x10~3mol/L NaCl, and 8x10 2 mol/L NH4CI). Further information on the

composition of WSRW and DB can be found in Appendix B.
3.4 Results and Discussion

Chloride Driver lon Concentration Gradient Drives Transport of Orthophosphate Across
the Anion Exchange Membrane. Donnan dialysis experiments were conducted using an initial
FS of 30x10° mol/L H2PO4 and RS of 600x103 mol/L CI". Note that the FS simulates the pH
and [H2PO4 ] of fresh urine, with H.PO4~ being the predominant form of orthophosphate species
at pH =6.0. The RS replicates [CI] in seawater. Figure 3.2 shows [H2PO4 ] in the feed and receiver
solutions, indicated by subscripts FS and RS, respectively (solid blue square and open blue circle
symbols), and [CI] in the FS (open gray square symbols) as a function of time during DD
operation. Because of the large driver ion concentration difference across the membrane, i.e.,
[CI ]rs0—[Cl Jrs0, CI™ permeates from the RS to the lower concentration FS. Na* cations are
rejected by the AEM; thus, to maintain electroneutrality, one H.PO4 ion from the FS exchanges
with one CI™ ion from the RS, as demonstrated by nearly equal [H2PO4 ]rs and [CI ]es throughout
the DD experiment (<1.5x107° mol/L difference). Further, [H2PO4 Jrs decreases at the same rate
as [H2PO4 Jrs increases, specifically, [HoPO4 Jrs+[H2PO4 ]rs is within 5% of [H2POs Jrso. AS
more H2PO4 and CI™ ions are exchanged, the electrochemical potential gradient across the AEM
decreases. The reduced driving force lessens the rate of anion exchange, i.e., slopes of the
concentration profiles become less steep. Importantly, even after [H2PO4 ]rs exceeds [H2PO4 Jrs
(at =3 h), HoPO4~ continues to be transported from the feed to receiver solution, achieving uphill
transport of orthophosphates. Approximately 73% of H.PO4~ from the FS was recovered in the RS

after 6 h of DD operation in batch mode.
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Figure 3.2. Concentrations of H,PO,~ and CI~ in the FS (solid blue and open gray square symbols,
respectively) and H.PO,~ concentration in the RS (open blue circles) as a function of time during DD
orthophosphate recovery. Feed and receiver solution concentrations are denoted by subscripts FS and
RS, respectively. The initial feed and receiver solutions consist of 30x10~2 mol/L H,PO4 at pH = 6.0
(16.5%10 2 mol/L Na;HPO4-7H,0 and 13.5x10-mol/L HsPO4) and 600x10-2mol/L NaCl, respectively.

Both feed and receiver solution volumes are 20 mL and effective AMV membrane area is 9.0 cm?2.

Higher Receiver Solution Chloride Concentrations Increase Orthophosphate
Recovery. Donnan dialysis experiments were conducted using FS with 30x10~3 mol/L TOP, i.e.,
the HxPO4® ™" concentration in fresh urine where H,PO, is the predominant orthophosphate
species, and various initial [Cl ]rs to investigate the influence of chloride driver ion concentration
on orthophosphate recovery. Receiver solutions of 200, 600, and 1,000x10~3 mol/L NaCl were
utilized to simulate potential widely-available low-cost/waste streams of brackish water, seawater,
and seawater desalination brine, respectively. Figure 3.2A presents experimental [HxPOsC® ™ Jrs t
at the end of 72 h and predicted [HxPO4® ™ Jrs at Donnan equilibrium calculated using eqn (3.2)
(patterned and empty blue columns, respectively). Labels above these columns denote percentage
difference of experimental [HxPO4® ™ ]rs relative to the prediction at Donnan equilibrium.
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Theoretical orthophosphates captured in the receiver solution at Donnan equilibrium
increase with greater feed concentrations of driver chloride ions: predicted [HxPOsC ™ Jrs are
26.1, 28.6, and 29.1x10 2 mol/L for [Cl Jrs of 200, 600, and 1,000x10-2mol/L, respectively. The
FS is constant across all operations. Therefore, higher [Cl ]rso generates larger driver ion
concentration gradients, i.e., [ClI ]Jrs—[Cl ]rs, and results in increased driving forces for Cl-
permeation from the high concentration FS to the lower concentration RS. Correspondingly, there
is a greater exchange of HxPO4©® ™" ions to the RS, eqn (3.2). The DD experiments exhibited this
increasing trend of [HxPO4® ™ ]rs with larger [Cl Jrso (patterned blue columns of Figure 3.2A).
However, the observed [HxPO4® ™ ]rst were below the predicted values by ~8-15%, with the
improvements being less marked at greater [Cl ]rs 0, €.0., raising [Cl Jrs.o from 200 to 1,000 x103

mol/L increases [HxPO4® ™ ]rs¢ by 3.7%, lower than the theoretical enhancement of 11.3%.

[HxPO4® ™ Jrss for the three different [Cl Jrso are lower than theoretical final
concentrations due to dilution by simultaneous water transport from FS to RS and imperfect cation
exclusion by the AEM. The high concentration of NaCl in the RS generates an osmotic pressure
gradient that drives water permeation from FS to RS, i.e., osmosis. Additionally, electro-osmosis,
where water molecules are dragged along with the permeating charged ions, contributes to water
transport.1%2 1515 Electro-osmosis due to HxPO4® ™~ flux from FS to RS is opposite in direction
to water transport by CI™ flux (and Na* flux, explained next) from RS to FS. Net electro-osmosis
IS <10% of the measured water permeation; therefore, the contribution from the phenomenon is
relatively minor and osmosis is the primary driver of water transport. The RS volume increased by
5.3-21% at the end of the DD experiments performed here. Water flux dilutes the RS and
consequently lowers the TOP concentration. Additionally, co-ions are not completely rejected by

ion-exchange membranes.®*” 18 The Na* concentration gradient set up by the high [NaCl] in the

54



RS results in Na" permeation from RS to FS, i.e., co-ion (cation) leakage. To maintain
electroneutrality, every Na* ion that leaks across the AEM compels one Cl™ ion to permeate in the
same direction; therefore HoPO4™ and CI™ are transported at slightly below equimolar ratio and
[Cl Jrs i+ [HxPO4 ™ Jes s > [HxPO4® ™ Jrso. The cation leakage reduces CI™ ions in RS that are
available to exchange with HxPO4C ™" ions in the FS, thus detrimentally lowering [HxPOs® ™ Jrs.
Both water and co-ion leakage are not accounted for in egn (3.2) and cause the experimental
[HxPO4® ™ Jrs to deviate below the predicted Donnan equilibrium. Note that transport of CI-
from RS to FS and H2PO4~ from FS to RS were nearly identical during the 6 h of DD operation
presented in Figure 3.2; however, given the relatively longer duration of the phosphate recovery

experiments presented in Figure 3.3A (72 h), cumulative co-ion transport is more pronounced.
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Figure 3.3. A) [HxPO4C ™ ]rssand [Cl ]rs ¢ (patterned blue and gray columns, respectively) in DD with
different initial NaCl concentrations in the receiver solution. Predicted [HxPO4® ™ ]rss at Donnan
equilibrium, calculated using egn (3.2), are depicted by the empty blue columns. Labels above the
columns indicate the percentage of predicted [HxPO4® ™ ]rs+ experimentally captured in the RS. B)
Experimental and predicted orthophosphate recovery yields, Y, (patterned and empty green columns,
respectively) in DD with the different [Cl ]rso. The experimental Y were calculated from measured
[HxPO4* ™ rst and accounting for osmotic water flux the FS to the RS. Labels above the columns
signify the percent decrease of moles of HPO4® ™~ experimentally captured in the RS relative to
theoretical prediction, based on enq (3.Error! Reference source not found.). Initial feed solution
contains 30x10 3 mol/L H,PO4™ at pH = 6.0 (i.e., same composition as the FS of Figure 3.2). Receiver
solutions with initial concentrations of 200, 600, and 1,000x10~3mol/L NaCl to simulate brackish water,
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seawater, and seawater desalination brine, respectively, were investigated. In all operations Ves/Vrs is
1:1. Data points and error bars are means and standard deviations, respectively, of duplicate

experiments.

HxPO4C ™~ experimentally captured in the RS are 7.91%, 15.1%, and 14.6% lower than
predicted for [Cl]rso of 200, 600, and 1,000 x1073 mol/L, respectively. Deviations of the
experimental [HxPO4® ™ ]rs¢ from theoretical values, eqn (3.2), are larger with [Cl Jrs,0 of 600
and 1,000x102 mol/L compared to 200x10~3 mol/L. The greater deficits are due to both water
permeation from FS to RS and cation leakage from RS to FS being more prominent in operations
with higher [Cl]rs0. Osmotic pressure is essentially proportional to [NaCl] and are 9.91, 29.7,
and 49.6 bar for 200, 600, and 1,000x10~% mol/L NaCl, respectively. As a result of the greater
osmotic pressure difference between the RS and FS, increased water permeation is observed when
[Cl ]rs, is higher; net water fluxes are 1.93x1072, 6.37x10 2, and 7.10x10°2 L/m?h for initial RS
of 200, 600, and 1,000x10°° mol/L NaCl, respectively. Additionally, Na* leakage is more
exacerbated with conditions of higher initial RS [NaCl] due to increased Na* concentration
gradients.®" 1% Consequently, the undesired co-permeation of CI~ is elevated. In principle,
[CIJess (gray columns in Figure 3.3A) should be equivalent to [HxPO4® ™ ]rss because the
predominant form of orthophosphate in the FS is monovalent H>POs, and therefore
electroneutrality dictates a 1:1 exchange of CI™ and H2PO4 . However, experimentally, [Cl ]rss >
[HxPO4C ™ ]rs ¢ due to the Na* and CI~ leakage from RS to FS and water flux from FS to RS.
Furthermore, the divergences between [Cl Jess and [HxPO4® ¥ ]rsy are larger at higher [Cl ]rso
as co-ion leakage and osmosis, are more exacerbated. Although increasing [Cl ]rso resulted in
higher TOP concentrations recovered in the receiver solution, the greater deviations between
experimental and predicted DD performance also indicate that the inefficiencies of water and co-

ion leakage are more pronounced.
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Recovery yield, Y, is defined as the percentage of orthophosphate moles from the initial FS
that are recovered in the RS and is presented in Figure 3.3B, with patterned and empty green
columns denoting experimental and predicted Y, respectively. Experimental Y is calculated using
the product of TOP concentration and solution volume at the end of the test ([HxPO4® ™ rs Vrsy),
i.e., the effects of osmotic and electro-osmotic water transport are accounted for. Labels above the
columns are the differences between experimental and predicted Y. The experimental
orthophosphate recovery yields are very close to Ys predicted at Donnan equilibrium using egn
(3.2) (within 5%). The minor shortfalls in recovery yield are attributed to Na* leakage and CI~ co-
permeation. Despite the imperfect permselectivity of the AEM, experimental Ys are high and
exceed 90% for [Cl Jrs0 0of 600x102 and 1,000x10~2 mol/L. Even the lowest [Cl ]rs0 0f 2001073
mol/L produced Y of 83%. The high yields achieved signify that DD can be a promising technique
for orthophosphate recovery. Increasing [Cl Jrso improves Y, but with diminishing returns. For
example, raising [Cl Jrs,0 from 200x1073 to 600x102 mol/L increases experimental Y by 9.5%.
However, further increasing [Cl Jrso to 1,000x10°3 mol/L only marginally improved the
orthophosphate recovery yield by 1.4%; this trend is also predicted by the Donnan equilibrium
theory of egn (3.2). Subsequent phosphate recovery experiments will, thus, utilize [Cl Jrso =

600x10 3 mol/L.

Donnan Dialysis can Enrich Orthophosphate in the Receiver Solution. It is
advantageous to produce concentrated orthophosphate solutions to be utilized in downstream
applications as fertilizer. Orthophosphate can be enriched in the RS (i.e., [HxPOs® ™ ]rss >
[HxPO4® ™ Jrs0) by using a smaller RS volume relative to FS, based on the Donnan equilibrium
(egns (B.14)—(B.17) of Appendix B). DD experiments were conducted using different Ves/Vrs of

1, 2, and 4. The FS contains 30x10 2 mol/L of HxPO.® ™" and the RS has 600x102mol/L of CI".
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Figure 3.4 presents experimental [HxPO4° ™ Jrss as patterned blue columns, and predicted
[HxPO4® ™ Jrs are indicated by the blue dashed line (left vertical axis). Labels in the columns
denote enrichment factors, defined as [HxPO4® ™ Jrsi/[HxPO4® ™ Jrso. Experimental and
predicted recovery yields of HPO4® ™", Y, are green square symbols and green dashed line,

respectively (right vertical axis).
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Figure 3.4. Receiver solution final TOP concentration, [HxPOsG ™ Jrss (blue columns, left vertical
axis), and orthophosphate recovery yields, Y (green square symbols, right vertical axis), as a function of
Ves/Vrs. Experimental Y is calculated using [HxPOsC ™ JrsVrst and, therefore, accounts for water
transport from the FS to the RS due to osomosis and electro-osmosis. Predicted [HxPOs® ™ ]rs s and
recovery yields at Donnan equillibrium, calculated using eqns (B.14)—(B.17) in Appendix B, are
depicted as blue and green dashed lines, respectively. The initial feed and receiver solutions are the
same as the FS and RS of Figure 3.2. For comparison, the initial total orthophosphate concentration in
the simulated urine feeds is depicted as a dotted blue line. Enrichment factors, defined as
[HxPO4C ™ Trs/[HxPOsC ™ Jrso, are indicated in the blue columns. Experimental Y is
[HxPO43 ) rs iVrss and, therefore, accounts for osmotic water flux from the FS to the RS. Data points

and error bars are means and standard deviations, respectively, of duplicate experiments.

Because DD can enable uphill transport of ions from FS to RS, the recovered

orthophosphate can be concentrated in a small volume of RS. Enrichment factors of 1.4 and 2.5
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were achieved in experiments with Vrs/Vrs of 2 and 4, respectively. However, experimental
[HxPO4® ™ Jrss and enrichment factors are lower than predictions by Donnan equilibrium. Eqn
(B.8) predicts enrichment factors of 1.8 and 3.3 at Donnan equilibrium with Ves/Vrs = 2 and 4,
respectively. These deviations are primarily due to water permeation diluting the orthophosphates
captured in the RS. Furthermore, the dilution effect is more pronounced at higher Vrs/Vrs, Where
osmotic water flux from FS to RS mixes with relatively smaller volumes of RS. As a result, the
deviations of experimental [HxPO4® ™ ]rs from predicted values are detrimentally elevated with
increased Ves/Vrs and are —15.7%, —22.3%, and —24.8% for Ves/Vrs Of 1, 2, and 4, respectively.
However, similar to the results presented in Figure 3.3, experimental recovery yields (green square
symbols in Figure 3.4) are comparable to theoretical Y at Donnan equilibrium (<3% difference
between green square symbols and green dashed lines), as water permeation is accounted for in
the determination of moles of TOP recovered. This minor difference is attributed to Na* leakage
and CI~ co-permeation, i.e., imperfect AEM permselectivity, " 8 which results in reduced driving

force available for HxPO4® ™" transport.

Varying Vrs/Vrs produces a tradeoff between enrichment and recovery yield, as predicted
by the Donnan equilibrium theory, eqns (B.14)-(B.17): increasing Vrs/Vrs enhances the
enrichment factor, but the recovery yield is slightly compromised (dashed blue line and dashed
green line in Figure 3.4 exhibit positive and negative slopes, respectively). This is because with a
relatively smaller receiver solution volume, the initial ratio of moles of CI™ in the RS to moles of
HxPO4®™~ in the FS (i.e., [CI"Vrs:[HxPO4® ™ JesoVrs) is lower. Therefore, there are fewer
available driver CI™ ions to exchange with target H,PO4™ ions, and the achievable Y is decreased.
Nevertheless, it can be overall advantageous to use a higher Ves/Vrs, if the benefit from a greater

enrichment factor outweighs the loss in recovery yield. For example, compared to Vrs/Vrs = 1,
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experimental enrichment factor increased by 76.0% and 212.4% at Ves/Vrs 0f 2 and 4, respectively,
while experimental Y only decreased by 5.9% and 11.7%. Furthermore, the highest enrichment

factor (at Ves/Vrs = 4) was still achieved with adequately high orthophosphate recovery >80%.

Competing Anions in the Urine Feed Solutions Lower Orthophosphate Transport and
Recovery. Results presented thus far utilized a feed solution with TOP concentration of fresh
urine, i.e., orthophosphate as the sole anion. However, actual fresh urine contains orthophosphate,
sulfate, and chloride anions, and hydrolyzed urine additionally has significant bicarbonate
concentration.** 8 92.96 To examine the effects of other anions on orthophosphate recovery, DD
experiments were conducted using simulated fresh urine and hydrolyzed urine (anion compositions
are summarized in Table 3.1), for comparison with the TOP-only solution. In all operations, the
RS has 600x102 mol/L of CI". Figure 3.5A shows experimental [HxPO4® ™ Jrsy, [SO4* Jrss, and
[HCOs Jrst as patterned blue, orange, and red columns, respectively. Empty columns of the
respective colors signify concentrations in the RS at Donnan equilibrium (determined using egns
(B.9)-(B.13) of Appendix B). Labels above the arrows designate the percent reduction in

experimental [HxPO4® ™ ]rs achieved in DD relative to orthophosphate-only feed solution.
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Figure 3.5. A) Final RS concentrations, [HxPOsC ™ Jrss, [SOs*Trss, and [HCOsJrss, and B)
orthophosphate recovery yields in TOP recovery experiments with different urine matrices as initial
feed solutions. The three FS are: orthophosphate anion-only, fresh urine, and hydrolyzed urine.
[HxPO43 )]s o of all three FS are 30x102mol/L. Simulated fresh urine contains 16x10-3 mol/L SO4*
and 100x103mol/L CI~ anions as well as HxPO4,®)~, whereas simulated hydrolyzed urine additionally
has 250x102 mol/L HCO3". Note that the transport of water from feed solution to receiver solution is
accounted for in the experimental orthophosphate recovery yields. Predicted final RS concentrations
and predicted orthophosphate recovery yields at Donnan equilibrium, calculated using eqgns (B.14)—
(B.17) in Appendix B, are depicted as empty columns. The labels above the columns indicate the change

relative to the orthophosphate-only FS. All experiments were operated with Ves/Vrs equal to 2 and
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600x102 mol/L NaCl as the receiver solution. Data points and error bars are means and standard

deviations, respectively, of duplicate experiments.

Theoretical [HxPO4C ™ ]rss are 30.3% and 40.3% lower in operations with fresh and
hydrolyzed urine, respectively, relative to TOP-only FS (empty blue columns in Figure 3.5A). In
DD with fresh urine, both SO42~ and HxPO4® " ions can transport from the FS to the RS to balance
CI™ transport from RS to FS and maintain net electroneutrality. Therefore, SO4%>~ ions compete
with target H«PO4C ™" ions to exchange with ClI™ ions. Moreover, SO4?” is a divalent anion. Thus,
two CI~ ions are required to exchange with one SO4?" ion to achieve charge balance, which further
limits CI” ions available to exchange with HPO4,® ™", Additionally, the inclusion of CI~ ions in
the fresh urine matrix also decreases the chloride concentration gradient, [Cl ]rs—[Cl ]Jrs, which
lowers the total CI™ ions that will be transported from RS to FS at Donnan equilibrium. The
decreased driver ion transport further decreases the transport of target ion HxPO4® ™~ from the FS
to RS. Thus, both the competition with SO4?~ ions and the weakened driving force give rise to the

decline of predicted [HxPO4® ™ Jrs in operations with fresh urine relative to TOP-only.

In DD with hydrolyzed urine, HCOs™ ions pose additional competition for exchange with
the driver CI™ ions, which leads to further reduction of predicted [HxPO4® ¥ rs relative to FS of
TOP-only. For the same reason, predicted [SO4* ]rs; in operations with hydrolyzed urine is 36.7%
lower than with fresh urine (HCOs  ion competition also impacts SO4> transport). The
concentration of HCO3™ in hydrolyzed urine, 250 x102 mol/L, is nearly 1 order of magnitude
higher than HxPO4® ™"~ and over 1 order of magnitude higher than SO4* (30 x103mol/L and 16
x1073 mol/L, respectively). As a result, the exchange of HCO3~ with CI~ is expected to dominate
over the exchange with other anions in the FS, yielding predicted [HCO3 Jrs>> [HxPO4® ™ Jrs s >

[SO4* Jrs.
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To uncouple the relative impact of these three factors (i.e., i) competition with SO4%" ions,
ii) competition with HCO3™ ions, and iii) the weakened driving force due to CI™ ions in the FS) on
orthophosphate recovery, theoretical [HxPO4® ™" ]rs s were additionally calculated for DD with FS
containing i) HPO4® ™~ and SO4*", ii) HPO4® ™~ and HCO3", and iii) HxPO4® ™ and CI. These
calculated values are presented in Figure B.1 of Appendix B, together with the theoretical
[HxPO4® ™ Jrs s with FS of TOP-only, fresh urine, and hydrolyzed urine. When included in the
FS, HxPO4®™", SO4>", Cl~, and HCO3™ ion concentrations are 30 x1073, 16 x1073, 100 x1073, and
250 x1073 mol/L, respectively. Inclusion of CI™ ions to the feed matrix lowers [HxPO4® ™ ]rs¢ by
more than 2x compared to the inclusion of SO4* (23.3% and 10.4% reductions for iii and i,
respectively, relative to TOP-only feed solution). Therefore, the decrease in Cl~ concentration
gradient driving force impacts orthophosphate recovery more than the competition posed by SO42~
ions in urine. The introduction of HCOs™ ions, as in hydrolyzed urine, substantially lowers
[HxPO4C ™ Trst by 32.0% compared with the TOP-only FS, which is even larger than the 30.3%
reduction observed with the combined inclusion of SO4*~ and CI~ ions, i.e., fresh urine. Therefore,
the competition posed by HCOs in hydrolyzed urine is the main reason projected [HxPO4® ™ Jrs

is significantly lower than in DD with TOP-only FS.

Consistent with the Donnan equilibrium predictions, experimental [HxPO4® ™ Jrs s in DD
with fresh and hydrolyzed urine are 29.1% and 39.9% lower, respectively, relative to TOP-only
feed solution (Figure 3.5A). However, all experimental [HxPO4® ™ ]rs are lower than theoretical
values at Donnan equilibrium (—22.3%, —21.0%, and —49.4% with TOP-only FS, fresh urine, and
hydrolyzed urine, respectively). Similarly, [SO4+* Jrss in operations with fresh and hydrolyzed

urine are 34.1% and 40.5% lower, respectively, than predicted. As discussed earlier, these
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differences are caused by water permeation from FS to RS diluting the ions captured in the RS and

co-ion leakage of Na* from RS to FS lowering anion transport from FS to RS.

However, experimental [HCOs Jrss with hydrolyzed urine is significantly higher than
predicted (+60.9%, red columns in Figure 3.5A). At the same time, experimental [HxPOs® ™ Jrs
in DD with hydrolyzed urine resulted in considerably larger deviations from Donnan equilibrium
values (—49.4%) than with TOP-only feed solution and fresh urine (—22.3% and —21.0%,
respectively). One possible explanation for these observations is that the hydrolyzed urine
experiments were terminated prior to actual equilibrium. The experimental protocol used
[HxPOsC ™ Jrs to assess the progress of ions transport in DD, with test runs ending when
orthophosphate concentrations stagnated (< 5% change over three consecutive measurements). If
the transport of HCO3™ ions from the FS to RS is much faster than the transport of HxPO4©® ™" ions
in the same direction, [HxPO4C® ™ ]rs can appear to level-off and trigger premature termination of

the experiments. lon transport kinetics will be further evaluated in the following subsection. To

explore this postulation, ([HXPOF‘X)‘J / [HXPO4(3‘X)‘JRS)]/(3_X) and [HCO, ] _/[HCO, ]

FS

were calculated using concentrations at the end of the experimental runs (note that the predominant
form of HPO4™~ in hydrolyzed urine of pH = 9.2 is HPO4*" and, therefore, x = 1). At Donnan
equilibrium, the fractions should be equal. However, the values for HPO4>~ and HCOs are 1.15

and 0.445, respectively, indicating that the system has not fully equilibrated at the end point of the
12
experiment. Furthermore, [HCO, ] _/[HCO, | = < ([HPO42‘:|FS/|:HPO42‘:|RS) suggests

that experimental [HCOz Jrs at end of the test run is higher than theoretical concentration at

Donnan equilibrium. Allowing the DD experiments to proceed further can possibly result in
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redistribution of the ions between the FS and RS, such that [HCO,” | /[HCO,™|  and

([HPOf']FS/[HPOf']RS)J/2 are similar.

Figure 3.5B presents experimental and predicted orthophosphate recovery yields, Y
(patterned and empty blue columns, respectively); note that Y accounts for water transport (as
discussed earlier). Labels above the arrows designate the percent reduction in experimental Y
relative to orthophosphate-only FS. Recovery yield trends are generally similar to [HxPOs® ™ Jrs
trends. Specifically, Y are 24.5% and 68.4% lower with fresh and hydrolyzed urine, respectively,
relative to DD with TOP-only FS, which qualitatively agrees with theoretical predictions of 30.3%
and 40.3% reduction. Experimental DD with TOP-only feed solutions and fresh urine deviate
slightly from predicted Y at Donnan equilibrium (<3%). As previously discussed, Na* leakage
from RS to FS results in less HxPO4® ™~ ion transport from FS to RS, which explains the
experimental Y being slightly lower than the predicted value for DD with TOP-only FS. For fresh
urine, co-ion leakage is lower because the Na* present in the FS reduces the Na* concentration
gradient, which drives co-ion permeation. Therefore, the experimental and predicted Ys are
comparable for DD with fresh urine (minor difference is due to unavoidable experimental
uncertainties). In contrast, Y is significantly lower than the theoretical recovery yield at Donnan
equilibrium for hydrolyzed urine (50.0% lower). As conjectured in the preceding paragraph, the
substantially greater discrepancy is possibly explained by the premature termination of the DD

experiment before the ion concentrations were fully equilibrated.

Orthophosphate Fluxes are Diminished by the Competing Anions. Parallel DD kinetics
experiments were conducted with the same initial feed solutions presented in Figure 3.5, i.e., TOP-

only FS, fresh urine, and hydrolyzed urine. To elucidate the impacts of individual ionic species in
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the urine matrix on ion fluxes, additional DD Kkinetic experiments were carried out with feed
solutions of HxPO4®™~ + SO4*~ and HxPO4®™~ + CI". In all operations, the RS has 600x10
mol/L of CI” and Ves/Vrs = 1. Figure 3.6 shows molar ion fluxes, Ji, of HxPO4® ™", SO4>", and
HCO3 from FS to RS (subscript i is P, S, and C, respectively) as patterned blue, orange, and red
columns, respectively; labels above blue columns indicate reduction in Jp relative to DD with the

orthophosphate-only FS.
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Figure 3.6. HPO,G™~, SO42, and HCO;™ anion fluxes from FS to RS, J;, in kinetic experiments with
different urine matrices as initial feed solutions. The anions of the five FS are: i) orthophosphate only,
ii) orthophosphate and sulfate, iii) orthophosphate and chloride, iv) orthophosphate, sulfate, and chloride
(fresh urine), and v) orthophosphate, sulfate, bicarbonate, and chloride (hydrolyzed urine). Labels above
the columns indicate the change in flux relative to the orthophosphate-only feed solutions.
[HPOsP ¥ s of all FS are 30x10°3 mol/L. When present in the FS, SO, CI, and
HCOs concentrations are 16x1073, 100x1073, and 250x10° mol/L, respectively. Vrs/Vrs = 1 and
receiver solutions are 600x10~2 mol/L NacCl for all experiments. Data points and error bars are means

and standard deviations, respectively, of duplicate experiments.

As observed with experimental [HxPO4® ™ |rssand Y (Figures 3.5A and B), Jp is reduced

in DD with simulated fresh or hydrolyzed urine relative to orthophosphate-only FS (90.1% and
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97.3% lower, respectively). However, the decreases in anion fluxes with the inclusion of SO4*",
Cl~, and HCO3™ are more drastic than the observed decreases in [HxPOs® ™ Jrsrand Y. Introducing
S04 to the FS containing only orthophosphate ions diminishes Jp by 59.7%, whereas the isolated
inclusion of CI™ decreases Jp by 85.9%. These reductions in Jp qualitatively mirror the reductions
in [HxPO4® ™ Jrss at Donnan equilibrium, i.e., presence of CI~ and SO4* in the FS both lower
fluxes and final concentrations, but the influence of CI™ ions is greater in magnitude. The effects
of the competing ions on Jp are similar to the impacts on [HxPO4® ™ Jrsy:: the presence of SO4>
poses competition for HxPO4® ™~ permeation from FS to RS, whereas CI~ in the FS reduces the
electrochemical potential gradient driving CI™ transport from RS to FS and consequently lowers

HxPO4C ™~ permeation.

The inclusion of anions other than H.PO4™ in the feed solution lowers the
orthophosphate that can be theoretically recovered in DD (Figure 3.5A) by reducing the driving
force for HxPO,C ™" transport. To quantitatively explore the impact of the reduced driving force
on HxPO4C™~ fluxes, Jp, we examine A[HxPOsC 7] = [HxPO4® ™ Jrs 0~ [HxPO4C ™ Jes, defined
as the difference between initial and final (at Donnan equilibrium) TOP concentrations in the feed
solution. A[HxPO4“™"] can be intuitively understood as the equivalent amount of ions that should
be transported to the RS in Donnan dialysis. Table B.6 in Appendix B displays A[HxPO4® ] and
the percentage decrease in A[HxPO4® "] relative to DD with HxPO4C ™ -only FS for different
ions in the feed solution. The inclusion of SO4*~ and CI~ lower A[HxPO4®™"] by 5.26% and 13.7%,
respectively, while having both ions decreases the driving force by 18.0%. However, the
reductions in Jp with additional ions in the FS are drastically more pronounced (60—90%) than
reductions in A[HxPO4® ™" (5.3-18%). Importantly, normalizing the ion fluxes of Figure 3.6 by

A[ HxPO4®™"] gave vastly dissimilar values for the different FS anion compositions (Figure B.2
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of Appendix B), providing strong evidence that the lessened A[HxPO4© "] does not fully explain

the diminished Jp.

Instead, the observed differences in Jp could possibly be explained by different affinities
of the various ions to sorb into the anion exchange membrane. Specifically, if other anions in the
FS, such as SO4> and CI-, more preferentially partition into the membrane than HxPO4® ™", the
relative concentration of orthophosphate ions within the IEM will be disproportionately lower
compared to the feed solution.?>® As flux is directly proportional to the ion concentration in the
IEM, Jp will consequently be depressed. Additionally, the higher charge of multivalent ions favors
sorption into the charged membrane more than monovalent ions.*®° Hence, partitioning of H2PO4 ™,
the predominant orthophosphate species, into the IEM matrix can be further hindered by the
presence of divalent SO4*". To assess this postulation, sorption experiments were conducted for
each of the feed solutions (method detailed in Appendix B). Figure B.3 in Appendix B presents
sorption coefficients, Xi, for HxPO,C ™", SO4*, and ClI (subscript i is P, S, and Cl, respectively)
with feed solutions containing different anions. Sorption coefficient is defined as ions sorbed into
a unit volume of the membrane normalized by molar concentration in the feed solution. If the AEM
does not differentiate between the different ions and ion sorption is solely determined by ion
concentrations in the feed solution, Xi should be similar for the three ions (HxPOs® ™", SO4*", and
CI") and across different feed solution compositions. However, experiments utilizing fresh urine
FS result in different sorption coefficients with Xci > Xs > Xp. These results demonstrate relative
affinities of each ion to the AEM, e.g., sorption coefficient for SO4* is 4.26x higher than
HxPO4® " in the fresh urine FS. Furthermore, the analysis reveals different sorption coefficients
for the same ion across various feed solutions. For example, Xp is 85.0% and 92.8% lower in FS

with SO42~ and ClI, respectively, relative to FS containing only orthophosphate. This supports the
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postulation that SO4>~ and CI~ ions in the FS significantly outcompete HxPO4® ™~ ion sorption into
the AEM. Aligned with the observed Jp trend, the addition of CI™ ions suppresses orthophosphate

sorption more than the addition of SO4> ions.

The high concentration of HCOs™ ions in hydrolyzed urine greatly suppresses Jp, with
reductions of 97.3% and 72.4% in the orthophosphate fluxes relative to TOP-only feed solution
and fresh urine, respectively (Figure 3.6). The high HCO3™ content similarly affects Js (59.2%
lower with hydrolyzed urine than fresh urine). DD with hydrolyzed urine resulted in predominantly
HCOs and CI™ exchange, with Jc > 8x higher than Jr and Js. As discussed in the preceding
paragraph, anions in a multi-component FS compete to sorb into the AEM. In particular, the high
concentration of HCO3 ™ present in hydrolyzed urine® is expected to strongly favor the partitioning
of bicarbonate anions into the AEM, which in turn hinders the fluxes of other ions. Importantly,
Jc >> Jp supports the earlier conjecture that bicarbonate transport from FS to RS significantly
outpaced orthophosphate transport, which resulted in the apparent stagnation of [HxPO4® ™ Jrs
before Donnan equilibrium was reached in the experiments. Compared to fresh urine as the feed
solution, utilizing hydrolyzed urine resulted in lower [HxPO4s® ™ ]rst, less orthophosphate
recovery, more significant deviations from the Donnan equilibrium, and reduced Jp (Figures 3.5
and 3.6). For these reasons, it is more advantageous for DD to target fresh urine for orthophosphate

recovery.

Monovalent lon Permselective Membranes can Improve Selectivity for H2PO4™ over
other Anions in Urine. Despite fresh urine having a higher concentration of H,PO4~ than SO4*,
sulfate flux in Donnan dialysis is still greater than orthophosphate flux (Figure 3.6). The
conventional anion exchange membrane, Selemion AMV, preferentially permeates SO4>~ over

H,POs primarily because the membrane has greater affinity to sorb divalent SO4> than
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monovalent H2PO4~ (Figure B.3). To selectively transport and capture HxPO4® ™~ over SO4*, we
investigate the use of monovalent ion permselective membranes (MIPMs), specifically Selemion
ASVN, for DD recovery of orthophosphates from fresh urine. MIPMs are selective for transport
of monovalent ions, such as H,POs, over multivalent ions, such as SO.> (details on the
mechanisms of valence-selectivity can be found in literature).'®*1%* Because the predominant
orthophosphate speciesin fresh urine is H.PO4~, DD with the ASVN MIPM is expected to improve
selectivity for HxPO,® ™~ over SO4* relative to the conventional AMV. DD kinetic experiments
were conducted with the AMV and ASVN membranes using simulated fresh urines as FS,
600x103mol/L CI™ for RS, and Ves/Vrs = 1. Figure 3.7A presents the ion fluxes from FS to RS,
Ji, and Figure 3.7B shows ion flux selectivity, defined as the molar ion flux normalized by the sum
of two fluxes, Ji/Jr. HoPOs~ and SO4>~ fluxes are denoted by blue and orange columns,

respectively, whereas patterned and solid columns signify AMV and ASVN, respectively.
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Figure 3.7. A) Orthophosphate and sulfate molar fluxes from feed solution to receiver solution, J;, and
B) flux selectivity in DD kinetic experiments for conventional anion exchange membrane, AMV, and
monovalent ion selective membrane, ASVN. Flux selectivity, Ji/J, is defined as flux of the component,
Ji, normalized by sum of the two anion fluxes. Blue and orange columns denote H,PO,~ and SO4*",
respectively, whereas patterned and solid columns signify AMV and ASVN, respectively. All
experiments were operated with Ves/Vrs of 1. The feed solution is simulated fresh urine, i.e., 30x1073
mol/L HxPO4,G™~, 16x10~3 mol/L SO.*", and 100x10 2 mol/L CI~ anions, and 600x10% mol/L NaCl
was used as the receiver solution. Data points and error bars are means and standard deviations,

respectively, of duplicate experiments.

Similar to the results presented in Figure 3.6, Figure 3.7A shows Jp < Js in DD with the

AMV membrane. Flux selectivity Jp/Jt is 0.21 (Figure 3.7B), which signifies approximately four
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SO4* ions permeate across the AEM for every H,PO4 ion recovered. In contrast, DD with the
monovalent ion-selective ASVN membrane resulted in a reversal in the flux trend, i.e., Jp > Js,
with flux selectivity for HoPO4™, Jp/Jt, = 0.66. That is, for every two H2PO4™ ions recovered,
roughly only one SO4> anion permeated across. Overall, the ASVN membrane achieved 3.1x
higher selectivity for H,PO4 than the AMV membrane. Therefore, ASVN preferentially selected
for HoPO4~ transport over SO4>, resulting in HoPO4~ being the predominant anion exchanging

from FS to RS with CI™ in DD orthophosphate recovery.

However, it can be observed from Figure 3.7A that DD with the ASVN membrane resulted
in lower HoPO4~ fluxes compared to operation with the AMV membrane. More generally, both ion
fluxes are significantly diminished with the MIPM relative to the conventional AEM (71.3 and
95.8% lower for Jp and Js, respectively). The monovalent ion selective coating on the ASVN
membrane is composed of highly crosslinked resin, which creates additional steric hindrance for
permeating ions.1®11%* Consequently, the overall ASVN membrane has greater resistance for ion
transport compared to the AMV membrane (this is reflected in the manufacturer’s specifications
on resistance with various salt solutions, summarized in Table B.7). Thus, there exists a tradeoff
between ion selectivity and permeability: using MIPMs instead of conventional AEMs yields
improved monovalent ion selectivity but reduced ion fluxes. In applications of DD for
orthophosphate recovery, MIPMs can improve TOP yield, but at the expense of slower kinetics; a
lower Jp would necessitate larger membrane areas for the same productivity of orthophosphate

recovery.

Orthophosphate can be Captured as a Fertilizer Solution using Donnan Dialysis. The
previously presented results utilized receiver solutions with high Cl~ concentrations to demonstrate

the potential of Donnan dialysis to separate orthophosphate from urine, which can have
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contaminants, e.g., pharmaceuticals, endocrine disrupting compounds, and opportunistic
pathogens, that prohibit the direct application of urine for fertilization. Orthophosphate was
captured in receiver streams of NaCl solutions for the experiments. However, Na* is not well
tolerated by most plant species at concentrations > 4.3-13x102 mol/L,6% 166 j e., the eventual DD
receiver solutions contain too much sodium. One option to exclude Na* is to precipitate phosphate
fertilizers as mineral solids, such as struvite, NH4sMgPO4-6H20, and potassium magnesium
phosphate, KMgPOQ4-6H,0, from the TOP-enriched RS by adding Mg?* and NHs" or K*. As
highlighted in the Introduction section, some studies reported the presence of contaminants in
phosphate minerals directly precipitated from urine.!3¢14! The anion exchange membrane in DD
serves as a barrier, retaining the contaminants of concern in the urine feed.'®”12 Therefore,
utilizing Donnan dialysis to separate orthophosphate from the urine matrix prior to mineral
precipitation can sidestep the issue of possible pollutants contaminating the fertilizer products.
Future studies need to be conducted to better understand the rejection of pharmaceuticals by

AEMs.

An alternative method to circumvent both the sodium and product contamination issues is
to recover the orthophosphates in DD receiver solutions with little or no Na™. In this approach,
initial receiver solutions that contain sufficiently high concentrations of CI™ but with cations other
than Na* are used. Additionally, the cations can be K* and NH4" to further valorize nutrient content
of the fertilizer product. For instance, aqueous solutions of potash fertilizer, KClq), can be used
as the RS (simulated as 600 x103mol/L KCI here), to draw additional value through the exchange
of orthophosphate and CI™. Another RS option is waste water softening regenerant rinse
(WWSRR), which contains a high concentration of chloride anions and potassium and magnesium

as the cations (approximately 547x103mol/L K*, 48x10 3 mol/L Mg?*, and 643x103mol/L CI").

74



Diluted bittern (DB), a concentrated byproduct of table salt production from seawater, is yet
another alternative. DB contains approximately 77 x10 3mol/L K*, 252x10~3mol/L Mg?*, 25x1073
mol/L SO4*", 8x10~3 mol/L NH,4*, 615x10~2 mol/L CI~, and 26x10° mol/L Na*. Note that the
concentration of Na* in diluted bittern is sufficiently low and can be tolerated by some plant
species, such as beets.!%> 1® DD experiments were conducted using simulated aqueous potash
solutions (APS), WWSRR, and DB, with the ASVN membrane, simulated fresh urine as FS, and

Vrs/Vrs of 1. Figure 3.8 presents fluxes of HxPO4® ™~ and SO4*>~ from FS to RS.
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Figure 3.8. Fluxes of HsPO,C ™ and SO (blue and orange columns, respectively) in kinetic
experiments with different initial receiver solutions of simulated aqueous potash solution (APS, [CIT] =
600x10°2 mol/L), simulated waste water softening regenerant rinse, (WWSRR, [CI"] = 643x10°3
mol/L), and simulated diluted bittern (DB, [CI] = 615x10 2 mol/L). Fluxes with RS of 600x10~2 mol/L
NaCl are included for comparison. For all experiments simulated fresh urine was used as the FS and
Ves/Vrs = 1. Labels above the H«PO4G ™~ columns denote the selectivity for orthophosphate, Jp/Jr.
Horizontal line is orthophosphate flux in DD with 600x10~3 mol/L NaCl. Data points and error bars are

means and standard deviations, respectively, of duplicate experiments.
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In general, Jr (and Js) of the different simulated receiver solutions are comparable with the
600x103 mol/L NaCl RS. Similar Jp are expected because all operations utilized the same FS and
have fairly similar [Cl ]rs,0 (< 7% difference). Importantly, DD with the monovalent ion selective
membrane (ASVN) consistently achieved selectivity for HxPOs¢™~ flux over SO4>~ for all the
simulated receiver solutions (Je/Jt = 0.53-0.61). This highlights the flexibility of DD to utilize
different Cl -rich streams, including waste and low-cost sources, as the receiver solution for

orthophosphate recovery from fresh urine.
3.5 Implications

The current P management practices are unsustainable. Phosphate is mined and processed from
diminishing reserves at immense energy costs. P-rich excretions are heavily diluted in the
traditional wastewater system, which contributes to the high energy and chemical expenditures in
efforts to remove the phosphates from wastewaters. When not adequately removed, P is released
into the environment, causing ecological harm and public health concerns. Further compounding
to these issues are environmental problems associated with phosphate fertilizer manufacturing, in
particular, the radioactive byproducts that are generated. Improper storage and management of the
radioactive wastes pose leakage risks.'' 12 These hazards were starkly exposed in March 2021
when the Piney Point, Florida, production plant leaked radioactive phosphogypsum into Tampa
Bay because of an engineering failure in the aged infrastructure. Residents of the surrounding area
were evacuated due to risks of contact with the contaminated waters.'? The inefficient linear
economy approach and this unfortunate incident underscore the need for a paradigm shift to a

circular P economy with sustainable phosphate capture and reuse.

The high concentrations of orthophosphate anion in human urine offer propitious

opportunities for recovery. Donnan dialysis can utilize driver ions to exchange for HxPO4,® ™" in
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the urine feed, capturing P in the receiver solution for application as fertilizer. This study
demonstrates that Donnan dialysis can i) recover orthophosphate from urine, ii) enrich
orthophosphate in the receiver solution, iii) selectively capture orthophosphate over other anions
by utilizing fresh urine and monovalent ion permselective membranes, and iv) leverage on widely
available and low-cost/waste resources to drive orthophosphate recovery. Importantly, using
receiver streams with adequately high driver ion concentrations in DD (CI™ in this study) can
enable orthophosphate transport against a concentration gradient and attain “uphill transport” to
reach practically feasible recovery yields (> 80% demonstrated in this investigation). By
employing a smaller receiver solution volume relative to the feed, DD can achieve enrichment of
orthophosphate, i.e., P concentration in the product is higher than in fresh urine. A fertilizer product
with high orthophosphate concentrations is of greater economic value and additionally facilitates
transportation. The analysis also reveals the rationale for using fresh, rather than hydrolyzed urine,
for P recovery. Specifically, the high bicarbonate content of the latter source is detrimental to
orthophosphate flux and selectivity. This indicates that DD orthophosphate recovery should be
performed immediately after urine diversion and collection, prior to urea hydrolysis. Alternatively,
dosing with inhibitory compounds, electrochemical treatment, or acid/base addition can inactivate
the urease enzyme, 8 %0 174178 thys suppressing bicarbonate formation. Besides bicarbonate, sulfate
can compete with orthophosphate anions to exchange with driver chloride ions, hence reducing
recovery efficiency. The study highlights the applicability of using monovalent ion permselective
membrane to drive more selective transport of orthophosphate over sulfate. However, the
improvements in selectivity are at the cost of decreased kinetics. Therefore, the overall DD process
would need to simultaneously consider TOP recovery yields and membrane requirements, i.e.,

tradeoffs between with economic benefits with capital and operating costs. Thoughtful selection
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of the receiver stream offers flexibility in tailoring the water chemistry and nutrient profile of the
fertilizer product. Critically, economic viability of P recovery with DD can be enhanced by
utilizing waste/low-cost streams as the receiver solution. For example, waste water softening
regenerant rinse generated in residential buildings can be repurposed to supply the high chloride
concentrated needed in the receiver solution, to drive DD recovery of orthophosphate from

diverted urine from the same premises.

The insights from this study are broadly applicable to other DD processes for resource
recovery or contaminant removal, particularly for streams with multiple anions and/or cations.
Some examples are NH4* recovery from wastewater, metal ion recovery from electroplating rinse,
and removal of NOs~ and HxAsO4¢™~ from drinking water. The approach for determining ion
concentrations in feed and receiver solutions at Donnan equilibrium presented here, egns (B.9)—
(B.13), can be utilized to project target ion recovery potential or contaminant removal efficiency
from mixed electrolyte solutions. Furthermore, the systematic analysis of factors influencing
fluxes of different ions underscores the role of competitive ion sorption on transport kinetics and
can elucidate ion transport behavior in solutions with complex compositions. In applications where
multivalent species are present together with the monovalent target ion, as in NH4* recovery from
wastewater or NO3z~ removal from drinking water, MIPMs may be useful to improve selectivity

for the target species with an acceptable sacrifice in permeation flux.
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Chapter 4: Novel Isothermal Membrane Distillation with Acidic
Collector for Selective and Energy-Efficient Recovery of

Ammonia from Urine
Chapter Abstract

The high concentration of ammonia in source-separated urine offers propitious opportunities for
N recovery. Membrane distillation (MD) can recover volatile ammonia from hydrolyzed urine, but
conventional operation suffers from the simultaneous permeation of water vapor that results in
poor selectivity for ammonia transport and high energy demand. Here, we present a novel
operation of MD — isothermal membrane distillation with acidic collector (IMD-AC) — to
overcome the limitations of conventional MD. The innovative isothermal operation, i.e., same feed
and collector temperatures, effectively suppressed water vapor permeation while maintaining
ammonia vapor flux and, thus, significantly improved selectivity for ammonia transport. The
acidic collector further enhanced ammonia vapor flux by an average of 46.5% compared to using
a deionized water collector. Against a total ammoniacal nitrogen concentration gradient, i.e., uphill
transport, ammonia recovery of ~60% was attained, highlighting the prospect of the technology
for high-yield recovery. Critically, IMD-AC achieved approximately 95% savings in vaporization
energy consumption relative to conventional MD by practically eliminating the evaporation of
water. The resultant energy requirement of ~2.2 kWh/kg-N is less than the Haber-Bosch process
for N fixation and N removal by nitrification-denitrification (8.9-19.3 and 2.3-6.5 kWh/kg-N,
respectively). This study shows the promising potential of IMD-AC for the selective and energy-

efficient recovery of ammonia from source-separated urine.
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4.1 Introduction

Management of nitrogen, an essential nutrient for life, has been recognized by the National
Academy of Engineers as one of the Grand Challenges.*®® As elucidated in Chapter 1, the current
practices of N production, consumption, and disposal are unsustainable.?* Of particular concern
are the energy-intensive and costly practices for industrial N fertilizer production and N removal
from wastewater at centralized wastewater treatment plants (WWTPs). Nitrogen is fixed from the
atmosphere through the energy-intensive Haber-Bosch process, requiring 8.9-19.3 kWh/kg-N,
which accounts for =1-2% of the world’s energy use.® 181182 Downstream, conventional N removal
by nitrification-denitrification at WWTPs demands 2.3-6.5 kWh/kg-N.*: 18318 For the reasons
outlined in Chapter 1, the current linear economy approach is clearly untenable and a new

paradigm for sustainable nitrogen management is urgently needed. 3L 186, 187

Nitrogen in anthropogenic wastewaters can be recovered to promote a more sensible
circular economy model. Approaches that separate N from WWTP wastewater for reuse were
explored,® 188192 hyt progress is thwarted by low recovery yields and high energy and chemical
expenses of these techniques.'® For instance, ammonia recovery from wastewater by precipitation
of phosphate-based minerals is typically limited to only ~5-15% yield,’" ! and energy demand of
N recovery methods range from approximately 5 to 18 kWh per kg of N.*8: 81194195 An ynderlying
reason for the difficulties in implementing practical N harvesting at WWTPs is the inherently low

nutrient concentration of the flows.

A more forward-looking approach is to recover N from source-separated urine,*’ 196-1%
which contains ~80% of the nitrogen from human excretions.!%?%! Because urine isolated at-
source is not diluted by flush water and grey water, the N concentration is two orders of magnitude
greater than municipal wastewater, a significantly more favorable condition for separation and
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capture as presented in Chapter 2.47-69 197,198,200, 202 The N in fresh urine, present as urea (CHsN20),
hydrolyzes during =~2—7 d of storage to form ammoniacal nitrogen (NHs/NH4") and bicarbonate.®
% various approaches to extract ammonia, NHs, from urine have been explored, including vacuum
distillation, stripping-adsorption, mineral precipitation, ion-exchange, and electrochemical
methods.*® 203208 However, most efforts thus far have generally fallen short of cost-
competitiveness with the Haber-Bosch process because the approaches were prohibitively capital-

intensive and/or demanded high operating energy and chemical cost.47-49: 209210

Membrane distillation (MD), an emergent technology that utilizes low-temperature heat to
drive the permeation of volatile compounds across a hydrophobic microporous membrane,?2%3
can take advantage of the intrinsic high volatility of ammonia.?4?1® Most MD studies focused on
desalination, i.e., separation of water from saline feed streams,?!*2!3 217 hyt potential of the
technique for ammonia separation and recovery were recently investigated.?14-216. 218-237 However,
harvesting ammonia from source-separated urine using MD is hampered by the undiscerning
transport of all volatile components, including water. The unavoidable permeation of H.O along
with NHzs is undesirable because of the additional energy demand to evaporate water and dilution

of the product stream.8 219

In this study, we demonstrate a novel operation of direct contact membrane distillation,
termed isothermal membrane distillation with acidic collector (IMD-AC) to overcome the
limitations of conventional MD in the separation and recovery of ammonia from simulated urine.
The working principles of IMD-AC are first presented and the features differentiating the
technique from conventional MD are highlighted. Vapor fluxes of ammonia and water in
conventional and isothermal MD are compared, and the selectivity for NHz permeation over H20O

is analyzed. The influence of an acidic solution as the collector stream on NH3() transport is
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examined. Next, the study evaluated the effects of temperature on IMD-AC performance. Heat
energy consumed to vaporize water and ammonia is then quantified to assess the energy savings
of IMD-AC over conventional MD. The implications of IMD-AC for ammonia recovery from
source-separated urine are discussed, and the potential utilization for other environmental

applications are identified.
4.2 Isothermal Membrane Distillation with Acidic Collector

Limitations of Conventional Membrane Distillation for Ammonia Recovery. Membrane
distillation (MD) is a separation process where volatile compounds are driven across a
hydrophobic microporous membrane while nonvolatile components are retained in the feed
stream. Working principles of MD are detailed in literature,?* 212 and are briefly explained here
with specific focus on ammonia recovery. In the conventional operation of direct contact MD, the
feed stream is at a higher temperature than the permeate, or sweep/collector, stream, i.e., T > Tc
(subscripts F and C denote feed and collector streams, respectively). Because partial vapor pressure
of volatile component i, P;, is exponentially dependent on the solution temperature, as described
by the Clausius-Clapeyron relation,?3 the temperature difference sets up a vapor pressure gradient
between the feed and collector sides at the solution-membrane interfaces. The transmembrane
vapor pressure difference, Pri—Pc,i (subscripts F and C denote feed and collector sides,
respectively), is the driving force for the compound to volatilize from the feed solution, permeate
across the membrane, and eventually condense in the collector stream. Vapor flux of component

i, Ji, is described by eqn (4.Error! Reference source not found.):?!?

‘]i = Li (PF,i - Pc,i) (4.1)
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where membrane vapor permeability coefficient, Li, characterizes the transport of compound i per
unit driving force and is dependent on the vapor molecule, membrane structural properties and
membrane chemistry, feed and collector compositions, as well as operating conditions, such as

temperature,?t!-213

Although MD is primarily employed for water recovery from saline feed streams, i.e.,
desalination,?'* 22 23 the technique can also be used to separate volatile compounds, including
ammonia, from aqueous solutions.?#216 232 240 However, using conventional membrane
distillation (CMD) for ammonia separation also unavoidably also vaporizes water, resulting in
simultaneous permeation of water vapor together with NHsg flux (Figure 4.1A). The
indiscriminate transport of water limits the effectiveness of conventional MD in applications where
selective permeation of one volatile component is desired. For NH3 recovery from urine, the
incidental water vapor flux, Jw, unfavorably dilutes the ammonia concentration of the product (i.e.,
collector stream effluent).?*! More importantly, because evaporating water is very energy intensive
(enthalpy of vaporization ~630 kWh/m3), the concomitant Jw would detrimentally raise the
thermal energy input required for the overall process. Note that column distillation is similarly

encumbered by the disadvantage of inevitable water evaporation.
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Figure 4.1. Temperature and vapor pressure profiles for A) conventional and B) isothermal MD with
acidic collector. The temperature difference between the solution-membrane interfaces in CMD
establishes a water vapor pressure gradient from feed to collector side, thus driving water vapor flux,
Jw (blue arrow). Whereas the driving force for Jw is effectively zero in IMD, because the identical
solution temperatures set up a constant water vapor pressure across the membrane. As NHz vapor
pressure is linearly proportional to ammonia concentration in the aqueous solution (Henry’s law), both
CMD and IMD exhibit a gradient for ammonia vapor pressure from feed to collector side, thus driving
NH3() permeation, Ja (green arrows). Permeated NHs that solubilizes in the acidic collector solution
associates with H* to form nonvolatile NH,*.

Working Principles of Isothermal Membrane Distillation with Acidic Collector. To
overcome the limitations of conventional MD for separating volatile compounds from aqueous
solutions, specifically the recovery of ammonia from hydrolyzed urine, we introduce isothermal
membrane distillation (IMD), where the feed and collector streams are at the same temperature,
i.e., Tr = Tc. Note that the main form of nitrogen in fresh, i.e., unhydrolyzed urine, is urea,
CO(NH2)2, which has a very low Henry’s Law constant; urea undergoes hydrolysis by urease
enzymes naturally present in urine to form bicarbonate and volatile ammonia, eventually yielding
hydrolyzed urine,?® i.e., MD is not applicable to fresh urine for N recovery. The equivalent

temperature on both sides effectively eliminates the partial H,O vapor pressure gradient, thus
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ceasing the driving force for water vapor transport. Partial vapor pressure is linearly proportional
to concentration of the volatile component in aqueous solution, ci, as governed by Henry’s and
Raoult’s laws (determination of vapor pressure of solutions of different composition and
temperature is detailed in Appendix C.1).2*> Therefore for ammonia (and other volatile
compounds), a driving force for permeation from feed to collector subsists for cra > cca (subscript
A indicates ammonia, NH3), even when temperature profile across the membrane is flat, i.e., unlike
conventional MD operation (Figure 4.1B). Critically, by curbing Jw, IMD avoids the heat energy

input required to evaporate water that is unpreventable in conventional MD.

In the isothermal operation of MD, ammonia vapor permeates from feed to collector side
when there is an NHs(q) concentration gradient between the aqueous solutions, i.e., cra—Cca > 0.
But as more ammonia is separated from the feed stream and captured in the collector stream, cra
decreases while cc a increases, thus gradually diminishing the driving force for ammonia vapor
flux, Ja, egn (4.1). Eventually ammonia recovery ceases as NHzg) concentration of the collector
approaches the feed solution. To address this constraint, a second feature of acidic collector (AC)
is incorporated to promote the speciation of volatile ammonia, NHs, in the collector stream to ionic
ammonium, NH4*, which is nonvolatile.?'4 21> 218281 = A weak acid in the collector solution
maintains a low pH that is below the pKa of ammonia (between 9.4 and 8.3 for solution
temperatures of 20-60 °C),2*® effectively converting all NHs that has permeated over to the
collector to NH4* (Figure C.1 of Appendix C). Therefore, NHs@aq) concentration of the collector
stream is practically negligible, i.e., cca ~ 0, even though the total ammoniacal nitrogen,
NHs+NH4*, concentration increases. Therefore, a positive driving force for Ja is always sustained,
i.e., Pea—Pca > 0. Overall, the isothermal and acidic collector features of IMD-AC can,

respectively, suppress the undesirable permeation of water vapor, thus reducing the heat energy
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required to vaporize water, and eliminate the partial vapor pressure of ammonia in the collector

solution, to maximize the driving force for NH3 flux and enable high recovery yields.
4.3 Experimental Section

Materials and Chemicals. Commercial microporous hydrophobic polyvinylidene fluoride
(PVDF) membrane of 0.22 pm pore-size, GVHP14250, was acquired from MilliporeSigma
(Burlington, MA) and utilized for all membrane distillation experiments. The simulated urine feed
solution comprised 250 mM ammonium hydroxide and 250 mM ammonium bicarbonate in
deionized (DI) water from a Milli-Q ultrapure water purification system (MilliporeSigma), to
mimic the total ammoniacal concentration and pH of hydrolyzed urine. 4" 197: 198,200, 201 py| \water
was used for the collector stream in non-acidic MD experiments. To prepare the acidic collector
solution, acetic acid was diluted in DI water. All chemicals utilized in the experiments are

analytical grade and were purchased from ThermoFisher Scientific (Waltham, MA).

Ammonia Separation and Recovery Experiments. Ammonia and water vapor fluxes
were evaluated in four different operating modes: conventional membrane distillation with DI
water collector (CMD-DI), conventional MD with acidic collector (CMD-AC), isothermal MD
with DI water collector (IMD-DI), and isothermal MD with acidic collector (IMD-AC). l.e., the
parameters assessed are collector stream composition (DI water or acid) and conventional versus
isothermal operation. Simulated hydrolyzed urine was consistently utilized as the feed solution.
For CMD-AC and IMD-AC operations, 100 mM acetic acid was employed as the collector
solution. In the conventional MD experiments, a 20 °C temperature differential was applied, with
the feed and collector streams maintained at 40 and 20 °C, respectively. In the comparison analysis,
the feed and collector streams of isothermal MD were operated at the same temperature of 40 °C
(i.e., same temperature as feed solution of CMD). To investigate the effect of temperature on
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performance, IMD-AC was additionally operated with Tr = Tc at 20, 30, 50, and 60 °C. Volume

of the feed and collector solutions are approximately 2.0 L each.

All experiments were conducted in a bench-scale MD unit (Figure C.2 of Appendix C).
The feed and collector streams were circulated countercurrently at crossflow velocities of 22.2
cm/s and 20.0 cm/s, respectively, across the active membrane area of 19.0 cm? in a custom-built
membrane cell. Tr and Tc were regulated with heated and refrigerated circulators (PolyScience,
Warrington, PA), respectively, through heat exchangers. Temperatures at the inlet and outlet of
the membrane cell on the feed and collector sides were monitored using thermocouples (Omega
Engineering, Norwalk, CT) and the solution within the cell is maintained within +1.5 °C of the

target temperature throughout all experimental runs.

Ammonia vapor flux was determined from the rate of change of total ammoniacal nitrogen
(TAN = NHs+NHJ4") in the collector stream. Four 1 mL samples were taken every 15 min, and
TAN concentrations were measured following the Indophenol blue method.?** Ammonia salicylate
and ammonia cyanurate reagent powder were added in excess to DI water-diluted samples and
analyzed using a calibrated colorimeter (ThermoFisher Scientific). The change in moles of
ammonia over time normalized by the membrane area yields Ja. Additionally, pH of the collector
stream was measured during sampling with a pH Meter (Orion Star, ThermoFisher Scientific).
Water flux was calculated as the average rate of change in the feed and collector solution weights
normalized by membrane area, accounting for the transferred ammonia and evaporative loss from
bulk solution tanks. The change in weight of the feed and collector bulk solution tanks were
automatically logged every 10 seconds using digital microbalances (AX5202, Ohaus, Parsippany,

NJ).
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To demonstrate the potential of IMD-AC for high-recovery of ammonia, an isothermal MD
experiment was conducted at 40 °C with the feed and collector solutions at the same initial
ammoniacal nitrogen concentration. The feed solution was simulated urine (i.e., 500 mM TAN),
while the collector solution composition was 750 mM acetic acid and 500 mM ammonium chloride
(a higher acetic acid concentration than the earlier described experiments was employed to ensure
collector stream pH was maintained sufficiently lower than the pKa of ammonia throughout the
experiment duration). The experimental run was conducted for 6 h, with ammonia concentrations

in the collector stream measured every 1.5 h.
4.4 Results and Discussion

Higher Ammonia Selectivity is Achieved using Isothermal MD. Figure 4.2 shows ammonia
and water vapor fluxes (green patterned columns, left vertical axis and blue solid columns, right
vertical axis respectively) under CMD and IMD operation with DI water and acidic collector. For
the same collector solution of DI water, Ja was practically consistent between conventional and
isothermal MD (9.25 molm~2h* for CMD-DI and 9.47 molm2h! for IMD-DI). At 40 °C, pH of
the simulated urine feed solution is 8.8 whereas pKa = 8.8 and, thus, volatile NHzuq) and NH4™ are
of approximately equal concentrations (=250 mM). Isothermal operation of direct contact MD did
not affect NHs() transport as the driving force for ammonia vapor permeation, Pra—Pca, IS
essentially equal for IMD and CMD (excluding temperature polarization effects, which will be
discussed later) because the feed composition and temperature were held constant and ammonia
concentration in the collector is negligible throughout the relatively short experiment duration. A
comparison between CMD-AC and IMD-AC also presented minimal difference in Ja (13.5 and

13.9 molm~h?, respectively), further validating that ammonia vapor flux is not affected by
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warming the collector stream to Tr for isothermal MD operation. Effect of acidic collector on

ammonia vapor fluxes is discussed in the next section.
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Figure 4.2. Ammonia and water vapor fluxes for four different MD operations: CMD-DI with 40 °C
feed and 20 °C DI water collector, CMD-AC with 40 °C feed and 20 °C acidic collector, IMD-DI with
40 °C feed and 40 °C DI water collector, and IMD-AC with 40 °C feed and 40 °C acidic collector. The
feed stream for all scenarios is simulated solution of hydrolyzed urine (250 mM NHsOH and 250 mM
NH4HCO3), whereas acidic collector is 100 mM acetic acid. The green patterned columns correspond
to ammonia vapor fluxes (left vertical axis) and the blue solid columns denote water vapor fluxes (right
vertical axis). Error bars indicate standard deviations of duplicate experiments with different membrane

coupons.

In contrast to ammonia vapor permeation, water vapor fluxes were drastically different
between IMD and CMD operation. Under CMD operation, water flux in the direction of feed to
collector was significant, measuring 8.9 and 7.5 kgm~2h~* with DI water and acidic collector,
respectively. The imposed 40-20 °C temperature differential in CMD set up a water vapor pressure
gradient across the microporous membrane, which drove water vapor permeation from the feed to
the collector side. On the other hand, Jw in IMD is markedly suppressed by over an order of
magnitude to 0.13 and 0.80 kgm2h* for DI water and acidic collector, respectively. Elevating Tc

to match Tr in isothermal operation raised the water vapor pressure at the collector side to ~Prw
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(Figure 4.1B). Note that the effect of solution composition (i.e., DI water or 100 mM acetic acid)
on partial vapor pressure is negligible relative to the influence of temperature. The driving force
for Jw is, therefore, effectively eliminated in IMD-DI and IMD-AC, i.e., Pew—Pcw = 0, and H20

transport was almost fully inhibited, eqn (4.1).

Direction of the diminished Jw for IMD is opposite to CMD, i.e., water vapor permeated
from collector to feed side (indicated as negative fluxes in Figure 4.2). The reversed water vapor
flux is attributed to temperature polarization at the solution-membrane interfaces producing a
slight local transmembrane temperature gradient toward the feed side. In NH3 transport, ammonia
volatilizes from the feed stream at the membrane interface, permeates across the membrane, and
solubilizes in the collector solution. These phase-changes necessary for NHs transport in MD
inevitably cools the feed and warms the collector solutions near the membrane surface, a
phenomenon termed temperature polarization.?**24" Hence, even though the bulk solution
temperatures are similar in IMD, there is a water vapor pressure gradient from collector to feed
side, i.e., Pcw > Prw, yielding negative Jw (illustrated in Figure C.3 of Appendix C). Temperature
polarization likewise occurs in CMD, but the bulk solution temperature difference overwhelms the
local deviations. Thus, Pr > Pc and water and ammonia vapor fluxes are always positive, i.e., from

feed to collector side.

For the separation and recovery of ammoniacal nitrogen from hydrolyzed urine, high
ammonia vapor permeation and minimal water vapor flux is desired to minimize energy required
for vaporization enthalpy and limit watering down of the product (i.e., collector stream effluent).
That is, selective transport of NHz over H20 is advantageous. Figure 4.3 presents the relative molar
flux of water to ammonia for the four operating conditions, with a lower Jw/Ja signifying better

selectivity for ammonia transport. The magnitude of Jw/Ja for conventional operation is
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significantly higher than the isothermal processes (negative values for IMD reflect the reversed
direction of water vapor permeation). For every mole of ammonia volatilized from the feed stream,
54 and 31 moles of water are simultaneously evaporated in CMD-DI and CMD-AC, respectively,
underscoring that thermal energy input for vaporization enthalpy is predominantly consumed for
H>0 and not the intended NH3 (detailed energy analysis is presented in a later section). The poor
selectivity of CMD is attributed to the concentration of water being about 100x higher than
ammonia in the simulated urine stream (=55.5 mol-H>O/L compared to 0.5 mol-NHs/L),
overwhelming the effect of greater volatility of ammonia than water. The transport of water in
isothermal MD was suppressed by up to 68x compared to conventional operation (—0.803 and
—3.02 mol-H>0O/mol-NHs for IMD-DI and IMD-AC, respectively), highlighting the enhanced
selectivity of IMD for ammonia separation and recovery. The relative vapor flux in kg-H.O/mol-

NHs is presented in Figure C.4 of Appendix C.
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Figure 4.3. Relative molar flux of water to ammonia for the four operations, CMD-DI, CMD-AC, IMD-
DI, and IMD-AC. IMD-DI and IMD-AC exhibit negative relative fluxes because water vapor
permeation was in opposite direction, from collector to feed side. Error bars indicate standard deviations

of duplicate experiments with different membrane coupon.
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Acidic Collector Enhances Ammonia Vapor Flux. Under acidic collector operation,
CMD-AC and IMD-AC, ammonia vapor fluxes were, on average, 46.5% higher than with DI
water, CMD-DI and IMD-DI (green patterned columns, left vertical axis of Figure 4.2). As
ammonia permeates from feed to collector, pH of the collector rose above 10 when DI water is
used, but remained below 4 with acetic acid as collector (Figure C.5). At solution temperatures of
20 and 40 °C, pKa of NHz(g) is 9.4 and 8.8, respectively. Consequentially, ammoniacal nitrogen
is predominantly in the form of ammonia, NHs@q), in DI water collector, whereas ammonia

protonates to nonvolatile ammonium, NH4", in the acidic collectors.

Because ammonia present in the DI water collector exhibits vapor pressure, i.e., Pca >0,
the driving force for NH3z permeation, Pra—Pc a, is lowered. However, vapor pressure generated
by NHaaq) in the DI water collector is marginal and, hence, does not fully account for the difference
in Ja between DI water and acidic collector. At the end of the hour-long experiments, ammonia
concentration in the collector only reached 8.43 mM and 8.66 mM for CMD-DI and IMD-DI,
respectively, equivalent to a reduction in ammonia vapor pressure gradient of 1.5 and 3.8% (drop
for isothermal operation is higher because the collector stream is at 40 °C, as opposed to 20 °C for
conventional operation). In contrast, the decrease in ammonia vapor fluxes when the collector is
DI water instead of acetic acid was 31.6% and 32.0% for CMD and IMD, respectively. Therefore,
the slight decline in Pa gradient when TAN is present as NH3s(q) does not adequately explain the

considerably smaller Ja with DI water collector.

An increase in ammonia vapor flux when acidic solutions were utilized as collector had
been reported,?® 248 put the mechanism was not discussed. We postulate that the Ja enhancement
is due to the acidic solution improving the kinetics of ammonia vapor dissolution into the aqueous

phase. At the collector side vapor-liquid interface, some ammonia molecules incident on the liquid
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surface are reflected back into the vapor phase, i.e., condensation coefficient < 1,%*° resulting in
the NHs() solubilization rate being slower than the initial rate of ammonia permeation. The
molecular reflection builds up the partial vapor pressure of ammonia at the interface and results in
Pc.a > Kucca, where Ky is Henry’s constant for NHs.2*° That is, the vapor-liquid interface at the
collector side is not at thermodynamic equilibrium. When a non-acidic solution, such as DI water,
is employed for the collector stream, the ammonia solubilization kinetics is slow and the eventual
steady-state effective driving force is considerably lessened due to the elevated interfacial Pca.
On the other hand, NHs(q) dissolves significantly faster into an acidic solution,?®® i.e., condensation
coefficient is increased, giving rise to a larger Pr aA—Pc a and yielding markedly enhanced ammonia
vapor flux. Therefore, the use of AC beneficially improves ammonia separation and recovery by

mitigating the Kkinetic limitation of ammonia dissolution.

Ammonia Vapor Flux Increases with Greater Feed Temperature. To investigate the
influence of temperature on IMD-AC performance, ammonia and water vapor fluxes were
characterized as a function of feed and collector solution temperature and presented in Figure 4.4
(green square symbols, left vertical axis and blue circle symbols, right vertical axis, respectively).
Ammonia vapor flux monotonically increased from 5.60 to 22.8 molm~2h* (approximately 4-fold)
as operating temperatures were raised from 20 to 60 °C. Critically, the magnitude of water vapor
flux was suppressed to below ~2 kgm 2h™! across the assessed temperature range, substantially
smaller compared to Jw in CMD (blue triangle symbol in Figure 4.4 for feed and collector solutions
at 40 and 20 °C, respectively). As discussed earlier, the direction of water vapor permeation in
IMD operation is reversed, i.e., from collector to feed side. This reverse water vapor flux increased
with increasing temperature. This is because ammonia permeation is enhanced at higher

temperatures and, thus, more heat of vaporization was transferred from the feed to collector side,
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causing more severe temperature polarization at the solution-membrane interfaces (previously
elaborated and illustrated by Figure C.3 of Appendix C). Hence, the transmembrane temperature

gradient is more pronounced at higher temperatures, resulting in greater reverse water vapor

permeation.
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Figure 4.4. Experimental IMD-AC ammonia and water vapor fluxes (green square symbols, left vertical
axis and blue circle symbols, right vertical axis, respectively) as a function of operating temperature.
Predicted ammonia vapor flux, calculated using egn (4.1) with membrane vapor permeability coefficient
at 20 °C (La =0.021 molm2htpa™), is represented by the green dashed line. For comparison, the water
vapor flux in IMD-DI with feed and collector solutions at 40 and 20 °C, respectively, is denoted by the
blue triangle symbol. Error bars indicate standard deviations of duplicate experiments with different
membrane coupon.

Low relative vapor flux of water to ammonia for IMD-AC was, again, consistently attained
across the temperatures investigated (Figure C.6 of Appendix C). Magnitude of relative flux
increased slightly with higher temperatures, but was maintained below —0.1 kg-H>O/mol-NH3
(marginally positive Jw/Ja at 20 °C is attributed to inherent experimental uncertainties in
measuring very small water fluxes). Crucially, ammonia permeation was obtained with adequate

NH3-H20 flux selectivity even at the lowest investigated temperature of 20 °C, which is effectively
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ambient condition. Hence, the separation and recovery of ammonia from hydrolyzed urine can
potentially be achieved, albeit at slower rates, without heating the feed and collector streams to

elevate the temperatures.

With negligible NHs(q) concentration in the collector stream, the higher vapor pressure of
ammonia at the feed side due to the greater solution temperature results in an augmented driving
force for NHz) permeation. However, Ja enhancements with increasing temperature is poorly
predicted by the governing flux equation, egn (4.1), and the Clausius-Clapeyron relation. Using
the ammonia vapor pressure gradient at each temperature and membrane vapor permeability
coefficient at 20 °C (La = 0.022 molm~2h~*Pa 1), ammonia vapor fluxes were computed and shown
in Figure 4.4 as the green dashed line. Theoretical calculations overestimate the experimental
ammonia vapor fluxes, with greater deviations observed at higher temperatures. Theory forecast
an exponential increase in Ja with rising temperature, due to the exponential dependence of vapor
pressure on temperature, but an effectively linear increase in experimental ammonia vapor flux

was seen.

One potential explanation for the experimental deviation from expected trend is kinetic
limitations for ammonia solubilization into the collector solution (as discussed in the preceding
section) being more pronounced at higher temperatures. Alternatively/additionally, NH3
volatilization from the feed solution can be a rate-limiting factor. In the earlier section, we
discussed that the liquid and vapor phases at the solution-membrane interfaces are not in
equilibrium because ammonia vapor transport across the membrane pores is faster than NH3
volatilizing from the feed stream and/or dissolving into the collector stream.?%® 251252 Therefore
the effective vapor pressures of ammonia at the feed and collector interfaces are lower and higher,

respectively, than the equilibrium Pa as governed by Henry’s law, i.e., PraA < KnCra and Pca >
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Khcc,a. Given larger ammonia vapor fluxes are obtained at higher IMD operating temperatures,
the effect of volatilization and solubilization kinetic limitations is, thus, expected to be more
amplified. Consequently, the relative reduction in effective driving force, Pra—Pc a, is greater and

actual Ja deviates further from prediction (Figure 4.4).

Another possible cause contributing to the observed disagreement is that water vapor
transport in the reverse direction during IMD hinders ammonia permeation. As described by
Maxwell-Stefan diffusion, mutual interaction between the NH3 and H>O molecules results in
frictional drag on the transport of ammonia by water vapor permeating in the opposite direction.?%*
255 This resistance to NHs(g) transport scales with the magnitude of reverse H2O(q) flux. Reverse
water vapor transport is greater at higher operating temperatures (blue circle symbols of Figure

4.4) and, hence, the discrepancy between theoretical and experimental fluxes is wider.

A third phenomenon that causes experimental fluxes to diverge from calculated Ja is
temperature polarization.?*> 24¢ As discussed earlier, although the bulk solution streams are at the
same temperature in IMD, a transmembrane temperature gradient is set up from the collector to
feed sides (Figure C.3 of Appendix C), due to the transfer of NH3z volatilization/condensation
enthalpy. Interfacial temperature at the feed and collector sides are, hence, lower and higher,
respectively, than the bulk solution temperatures. Thus, the effective driving force for ammonia
permeation, Pra—Pc a, is lesser than the calculated value using bulk solution temperatures. The
observed reverse water vapor flux is greater at higher temperatures, indicating that the
transmembrane temperature gradient is steeper, i.e., temperature polarization is more acute.
Therefore, the deviation between experimental and predicted Ja is anticipated to be larger with

increasing temperatures. This mechanism is supported by previous studies that reported decreased
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apparent membrane vapor transport coefficient with higher temperatures, (i.e., temperature

polarization effects incorporated into L).2!% 213

High Ammonia Recovery can be Achieved using IMD-AC. To investigate the potential
ammonia recovery yield achievable with IMD-AC from source-separated urine, a batch
experiment was conducted with closed-loop recirculation of the solutions across the bench-scale
membrane cell, which equivalently simulates co-current flow configuration in a process-scale
membrane module. Feed stream TAN (= NHs+NH4") concentration is 500 mM to represent
hydrolyzed urine, whereas collector stream is 750 mM acetic acid (higher concentration was
employed to avoid pH increases limiting ammonia transport) and 500 mM TAN, i.e., total
ammoniacal nitrogen is equal on both sides. TAN concentration of the feed and collector streams
in IMD-AC at 40 °C as a function of time is presented in Figure 4.5 (green circle and square

symbols, respectively).
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Figure 4.5. Total ammoniacal nitrogen, TAN, concentration in the feed and collector streams in IMD-
AC operation at 40 °C as a function of time (left vertical axis, green circle and square symbols,
respectively). Feed stream has 500 mM TAN to simulate hydrolyzed urine and collector solution is 500

mM TAN and 750 mM acetic acid (i.e., same initial TAN concentrations for both feed and collector
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solutions). The black triangle symbols (right vertical axis) represent the difference between the

concentration of TAN in the collector and feed streams, i.e., Cc TAN—CF,TAN.

After 1.5 h, collector TAN concentration increased to 741 mM while ¢k ran dropped to 259
mM, representing NH3 separation and recovery of 48.2%. Comparatively, TAN recovery in IMD
at 40 °C with a DI water collector stream was only 2.7% for the same time period (projected using
Ja of the first 60 min). At the end of 6 h, =60% of TAN in the simulated urine was removed and
captured in the collector stream, demonstrating the potential for high ammonia recovery using
IMD-AC. Water flux was practically negligible and solution volumes are effectively unchanged
(< 1% difference after 6 h). As ammonia permeates from the feed to collector side, TAN
concentration and, correspondingly, volatile NHseg) concentration of the feed solution decreases.
Consequently, ammonia vapor pressure, Pr a, falls and the driving force for ammonia permeation,
Pr.a—Pca, declines over time, which is evident by the diminishing rate of change of TAN. Final
pH of the collector solution is 3.5. Given the pKa of ammonia at 40 °C is 8.8, effectively 100% of
TAN in the bulk collector solution was present as nonvolatile ammonium, NH4*. Hence, NH3(ag)
concentration was negligible, i.e., cca = 0, and ammonia vapor pressure in the collector, Pc a, is

practically zero.

Crucially, the difference in TAN between the collector and feed solutions, ccTan—CrTAN,
increased from 0 to ~600 mM (black triangle symbols of Figure 4.5), indicating transport of
ammoniacal nitrogen up a concentration gradient. The “uphill” transport of TAN shows IMD-AC
can concentrate ammoniacal nitrogen significantly above the initial crran. In actual module-scale
operation, the feed and collector streams will be circulated in counter-current flow and higher
recovery yields of ammonia can be achieved with lower acid concentrations in the collector

solution.
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Substantial Energy Saving is Obtained with IMD. In membrane distillation, thermal
energy is required for the vaporization enthalpy of volatile components that permeate across the
membrane.?t2 247. 2% Convective heat flux of component i is the product of the vaporization
enthalpy, AHi, and the flux, Ji.*2 Figure 4.6 shows the vaporization energy for ammonia and water
(green patterned and blue solid columns, respectively) in the four operating modes. To exclude the
influence of different kinetics (i.e., different NHs(q) fluxes), AHiJi is divided by Ja to yield energy
per mole of ammonia recovered, Ev,i. Sum of the ammonia and water components gives the net

normalized vaporization energy (black patterned columns),
‘Z Ei ‘ = ‘JAfleHiJi ‘ = |AHA + AHWJW/JA| (note that Ji can be negative and the impact on energy

required is discussed later). Determination of enthalpy of ammonia vaporization from an aqueous
solution, as opposed to a pure liquid, is presented in Appendix C.2, and AH; at the relevant stream

temperatures were used in the analysis. 2" 258
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Figure 4.6. Vaporization energy for ammonia and water (green patterned and blue solid columns, respectively)
per mole of ammonia separated and recovered in CMD-DI, CMD-AC, IMD-DI, and IMD-AC. Labels (F) and

(C) above the columns denote heat supply to feed and collector streams, respectively. Patterned black columns
represent the net vaporization energies of ammonia and water, i.e., ‘Z EV,(F) —ZEV,(C)‘. Error bars for

vaporization of water are standard deviations of duplicate water vapor flux measurements. For comparison, the
red- and violet-shaded regions indicate energy required by the Haber-Bosch process, 448-973 kJ/mol-NHs (8.89-
19.3 kWh/kg-N), and nitrification-denitrification, 116-328 kJ/mol-NHj3 (2.3-6.5 kWh/kg-N), respectively.

Whereas normalized energy demand for the vaporization of ammonia, Ev a, in the four
different operating conditions are the same at 28.4 kJ/mol-NHz (due to normalization by Ja), the
heat to vaporize water, Ev,w, varies markedly because it is dependent on the relative vapor flux of
water to ammonia (Figure 4.3). In the conventional MD operations of CMD-DI and CMD-AC,
considerable thermal energy of 2,340 and 1,370 kJ/mol-NHs (46.4 and 27.2 kWh/kg-N),
respectively, is required to evaporate water from the feed solution, 82.4 and 48.2x the energy to
volatilize ammonia. The high heat input is because of the large magnitude of inevitable water vapor
flux in conventional MD. In contrast, due to suppression of water transport in isothermal MD, Ev,w

is substantially lessened to 35.4 and 141 kJ/mol-NHjs (0.702 and 2.80 kwWh/kg-N) for IMD-DI and
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IMD-AC, respectively. Since direction of Jw is from the collector to feed side in IMD, i.e.,
reversed, heat is required for water vaporization at the collector stream (instead of feed side) and
is indicated by the label (C). Thermal energy for enthalpy of vaporization is transferred to the other
side as enthalpy of condensation when the vapor permeates across the membrane and solubilizes
into the aqueous stream. Therefore, the net normalized energy input is the difference between Ev
on the feed and collector sides (black patterned columns). Compared to CMD-DI, IMD-AC
requires 95.2% less heat input for vaporization to separate and recover the same amount of
ammonia by inhibiting undesired water flux (Figure 4.2). Higher energy savings of 99.7% is
achievable with IMD-DI, but NHs recovery yield would be constrained (as discussed in preceding

section).

In addition to convective heat flux discussed above, conduction of heat through the
membrane is another thermal energy requirement.?® 259260 Conductive heat flux is proportional
to the transmembrane temperature differential. Conventional MD necessitates a temperature
difference between the feed and collector solutions, whereas the bulk stream temperatures are
equal in isothermal MD. Therefore, the temperature gradient across the membrane in IMD is
significantly smaller than CMD (Figures 4.1 and C.3) and consequently, conductive heat loss is
expected to be minimized in isothermal operation. Moreover, transmembrane heat conduction
drives the feed and collector solutions toward temperature equilibrium, which is the working

principle of isothermal MD but is against the operation of conventional MD.

Overall, isothermal MD favorably reduces the energy consumption for ammonia removal
and reuse by substantially lowering both convective and conductive heat input. Compared to
energy demand for the current linear economy management of nitrogen, i.e., production by the

Haber-Bosch process and removal by conventional nitrification-denitrification, the vaporization
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energy required for NHz recovery in IMD is significantly lower. Energy demand for N fixation by
the Haber-Bosch process, the principal ammonia production method, is 8.9-19.3 kwWh/kg-N (448-
973 kJ/mol-NHs, indicated by the red-shaded region in Figure 4.6). Conventional removal of
nitrogen by nitrification and denitrification at wastewater treatment plants demands 2.3-6.5
kWh/kg-N (116-328 kJ/mol-NHzs, indicated by the violet-shaded region). Vaporization energy
needed for isothermal MD is around an order of magnitude lower than the Haber-Bosch energy
consumption benchmark and is in the same range as nitrification-denitrification. Actual energy
requirement for a practical IMD-AC system to remove and recover ammonia from diverted urine
will have to factor in auxiliary components (e.g., pumping cost, conductive losses, and heat
exchanger efficiency) and module-scale effects, but the first-order energy analysis conducted here
highlights potential of the technology to be a competitive alternative to current NH3z production

and removal methods.
4.5 Implications

Removal of ammonia from wastewaters is imperative for environmental, ecological, and public
health protection. At the same time, nitrogen is a principal component of fertilizer. The high
ammonia content in urine offers attractive opportunities to simultaneously recover the resource
and remove the contaminant from the waste stream. To align with the principles of green
engineering and realize viable implementation, the ammonia separation and recovery approach
needs to be energy-efficient.’®® This study demonstrates isothermal membrane distillation with
acidic collector can achieve i) selective removal and capture of ammonia from hydrolyzed urine

with ii) low thermal energy requirements and iii) high recovery vyield.

Importantly, because only mild temperatures are needed to drive the process, isothermal

MD can utilize low-grade heat from locally-available waste flows (e.g., warm bathwater runoff or
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hot stream of cooling water systems) or onsite low-concentration solar thermal collectors,>%*
further enhancing sustainability of the technology. The study also showed that ammonia separation
and recovery is possible even at ambient temperatures, i.e., without further warming up the feed
and collector streams, at the expense of lower fluxes. Acid for the collector solution can be from
unwanted effluent streams, such as spent pickling brine, which is effectively vinegar (i.e., acetic
acid), from the food industry.?6% 262 This study examined the use of acetic acid, but other suitable
acids from waste/low-cost sources can be employed. Additionally, IMD-AC can drive the uphill
transport of ammoniacal nitrogen to achieve highly concentrated NH3s solutions as product,
favorably minimizing the liquid volume for handling and transport. Crucially, vaporization energy
requirement for isothermal MD is substantially below the energy demand for fossil fuel-driven
Haber-Bosch process, the dominant ammonia production method, and comparable to energy
consumption for N removal at conventional WWTPs. Further techno-economic assessments are
needed to quantify the capital and operating expenditure of IMD-AC, but the technology shows
initial promise to be a cost-competitive and environmentally-sensible technique for removing and

recovering ammonia from source-separated urine.

With the projected urban influx of 2.5 billion people by 2050,%% the population density of
cities is expected to increase dramatically. At the same time, providing improved sanitation to the
2.3 billion people globally who are currently unserved will necessitate the installation of new
toilets, wastewater facilities, and sanitation infrastructure.?®* These population and sanitation
trends present ideal opportunities for the introduction of decentralized urine diversion facilities for
nutrient recovery, without costly retrofits or overhauls of the existing system, shifting wastewater

management to a more sustainable and efficient paradigm.
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Other potential applications of the technology include the selective separation/recovery of
compounds that speciate between volatile and nonvolatile forms at different pH. An
environmentally-relevant example is H2S in domestic and industrial wastewaters.?®® Because of
the pH-dependent volatility, H>S) permeates across the MD membrane and speciates to
nonvolatile HS ) in a basic collector (equivalent to NH3(g) transport and speciation to NH4"(ag)),

thus, enabling selective removal, capture, and concentration.
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Chapter 5: Integrated Membrane Processes to Capture
Orthophosphate and Ammonia from Human Urine

Chapter Abstract

There is a critical need to shift from the existing linear nutrient economy to more sustainable
circular nutrient economy rooted in phosphorous and nitrogen recovery from wastewater. The high
concentrations of orthophosphate, HxPO,® ™", in fresh source-separated urine and ammoniacal
nitrogen, NH4*/NHgs, in hydrolyzed urine offer propitious opportunities for P and N recovery.
Donnan dialysis (DD), an ion-exchange membrane-based process, demonstrates initial promise for
HxPO4®™~ recovery from fresh urine and membrane distillation (MD) demonstrates initial
promise for volatile NHs recovery from hydrolyzed urine. This study elucidates the impact of fresh
and hydrolyzed urine solution pHs and resultant nutrient speciation (H:POs/HPO4* and
NH4*/NH3) on DD and MD performances. Bipolar membrane electrodialysis, BPM-ED, a
technique that utilizes electrolytes and electricity to generate acids and bases in situ, is employed
to strategically control pH to enhance the performances of DD and MD for P and N recovery,
respectively. For orthophosphate recovery, BPM-ED can decrease the pH of fresh urine, increasing
the fraction of HxPO,® ™~ present as monovalent HoPO4~, which improves HxPO4C ™~ flux by
34.8% and selectivity for HxPO,® ™~ by 16.5% in DD with a monovalent ion selective membrane
compared to operation without BPM-ED. For ammoniacal nitrogen recovery, BPM-ED can
increase the pH of hydrolyzed urine, increasing the fraction of N present as volatile NH3s, which
enhances NHz flux in MD by 138% compared to operation without BPM-ED. Furthermore, BPM-
ED produces an acidic solution, which can be strategically employed as the collector solution in
MD, enabling nearly 2x higher N recovery potential. Critically, the specific energy consumption

of the integrated approaches of BPM-ED + DD for P recovery and BPM-ED + MD for N recovery
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can be lower than the practical energy consumption of the conventional linear economy model for
P and N, respectively. This study shows the promising potential of an integrated membrane

technology approach for both P and N recovery from source-separated urine.
5.1 Introduction

For the reasons presented in Chapter 1, the existing approach to nutrient management is untenable,
and more sustainable approaches are critically needed.®'3 The challenges facing nutrient
management can be approached through a circular economy model, which advocates for the
simultaneous removal and capture of nutrients from wastewaters.®2® In a circular economy model,
orthophosphate, HxPO4® ™", and ammonia, NHs, can be removed and recovered from wastewater
and recycled back into the food chain. Closing the nutrient loop can lessen the reliance on industrial

fertilizer production and alleviate nutrient pollution of aquatic environments.

As presented in Chapter 2, the theoretical minimum energy for nutrient recovery, governed
by thermodynamic principles, is considerably lower for feeds rich in P and N compared with other
diluted wastewaters.®** Specifically, P recovery from fresh diverted urine, which is concentrated
in P (total orthophosphate, TOP = 19—-48x1073 mol/L),** 8% 92.% j5 ~13-34% less energy-intensive
than treated wastewater effluent, which is over 1-2 orders of magnitude more dilute.!3* Likewise,
N recovery from hydrolyzed urine, which is concentrated in N (total ammoniacal nitrogen, TAN
=270-580%x103mol/L),% %% js ~40-68% less energy-intensive than treated wastewater effluent,
which is over 2-5 orders of magnitude more dilute.3* Note that hydrolyzed urine has been stored
for ~2—7 d to enable the hydrolysis of urea in urine to form ammonium and bicarbonate, which
also raises pH.& %0 There has been considerable efforts to advance nutrient recovery from diverted
urine, with the prevailing practice being mineral precipitation of slow-release fertilizers, such as

struvite, NHsMgPO4+6H20.57: 68 72,89, 90,114, 115,135 awever, mineral precipitation leads to risks for
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contamination by pharmaceuticals, endocrine disrupting compounds, and opportunistic
pathogens.3%14 Membranes can serve as a barrier, retaining these contaminants of concern in the

urine feed67-172 266. 267 and enabling the capture of targeted P and N species.

For orthophosphate recovery: Donnan dialysis (DD) using ion-exchange membranes
(IEMs) is a promising technique for orthophosphate, HxPO4© ", separation from urine, achieving
recovery yields >90%.2%8 Work in Chapter 3 examined DD for orthophosphate recovery from fresh
urine at pH = 6, which is the low-end of typical fresh urine pH and contains orthophosphate
predominantly as H.PO4 . However, actual urine solutions can range from pH of 6—7.5, i.e., mid-
point pH = 6.75, depending on a person’s diet.** 8% %1% Higher pHs >> pKs, of phosphate can shift
the predominant orthophosphate species to HPO4>". In DD, the speciation of HxPO4® ™~ as H,PO4~
or HPO4>~, which is dependent on solution pH, can influence orthophosphate transport, particularly
if the IEM selects for monovalent ions over multivalent ions, as monovalent ion-selective
membranes do.1%1164.268 Eor N recovery: membrane distillation (MD) is a promising technique for
the selective and energy-efficient recovery of ammoniacal nitrogen from hydrolyzed urine.™ In
MD, volatile NH3 in hydrolyzed urine is driven across a hydrophobic microporous membrane. "
214-218 \Work in Chapter 4 examined MD for NHs recovery from simulated hydrolyzed urine, which
contained approximately 50% TAN as NH3z and 50% as NH4*.”* NHjs is a volatile form of N, while
NH," is ionic and nonvolatile, so NHs is the preferred N species for ammoniacal nitrogen recovery
using MD. Similar to orthophosphate speciation, ammoniacal nitrogen speciation as NH3 or NH4"
is pH-dependent; higher pHs >> pKa of ammonia shift predominance to NHs. Strategically
manipulating fresh and hydrolyzed urine pHs can potentially benefit the performances of DD and
MD for orthophosphate and ammoniacal nitrogen recovery, respectively. Another membrane

technique of bipolar membrane electrodialysis, which generates acids and bases using electrolyte
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solution, can be leveraged to rationally manipulate solution pHs in DD and MD for nutrient

recovery.

In this study, we assess the performance of an integrated bipolar membrane electrodialysis
(BPM-ED), Donnan dialysis, and isothermal membrane distillation (IMD) system to drive the
separation and recovery of orthophosphate and ammoniacal nitrogen from human urine. First, the
working principles DD and IMD for respective orthophosphate and ammonia recovery are
discussed, and the importance of nutrient speciation (H2PO4 /HPOs> and NHs*/NHs) is
highlighted. Next, BPM-ED is introduced as a technique to generate acids and bases in situ to
strategically control the speciation of H2POs /HPO4? in fresh urine and NH4*/NHs in hydrolyzed
urine, which serve as the respective feed solutions to DD and IMD. The potential to utilize BPM-
ED to decrease the pH of fresh urine and enhance HxPO4® ™" flux and selectivity for HxPO4C "
in DD is explored for different durations of BPM-ED operation. Then, the potential of BPM-ED
to increase the pH of hydrolyzed urine and improve NH3z flux in IMD was assessed for different
BPM-ED operating current densities. Next, the influence of an acidic collector, generated using
BPM-ED, on NHs flux and recovery potential in IMD was assessed. The study evaluated the
specific energy consumptions (SECs) of BPM-ED, DD, and IMD techniques and compared SECs
to conventional nutrient removal and production techniques. Finally, implications of the integrated

membrane technique on decentralized nutrient recovery efforts are discussed.
5.2 Working Principles

Donnan Dialysis for Orthophosphate Recovery. Detailed working principles of Donnan dialysis
(DD) can be found in literaturel#2144. 146-148, 151154 anq are explained in Chapter 3. Here, the
principles are briefly presented with a focus on orthophosphate recovery from source-separated

urine. The flux of CI™ driver ions down a concentration gradient, across an anion exchange
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membrane (AEM), sets up an electrochemical potential gradient that drives transport of target
HxPO4™~ jons in the opposite direction.142-144. 146148 AEMSs are polymeric thin-films with a high
density of positively-charged functional groups to enable the selective permeation of negatively-
charged ions (referred to as counterions, i.e., oppositely-charged to the AEM), while retaining
positively-charged ions (referred to as co-ions, i.e., like-charge of the AEM).X® %0 The AEM
divides the feed solution (FS), in this study source-separated urine, and receiver solution (RS), in
this study a solution of high chloride content. CI™ ions permeate from the higher concentration RS
to the lower concentration FS, while cations, M*, are rejected by the AEM. To preserve
electroneutrality target HxPO4 ™~ ions from the urine FS migrate across the membrane in the
opposite direction, 14 143,146, 151-154 Note that the charge fluxes of CI~ and HxPO4® ™~ must be equal

to maintain electroneutrality, i.e., one HxPO4® ™" ion exchanges with (3—x) C1”ion(s).

Isothermal Membrane Distillation with Acidic Collector for Ammonia Recovery.
Working principles of membrane distillation (MD) and isothermal membrane distillation with
acidic collector (IMD-AC) are detailed in literature and in Chapter 4,’* 211212 and are briefly
explained here with a focus on ammonia separation and recovery from urine. In MD, volatile
compounds are driven across a hydrophobic microporous membrane while nonvolatile
components are retained in the feed stream. As such, the technique can be used to separate volatile
ammonia from hydrolyzed urine.’® 214-216.232.240 The driving force for a compound, i, to volatilize
from the feed, permeate across the membrane, and condense in the collector stream is the
transmembrane vapor pressure difference, Pri—Pc,i (subscripts F and C denote feed and collector
sides, respectively). Partial vapor pressure of component i is dependent on solution temperature,
as described by the Clausius-Clapeyron relation,*® and the concentration of species i in the

solution. Vapor flux of component i, Ji, is described by egn (5.1):%
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Ji=L (PF,i - Pc,i) (5.1)

where membrane vapor permeability coefficient, Li, characterizes the transport of compound i per
unit driving force and is dependent on the vapor molecule, membrane structural properties and
membrane chemistry, feed and collector compositions, as well as operating conditions, such as

temperature,?t1-213

In the work presented in Chapter 4, IMD-AC was developed to overcome the limitations
of CMD for separating volatile compounds from aqueous solutions, including ammonia recovery
from hydrolyzed urine. The isothermal feature of IMD-AC establishes equal temperatures for feed
(F) and collector (C) streams, i.e., Tr = Tc, which effectively eliminates Prw—Pcw, the driving
force for water vapor transport. As a result, the selectivity for ammonia transport is significantly
increased relative to CMD. Additionally, Chapter 4 reported that isothermal operation achieved
~95% savings in energy for vaporization relative to CMD due to suppressed water permeation.’*
The acidic collector feature maintains a low pH that is below the pKa of ammonia (8.8 for solution
temperature of 40 °C),%* effectively converting all ammonia, NH3, that has permeated over to the
collector to ionic ammonium, NH.4*, which is nonvolatile.?* 21> 218231 Critjcally, IMD-AC can
transport NH3z against a total ammoniacal nitrogen concentration gradient, achieving uphill
transport.”* Additionally, Chapter 4 reports that operation with an acidic collector enhanced
ammonia vapor flux by an average of 46.5% compared to using a deionized water collector.”
Overall, the isothermal and acidic collector features of IMD-AC can, respectively, minimize
undesired permeation of water vapor, thus preventing undesired dilution in the collector and
reducing heat energy requirements, and eliminate Pc a, to maximize the driving force for ammonia
transport, Pra—Pc A, and enable uphill transport of ammoniacal nitrogen. For this reason, IMD-
AC, rather than CMD, operation is utilized in this study.
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Opportunities to Incorporate Bipolar Membrane Electrodialysis for Performance
Improvements. The performances of DD and IMD-AC for nutrient recovery are dependent on the
speciation of orthophosphates, H.PO,/HPO,*", in fresh urine and ammoniacal nitrogen,
NH4*/NHs, in hydrolyzed urine. For DD, the speciation of orthophosphate impacts the charge
density and ionic radius, which has implications for kinetics and selectivity over other anions. At
a pH = 6.75 (the mid-point of the typical fresh urine pH range),** 8% 92 % grthophosphate in fresh
urine (total orthophosphate, TOP = 30x10°3 mol/L) is present as ~75% H:PO,  and ~25%
HPQ,42~.4489.92.9 Changing the pH of the urine solution can drastically alter the predominance of
one orthophosphate valency over the other. For examples, increasing the pH of fresh urine above
the pKa2 of phosphate (7.2 for DD solution temperature of 20 °C) to 9.2, i.e., the high-end of
typical wastewater pH range,® 997 shifts the speciation of orthophosphate to *99% HPO4?, while
decreasing the pH to 6.0, i.e., the low-end of typical wastewater pH range,® 97 shifts the
speciation of orthophosphate to ~94% H>PO, . The role of pH and orthophosphate speciation on
DD performance has not been elucidated for solutions simulating the composition of major anions
in fresh urine (i.e., 30x10~° mol/L H,PO4~, 16x10°2 mol/L SO4>", and 100x10~% mol/L CI").
Therefore, it remains unclear which form of orthophosphate, H.PO4~ or HPO4?, is more favorable
for P recovery using DD. However, in DD with a monovalent ion permselective membrane
(MIPM), which is selective for transport of monovalent ions, such as H2PO4™, over multivalent
ions, such as SO4>~, presumably it is favorable for the urine stream pH to be less than pKaz, such

that monovalent H,PO4™ is the predominant orthophosphate.

For IMD-AC, NHzs(yg) is the favorable form of ammoniacal N in the feed solution because
ammonia is volatile and can vaporize and permeate across the hydrophobic microporous

membrane. Holding other conditions constant (operation temperatures, concentration of total
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ammoniacal nitrogen, and collector composition), the higher the fraction of total ammoniacal
nitrogen, TAN, present as NHs(ag), the higher the driving force for ammonia permeation, Pra—Pc a.
For hydrolyzed urine at 40 °C and pH = 8.8,%% °® ammoniacal nitrogen (TAN = 495x10~3 mol/L)
is present as ~50% NH," and ~50% NHs. Increasing the pH of hydrolyzed urine above the pK, of
ammonia (8.8 for IMD solution temperature of 40 °C)?*® to 10.5, for example, shifts the speciation
of ammoniacal nitrogen to 98% NH3, which can beneficially increase Pra—Pc.a. On the collector
side, NHg4* is the favorable form of ammoniacal N because ionic ammonium is nonvolatile?4 21>
218-231and does not contribute to Pca, which would decrease the driving force for ammonia

transport. For this reason, an low pH acidic collector solution was applied in Chapter 4 to enable

the transport of ammonia against a TAN concentration gradient.’

Controlling the pH of fresh urine, hydrolyzed urine, and the collector solution of MD can
potentially benefit DD and IMD-AC performance for P and N recovery, respectively. Acids and
bases can be dosed in the streams to strategically influence pH, but this contributes to additional
chemical and transportation costs. Utilizing waste chemicals, such as spent pickling brine
(effectively acetic acid), can mitigate some chemical costs, but still relies on the transportation of
these chemicals to the treatment site and can potentially introduce unwanted contaminants into the
system. Alternatively, acids and bases can be generated in situ using widely available, low-cost

salts or waste salts using bipolar membrane electrodialysis (BPM-ED).

Working principles of BPM-ED are detailed in literature!*® 269275 and briefly presented
here with a focus on acid and base production for application in DD and IMD-AC for nutrient
recovery from urine. BPM-ED is an emerging electrodialysis technique that leverages the electro-
dissociation of water within the interfacial layer of a bipolar membrane (BPM) to generate acids

and bases. A BPM is a polymeric thin film composed of a negatively charged cation-exchange
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layer and a positively charged anion-exchange layer. In a BPM-ED system, a cation exchange
membrane (CEM) and anion exchange membrane (AEM) are placed on either side of the BPM
(Figure D.1). MX salt solution(s) are sent to outer electrolyte channels that are in contact with the
CEM and AEM and a current is applied across the cell. The ionic current cannot be sustained from
ions in the bulk electrolyte solutions because X~ cannot pass through the negatively-charged layer
and M* cannot pass through the positively-charged layer of the BPM. To carry out the ionic
current, water is electro-dissociated into H* and OH™ at the interfacial layer, or bipolar junction,
inside the BPM, and H* and OH™ ions migrate to the acid and base chambers, respectively.
Electroneutrality in the acid and base chambers is maintained by X~ and M* ion migration from
the electrolyte solution(s) across the AEM and CEM, respectively. Redox reactions of H* = 0.5H>
and OH™ = 0.25 Oz + 0.5 H20 in the electrolyte solution(s) balance the loss of X~ and M* ions,
respectively. As a result, BPM-ED can simultaneously produce HX in the acid chamber and MOH

in the base chamber.

Acid and base generation in BPM-ED can be leveraged to favorably control the pH of the
urine feed in DD and the hydrolyzed urine feed and collector of IMD-AC. HX, here in this study
HCI, production within fresh urine will decrease the pH of the solution further shifting the
orthophosphate predominance to HoPO4~, which is presumably beneficial for DD with MIPM.
MOH, here in this study NaOH, production within hydrolyzed urine will increase the pH of the
solution shifting the ammoniacal nitrogen predominance to NHs, which will improve the driving
force for ammonia transport. At the same time, BPM-ED can produce an acidic stream, which can
be employed as the collector solution of IMD-AC, thereby replacing the need to supply and
transport acids to the treatment system. In this study, the acidic stream comprises H.SO4 for the

generation of an agueous ammonium sulfate solution as fertilizer.
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Figure 5.1 presents the integration of BPM-ED, DD, and IMD-AC for P and N recovery
from human urine. First;, BPM-ED is employed to decrease the pH of fresh urine. Next,
orthophosphate is separated from fresh urine in the DD step. The remaining urine is then stored
for ~2—7 d days to enable the hydrolysis of urea, CHsN.O, to form NHz and HCOs", thereby
generating hydrolyzed urine. A second BPM-ED cell is employed to simultaneously increase the
pH of hydrolyzed urine and generate a low pH acidic collector solution for IMD-AC. Finally, in
IMD-AC, NHz is separated from hydrolyzed urine and recovered in the acidic collector effluent.

The remaining hydrolyzed urine is discharged into the sewer.

Urine Diversion
Toilet

Hydrolyzed Urine, M
Fresh Urine, FU, HU, Xaa

NaClgq Na;SO4uq
Current
= +
+
cl- 4 soz-
lectrode Electrode |
. . Acidic Solution,
Chloride Fresh Urine, FU, Hydrolyzed U””e’l MD o H:SOue
Solution x
Feed
=
Recovered AEM HMM .N‘(‘
i Recovered
P Fertilizer '- . N Fertilizer

Discharge to
. sewer

z'—ﬂ}jq

Li3
€@
Ll
i3

Figure 5.1. Schematic of the integrated membrane technology approach of Donnan dialysis (DD) for
HxPO43™" recovery, isothermal membrane distillation (IMD) for NH3 recovery, and bipolar membrane
electrodialysis (BPM-ED) to strategically modify the pH of various streams. First, in a BPM-ED cell,
source-separated fresh urine, termed FUo, is directed to the acid chamber, salt solutions of choice are
directed to base chamber and electrolyte 1 chambers, and NaCl(aq) is directed to the electrolyte 2
chamber. A current is applied across the stack from the electrodes in contact with electrodes 1 and 2,

which are connected to positive and negative terminals of a power supply, respectively. Water is electro-
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dissociated into protons and hydroxide at the interfacial layer, or bipolar junction, and HCI can be
generated within the acid chamber, thereby decreasing the pH of fresh urine. The effluent of the BPM-
ED acid chamber, i.e., fresh urine + HCI, , termed FUx; is then directed to the feed solution to a Donnan
dialysis cell, while a salt solution comprising a high concentration of CI~ is supplied as the receiver
solution. In DD, CI™ ions, which are “driver ions”, transport down a concentration gradient from the
high concentration RS to low concentration FS. The DD anion exchange membrane prevents the
permeation of M* cations. Therefore, to maintain electroneutrality, HxPO4¢™" ions transport from FS
to RS, which enables HxPO4% " recovery in the receiver solution effluent of the DD cell. The FS
effluent of the DD step, i.e., the remaining fresh urine solution, is then directed to storage. In storage,
urea, CH4N2O, in urine hydrolyzes to form NHs; and HCO3™, thereby generating “hydrolyzed urine” ,
termed HUy. Then, in a second BPM-ED cell hydrolyzed urine is directed to the base chamber, the salt
solution of choice is directed to the acid chamber, and Na;SOx4 is directed to both electrolyte chambers.
NaOH is generated within the base chamber, thereby increasing the pH of hydrolyzed urine, while
H,S04 is simultaneously generated in the acid chamber. The effluent of the BPM-ED base chamber,
i.e., hydrolyzed urine + NaOH, termed HUx, and the effluent of the acid chamber, i.e., H2SO4 solution,
are directed as the feed and collector solutions, respectively, in membrane distillation. In the MD step,
NH3 from the feed solution is driven across a hydrophobic microporous membrane (HMM) and is
captured within the collector solution. The effluent of the MD feed stream is then discharged to a sewage

system.

5.3 Materials and Methods

Materials and Chemicals. A bipolar membrane electrodialysis cell and a Donnan dialysis cell
were fabricated using Mars Pro MSLA 3D Printer acquired from Elegoo (China). As demonstrated
in Figure D.1 of Appendix D the bipolar membrane electrodialysis cell consists of a Neosepta
CMB cation exchange membrane between the first electrolyte and base chambers, a Neosepta BP-
1E bipolar membrane between the base and acid chambers, and a Neosepta AHA anion exchange
membrane between the acid and second electrolyte chambers. All membranes were procured from
Ameridia Innovative Solutions (Napa, CA) and have an effective area of 12.56 cm?. Graphite

electrodes are placed between the CEM and first electrolyte channel and between the AEM and
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second electrolyte channel. The power is supplied by Agilent single output DC power supply

(UB002A, Santa Clara, CA).

A commercial, monovalent ion-selective AEM, the Selemion ASVN, was procured from
Asahi Glass Co. (Japan) and utilized in all Donnan dialysis experiments. The effective membrane
area in the Donnan dialysis cell was 9.0 cm? and the feed and collector solution volumes were both
40 mL. A commercial microporous hydrophobic polyvinylidene fluoride (PVDF) membrane of
0.22 um pore-size, GVHP14250, was acquired from MilliporeSigma (Burlington, MA) and

utilized for all membrane distillation experiments.

NazHPO4-7H20, NasPOs-12H,0, and NaCl salts were obtained from Alfa Aesar (Ward
Hill, MA). 85% H3PO4 solution, urea, CO(NH2)2, and NH4OH, Na>SOa, and NH4sHCOs salts were
provided by Fisher Scientific (Waltham, MA). KClI salt and 2.5 M H2SO4 solution were acquired
from Lab Chem (Zelienople, PA), and Titripur (St. Louis, MO), respectively. All chemicals are
ACS grade and were used as received. All solutions were prepared using deionized (DI) water

from a Milli-Q ultrapure water purification system (Millipore Co., Burlington, MA).

Bipolar Membrane Electrodialysis. BPM-ED experiments were operated in two modes:
the first to generate HCI in simulated fresh urine solution and the second to generate NaOH in
simulated hydrolyzed urine solution while simultaneously generating H2SO4 in the acid chamber.
Table 5.1 summarizes the BPM-ED operation conditions (mode, initial acid chamber solution,
initial base chamber solution, electrolytes, and current density) and target product solutions
generated from each operation. In the first mode, 100 mL simulated fresh urine at pH = 6.75
(24x10% mol/L NazHPO4-7H20, 6x107° mol/L NasPO4-12H,0, 40x10~3 mol/L NaCl, 60x1073
mol/L KCI and 16x1073 mol/L HzSO4, and 250x10~3 mol/L urea),** 8 %2 % termed FU,, was

directed to the acid chamber, 100 mL 0.4 M NaSO4 was directed to the base chamber, 200 mL

116



0.4 M NaxSO4 was directed to the first electrolyte chamber, and 200 mL 0.8 M NaCl was directed
to the second electrolyte chamber. The power supply was operated in constant current mode with
current set to 125.6 mA to achieve an applied current density of 10 mA/cm?. Every 5 minutes for
30 minutes the acid chamber pH was measured using a pH Meter (Orion Star, ThermoFisher
Scientific), and 100 uL samples were collected from the acid chamber. Cation and anion
concentrations of the acid chamber were analyzed using ion chromatography, IC (Dionex Aquion,

Thermo Fisher Scientific, Waltham, MA).

Table 5.1. BPM-ED experimental operating conditions and target solutions utilized in downstream
processes of Donnan dialysis and isothermal membrane distillation. Note mode 1 products are generated
at constant current density and varied duration, while mode 2 products are generated at varied current

density for a constant duration.

No. | Mode Initial Initial Initial Initial Applied | Duration Target
Acid Base First Second Current | (hours) Solutions
Chamber | Chamber | Electrolyte | Electrolyte | Density
(mA/cm?)
1 1 FUo 04 M 04 M 0.8 M 10 10 Acid
Na2SO4 Na2SO4 NaCl chamber:
FU. (DD
FS)
2 1 FUo 04 M 04 M 08M 10 15 Acid
NaS04 NazS04 NaCl Chamber:
FU. (DD
FS)
3 1 FUo 04 M 04 M 0.8 M 10 20 Acid
Na2SO4 Na2SO4 NaCl Chamber:
FU3 (DD
FS)
4 2 0.6 M HUo 04 M 04 M 20 4 Base
KCI NazSOs NazSO4 Chamber:
HU; and
Acid
Chamber:
AC: (IMD F
and C,
respectively)
5 2 0.6M HUo 04 M 04 M 40 4 Base
KCI NazS04 NazS04 Chamber:
HU2 (IMD
F)
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In the second mode, 100 mL simulated hydrolyzed urine at pH = 9.2 (6.56x10 2 mol/L
NazHPO4-7H20, 93.11x10°2 mol/L NaCl, 60x10~% mol/L KCI and 1.16x1073 mol/L H,SOs,
247.5x1073 mol/L NHsHCOs, and 247.5x1073 mol/L NH4OH),% % termed HU,, was directed to
the base chamber, 100 mL 0.6 M KCI was directed to the acid chamber, and 400 mL 0.4 M Na,SO4
was directed to both electrolyte chambers. Note that HUo simulates the composition of the urine
solution after the Donnan dialysis step is driven to Donnan equilibrium, which is predicted in
Chapter 3,28 and urea hydrolysis to 99% completion, which occurs after ~2—7 d of storage.®
The electrolyte solution was replenished with fresh solution every hour to maintain sufficient Na*
and SO4*~ concentrations for BPM-ED operation over time. The power supply was operated in
constant current mode with currents set to either 251.2 mA or 502.4 mA for current densities of
20 and 40 mA/cm?, respectively. Every 30 minutes for 6.0 hours, the acid and base chamber pH

was measured and 100 uL samples from the base and acid chambers were collected to determine

ion concentrations in each solution.

Orthophosphate Recovery with DD. Anion fluxes from urine feed solution (FS) to
product receiver solution (RS) were examined in Donnan dialysis Kinetic experiments. Fluxes were
determined from the rate of change of anion concentrations in the RS over 6.0 h. 175 pL samples
were collected from each solution and the anion concentrations were analyzed using IC. Water
transport across the AEM during the Kkinetic experiments was not observed and deemed to be
practically negligible. The change in moles of anion in the RS over time normalized by the
membrane area yields flux, Ji, where subscript i denotes orthophosphate, P, or sulfate, S. Relative

flux, Jp/Js, is defined as the flux of orthophosphate divided by the flux of sulfate.

To investigate the role of FS pH on orthophosphate flux and selectivity Jr and Js were

assessed in Donnan dialysis experiments using 600x10~2 mol/L NaCl RS and two urine feed
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solutions containing the same ion species at pH = 6.0 and 9.2. The low and high pHs reflect the
typical pH range of wastewater (low-end of fresh urine and high-end of hydrolyzed urine,
respectively) and respectively contain predominantly monovalent orthophosphate, H2PO,™, and
divalent orthophosphate, HPO,>~.44 8% 929 Both FS simulate the orthophosphate, sulfate, and
chloride concentrations in urine. FS at pH = 6.0 is composed of 24x10~2 mol/L Na;HPO4-7H0,
6x10"3 mol/L NazPO4-12H,0, 100x10~3 mol/L NaCl, and 16x10 2 mol/L H2SO4, and FS at pH =
9.2 is composed of 30x107° mol/L NazHPO4-7H,0, 100x10 2 mol/L NaCl, and 16x10~3 mol/L

Na2SO;.

Additionally, anion fluxes and relative fluxes were assessed using 600x10~3mol/L KCI RS
with FS of FUg and three FS simulating target streams from mode 1 BPM-ED operation (Table
5.1 No. 1-3). These FS are acid chamber effluents of BPM-ED mode 1 at a current density of 10
mA/cm? for 10, 15, and 20 minutes of operation, and are termed FU1, FU,, and FUs, respectively.
FUo simulates typical fresh urine at pH = 6.75, which is the midpoint of fresh urine pH,** 8. 92.9

while the other three FS are at lower pHs due to HCI production in the BPM-ED acid chamber.

Ammonia Recovery with IMD-AC. Ammonia and water vapor fluxes were evaluated in
isothermal membrane distillation (IMD) operation with three different feed solutions and DI water
collector solution. The feed solutions are HUg and two solutions simulating target streams from
BPM-ED mode 2 (Table 5.1 No. 4-5 F). These FS are base chamber effluents after four hours of
BPM-ED mode 2 at current densities of 20 mA/cm? and 40 mA/cm?, termed HU: and HU,,
respectively. HUq simulates typical hydrolyzed urine at pH = 9.2,% % while the other two solutions
are at higher pHs due to NaOH production in the BPM-ED base chamber. To investigate the
applicability of the low pH solution generated in the acid chamber during BPM-ED an additional

IMD experiment was conducted using HU: feed solution and an acidic collector solution, termed
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AC:. This solution simulates the acid chamber effluent after four hours of BPM-ED mode 2 at a
current density of 20 mA/cm? (Table 5.1 No. 4 C) diluted by a factor of 10. Note that the dilution

was necessary to avoid extremely low pH solutions that can damage the IMD system.

All experiments were conducted in a custom-built bench-scale MD unit. The volume of the
feed and collector solutions were approximately 2.0 L each and were circulated countercurrently
at crossflow velocities of 22.2 cm/s and 20.0 cm/s, respectively, across the active membrane area
of 19.0 cm? in a custom-built membrane cell. The operating temperatures for the feed and collector
solutions, Tr and Tc, respectively, were consistently 40 °C. Tr and Tc were regulated with heated
and refrigerated circulators (PolyScience, Warrington, PA), respectively, through heat exchangers.
Temperatures at the inlet and outlet of the membrane cell on the feed and collector sides were
monitored using thermocouples (Omega Engineering, Norwalk, CT), and the solutions within the

cells were maintained within 1.5 °C of the target temperature throughout all experimental runs.

Ammonia vapor flux was determined from the rate of change of total ammoniacal nitrogen
(TAN = NHs+NH4") in the collector stream. Four 1 mL samples were taken every 15 min, and
TAN concentrations were measured following the Indophenol blue method.?** Ammonia salicylate
and ammonia cyanurate reagent powder were added in excess to DI water-diluted samples and
analyzed using a calibrated colorimeter (ThermoFisher Scientific). The change in moles of
ammonia over time normalized by the membrane area yields Ja. Water flux was calculated as the
average rate of change in the feed and collector solution weights normalized by membrane area,
accounting for the transferred ammonia and evaporative loss from bulk solution tanks. The change
in weight of the feed and collector bulk solution tanks were automatically logged every 10 seconds

using digital microbalances (AX5202, Ohaus, Parsippany, NJ).
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5.4 Results and Discussion

Lower Urine pH is more Favorable for Orthophosphate Recovery using Donnan Dialysis
with Monovalent lon-Selective Membrane. To investigate the influence of solution pH and
HxPO4*™" speciation on DD for orthophosphate recovery, DD experiments were conducted using
an initial RS of 600x10~3 mol/L CI~ and two FS of fresh urine at pH = 6.0 and pH =9.2. Both
solutions simulate the composition of major anions in fresh urine (i.e., HxPO4 ™", SO4*~, and CI™
ion concentrations are 30 X103, 16 x1073, and 100 x10~3 mol/L). Figure 5.2 shows the fluxes of
orthophosphate and sulfate, Jr and Js, respectively, for DD operation with FS at pHs of 6.0 and
9.2. Jp is 78.6% higher with FS at pH = 6.0, where orthophosphate is predominantly H2PO4,
relative to FS at pH = 9.2, where orthophosphate is predominantly HPO4>". The ion-selective
coating on the ASVN membrane selects for monovalent ions, i.e., H:PO4 in FS at pH = 6.0, and
hinders the permeation of multivalent ions, i.e., HPO4*" in FS at pH = 9.2. Therefore, DD with
HxPO4 ™" as predominantly H,PO4~, which is the case in solutions at pH << pKa. of phosphate

(7.2 at 20°C), results in more favorable orthophosphate transport.
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Figure 5.2. Flux of orthophosphate, Jp, and flux of sulfate, Js, (patterned blue and orange columns,
respectively) in Donnan dialysis kinetic experiments with initial simulated urine feed solutions at pHs
of 6.0 and 9.2. Relative flux, Jp/Js is depicted above the blue columns. FS at pH = 6.0 is composed of
24x1072 mol/L NaHPO4-7H,0, 6x1073 mol/L NazPO4-12H,0, 100x1073 mol/L NaCl, and 16x10°2
mol/L H,SOs, and FS at pH = 9.2 is composed of 30x102 mol/L Na;HPO4-7H,0, 100x10 2 mol/L
NaCl, and 16x102 mol/L Na;SOa. All experiments were operated with 600x10~2 mol/L NaCl as the

receiver solution. Error bars indicate standard deviations of duplicate experiments.

Relative to DD with FS at pH of 9.2, operation with FS at pH of 6.0 resulted in 25.9%
lower Js. Because both HPO,® ™~ and SO4?" can transport from FS to RS to balance CI~ driver
ion transport in the opposite direction, HxPO4® ™~ and SO4* transport is competitive. Previous
studies®® 2% and analysis in Chapter 3 demonstrated that anions compete to sorb into an AEM,
and increased sorption of one anion is accompanied by decreased sorption of another. lon flux, J;,
is directly proportional to the concentration of species i in the membrane, therefore reducing the
sorption of i also decreases Ji. HxPO4® ™ sorption to a MIPM, which comprises a monovalent

ion-selective coating, is higher when monovalent H,PO.~, rather than multivalent HPO4*", is the
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predominant orthophosphate species. Therefore, HxPO4® " sorption to the AEM can be higher in
the solution of pH = 6.0 (H2PO4 ™ is predominant) compared to pH = 9.2 (HPO4*" is predominant).
Consequently, SO4>~ sorption may follow the opposite trend, i.e., SO4%~ sorption in FS of pH =
9.2 > FS of pH = 6.0. Because Js is directly proportional to SO4%~ concentration within the AEM,

lower Js is observed in DD with the FS of pH = 6.0.

It should be noted that initially we anticipated that DD with the two FS would yield
equivalent charge flux (meg/m?h) from the FS to RS, which is the sum of orthophosphate and
sulfate charge fluxes, i.e., (3—x)Jp + 2Js, to balance the flux of CI™ in the opposite direction. The
preliminary presumption was that the flux of CI~ from RS to FS would not be impacted by different
FS pH because the driving force for chloride transport, [Cl Jrs—[Cl ]es, is constant across both
operations. However, the driver ion concentration gradient, [CI"]rs—[CI ]rs, is not the only factor
influencing ion transport in DD. For example, the preceding paragraph highlights the implications

of differences in ion partitioning into the AEM on transport Kinetics.

Higher Jp and lower Js for DD with FS of pH = 6.0, yields increased relative flux, Jp/Js
(depicted above the blue columns in Figure 5.2) compared with FS of pH = 9.2. Importantly, in
operation with FS of pH = 6.0, Jp/Js>1 (i.e., Jp>Js), which indicates that the membrane
preferentially passes HoPO4~ over SO4%, while in operation with FS of pH = 9.2, Jp/Js<1 (i.e.,
Jp<Js), which indicates that the membrane preferentially passes SO4>~ over HPO4>". For the
purposes of orthophosphate recovery from urine, higher Jr and Jp/Js are more favorable. The
experimental results, which demonstrate improved Jp and Jp/Js with FS at pH = 6.0 compared to
9.2, suggest that it is advantageous for the FS to be at a lower pH where H2PO4™ is the predominant

form of orthophosphate. For this reason, this study explores the application of BPM-ED for the
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production of acids to decrease the pH of fresh urine, initially at 6.75, and increase the

predominance of HoPO4 ™, initially at =75%.

Bipolar Membrane Electrodialysis can Adjust the pH of Diverted Urine Streams.
BPM-ED experiments were operated in two modes. The first mode decreases the pH of fresh urine
by the generation of H* (with concomitant production of CI") in the urine solution. The second
mode increases the pH of hydrolyzed urine by the generation of OH™ (with concomitant production
of Na*) in the urine solution, while simultaneously producing a separate H>SO4 solution. The
effluent of the acid chamber of mode 1 is utilized downstream as the feed solution in DD for P
recovery, while the effluents of the base chamber and diluted acid chamber of mode 2 are utilized
downstream as the feed and collector solutions, respectively, in IMD-AC for N recovery. Note that
mode 1 also generates a NaOH solution in the base chamber; however, this solution is not utilized
in any downstream operations. Figure 5.3A shows experimental [H.PO4 ], [HPO4>], and pH of
the acid chamber (i.e., containing fresh urine solution + HCI generated) over time in mode 1. In
BPM-ED mode 1, water is electro-dissociated at the bipolar junction, and H* ions migrate toward
the acid chamber, which initially contains fresh urine, while CI™ ions from the NaCl electrolyte
solution transport across the AEM to the acid chamber to maintain electroneutrality. The
generation of HCI within fresh urine decreases the solution pH and increases the fraction of
orthophosphate present as H,PO4 . After 30 mins of operation at a current density of 10 mA/cm?,
the pH decreased from 6.75 to 3.01, the amount of orthophosphate present as H,PO4 ™ increased

from ~75% to ~100%, and the amount of orthophosphate present as HPO4>~ decreased from ~
25% to =~0%. The aim of BPM-ED mode 1 is to shift orthophosphate speciation toward the

predominance of monovalent HoPO4~ to benefit HPO,C ™ flux and selectivity over SO4* in

downstream DD.
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Figure 5.3. Concentration of key species (left vertical axis) of HPO4?~ and H2PO4~ (A), NHz and NH,*
(B), and H,SO4 (C), as well as pH (right vertical axis) of the product solution during BPM-ED operation

in different modes over time. In mode 1, the pH of the fresh urine solution is decreased by the generation
of HCI in the acid chamber (A). In mode 2, the pH of the hydrolyzed urine feed solution is increased by
the generation of NaOH in the base chamber (B), and at the same time H2SQz is generated in the acid
chamber (C). Here, BPM-ED modes 1 and 2 operate with respective current densities of 10 and 40

mA/cm?2.

Figure 5.3B shows [NHs], [NH4"], and pH of the base chamber (i.e., containing hydrolyzed
urine + NaOH generated) and Figure 5.3C shows the [H2SO4] and pH of the acid chamber over
time in mode 2. In BPM-ED mode 2, water is electro-dissociated at the bipolar junction and H*
ions migrate toward the acid chamber, while OH™ ions migrate toward the base chamber, which
initially contains hydrolyzed urine. Electroneutrality is maintained by the migration of SO4* ions
from the Na»SOs electrolyte across the AEM to the acid chamber and Na* from the electrolyte
across the CEM to the base chamber. The NaOH generation within hydrolyzed urine increases the
pH of the solution and increases the fraction of TAN present as NH3. After 4 h of operation at
current density 40 mA/cm?, the pH of hydrolyzed urine increased from 9.2 to 12.1, the amount of

TAN present as NH3 increased from ~50% to 99.9%, and the amount of TAN present as NH4*
decreased from ~50% to 0.1%. Note that the temperature of BPM-ED operation is 20°C, and the
pKa for ammonia at this temperature is 9.2. A higher current density and duration are applied in
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mode 2 than in mode 1 because the significant TAN and bicarbonate content in hydrolyzed urine
makes modifying the pH of hydrolyzed urine more difficult compared to fresh urine. The TAN
and bicarbonate species buffer the solution, such that a higher NaOH dose, which can be achieved
by increasing BPM-ED duration or current density, is needed to substantially alter the pH. An aim
of BPM-ED mode 2 is to shift the TAN speciation toward near-complete predominance of NH3 to

increase the driving force for ammonia transport, P a—Pc a, in downstream IMD-AC.

BPM-ED mode 2 simultaneously generates NaOH in the base chamber and H2SOa in the
acid chamber. Figure 5.3C shows [H2S0O.] and pH of the acid chamber over time. The pH of the
solution starkly decreases immediately upon BPM-ED operation because the initial solution in the
acid chamber, 0.6 M KClq), has a low buffering capacity. As a result, only a small H.SO4 dose is
needed to significantly impact pH. The resultant low pH solution can be applied as the acidic
collector in downstream IMD-AC to protonate NHs transported from the feed to NH4*, which
avoids a buildup of Pc a over time. To avoid extremely low pH, the final H>SO4 solution generated
in BPM-ED must be diluted prior to use as the acidic collector in IMD-AC. BPM-ED can generate
H*™ and OH" in situ to strategically modify solution pH, which can displace the requirement to

supply external acids and bases.

Urine pH can be Rationally Modified by BPM-ED to Enhance Productivity and
Selectivity in Donnan Dialysis Orthophosphate Recovery. DD experiments were conducted
using a constant RS of 600x10~3 mol/L KCI and four FS of fresh urine at pH = 6.75, termed FUj,
and acid chamber effluents of BPM-ED mode 1 at current density 10 mA/cm? for 10, 15, and 20
minutes of operation, which are termed FU;, FU,, and FUs3, respectively. Orthophosphate and
sulfate fluxes, Jp and Js, respectively, in each operation are shown in Figure 5.4A. Note that longer

BPM-ED operations generate more HCI, meaning solution pH progressively decreases, and the
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fraction of TOP present as HoPO4~ progressively increases during BPM-ED operation. As a result,
FUo, FU1, FU>, and FUs3 are of pHs of 6.5, 6.1, and 5.75, respectively, and contain respectively
75.0%, 86.3%, 93.3%, and 96.5% TOP as monovalent H.PO4". Jp increases from FUo to FU; (i.e.,
with 10 min BPM-ED duration), then decreases from FU; to FU> and to FU3 (i.e., with 15- and
20-min BPM-ED duration). As previously discussed, increased [H2POas Jrso benefits the
performance of DD with MIPM, which should drive higher Jp at longer BPM-ED operation (i.e.,
FUs>FU>>FU1>FUo). However, longer BPM-ED operations also increase [Cl ]rso, which can be
detrimental to orthophosphate transport.'>® 268 Higher chloride content in the FS decreases the
chloride concentration gradient, [Cl Jrs—[Cl ]rs, which lowers driving force for CI™ transport from

RS to FS and HxPO4® ™~ transport in the opposite direction. Using the method from Chapter 3,28

the driving force for Jp, A[HxPOsC™7] = [HxPO4C ¥ Jrs0—[HxPO4C ™ Jesys, defined as the
difference between initial and final (at Donnan equilibrium) TOP concentrations in the feed
solution, was predicted for DD with different chloride content in the FS. Specifically,
A[HxPO,8 77, which is the equivalent amount of orthophosphate ions that should transport from
FSto RS in DD, was predicted for DD with fresh urine containing [Cl ]eso = 100x10~°mol/L, i.e.,
the chloride content prior to BPM-ED, and with [Cl Jrso = 112.5x103 mol/L, i.e., the chloride
content in FU3 after 20 min BPM-ED operation. The result of the analysis was only a 1.6%
decrease in A[HxPO4®™] with the inclusion of additional CI~ in FS of FUs, despite 12.5% higher
[Cl Jrso. In this case, A[HxPO4® ] is not significantly impacted by the additional chloride

content in the FS because [Cl ]rsy, i.e., driver ion concentration in the RS, is still significantly

larger than [Cl ]rs,0.

However, additional CI™ ions in FU3 (and likewise FU; and FU>) can contribute to reduced

orthophosphate flux due to another mechanism. Monovalent CI™ ions can sorb into the MIPM,
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which hinders the ability for HxPO,® ™" ions to partition into the membrane. Higher [Cl Jes,o will
result in a more pronounced reduction in HxPO4® " sorption. Chapter 3 reported that competition
from CI~ sorption significantly lowers HxPO,® ™ sorption (e.g., 92.8% reduction in total
orthophosphate ions sorbed into a conventional AEM, Selemion AMV, upon the inclusion of
100x10~% mol/L in the urine matrix).?®® Because Jp is directly proportional to HxPO4@ ™"
concentration within the AEM, the decreased HxPO4° " sorption results in lower Jp. In the case
of the results presented in Chapter 3, Jr was reduced by 85.9% with the inclusion of CI™ ions in
the FS, demonstrating that the phenomenon of competitive ion sorption can significantly impair
orthophosphate transport. There is a tradeoff between beneficially higher [H2PO4] and
detrimentally higher [CI"] with longer BPM-ED operation. As a result of these competing factors,
Jr increases initially with operation of BPM-ED (i.e., 34.8% increase for 10 min operation prior
to DD, FU: in Figure 5.4A), but decreases thereafter with longer BPM-ED durations (i.e.,

FU>FU2>FUs).
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Figure 5.4. lon fluxes Jp and Js (A, patterned blue and organge columns, respectively), and relative
fluxes, Jp/Js (B, patterned blue column), in DD kinetic experiments with different feed solutions of FUo
(simulated fresh urine, pH = 6.75), FU; (simulated fresh urine + 6.25x10~2 mol/L HCI, pH = 6.5), FU,
(simulated fresh urine + 7.50x102 mol/L HCI, pH = 6.1), and FU5 (simulated fresh urine + 12.5x10°3
mol/L HCI, pH = 5.75). FUq is simulated fresh urine without BPM-ED operation, and FU;, FU>, and
FU; model the acid chamber effluents of BPM-ED operation mode 1 at current density 10 mA/cm? for
10, 15, and 20 minutes of operation, respectively. All DD experiments were operated with 600103
mol/L KCI as the receiver solution. Error bars indicate standard deviations of duplicate experiments.
Labels above select columns indicate the percent increase in Jp and Jp/Js relative to operation with FUq
FS.

The relationship between sulfate flux, Js, and DD FS is less clear. There is an initial slight
increase in Js with BPM-ED, i.e., operations at 10 and 15 min, which produce FU; and FUo,

followed by a decrease at 20 min, i.e., FUs. In the discussion accompanying Figure 5.2, the

129



mechanism of competitive HxPO,®™~ and SO4*" sorption and transport is provided. This factor
drove a lower Js with a higher Jp. However, the results of Figure 5.4A do not follow the same clear
trend. One point to consider is that there are less significant variations in Jp in the experiments
presented in Figure 5.4A (i.e., largest difference is 34.8%) compared to experiments in Figure 5.2
(i.e., difference of 78.6%) because pH differences in orthophosphate speciation are less
pronounced in the FS of Figure 5.4A (FUo, FU1, FU>, and FUs3) relative to Figure 5.2 (fresh urine
at pHs of 6.0 and 9.2). As a result, the relative differences in Js in DD with different FS are smaller
for the experiments in Figure 5.4A. Another factor to consider is the progressively higher CI™
concentration from FUop to FU1, FU>, and FU3 as more HCl is generated during BPM-ED operation.
Chloride content can present competition for both HxPO4® ™~ and SO4> ion sorption, which
consequently can hinder both HxPO4®™~ and SO4>" transport. This factor drives a decrease in Js
with longer BPM-ED operation, i.e., higher [Cl ]rs,0. However, these mechanisms do not explain
the slightly higher Js for DD with FU1 and FU; relative to the other FS of FUq and FU3. Future

studies can examine additional FS pH and chloride content to further explore this trend.

Figure 5.4B presents the relative flux of orthophosphate to sulfate, Jp/Js, in DD with each
FS. The competing factors that impact Jr and the multifaceted influences on Js result in a complex
JrlJs trend across the different FS. The highest Jp/Js was achieved in operation with FU; (i.e., 10
min BPM-ED operation at 10 mA/cm?), which resulted in 16.5% improvement on average from
operation with raw fresh urine, FUo (i.e., fresh urine without BPM-ED treatment). This operation
also resulted in the greatest improvement to orthophosphate flux of 34.8% relative to raw fresh
urine. BPM-ED can alter the pH of urine to facilitate higher P flux and selectivity, but the gains
are relatively small. Nevertheless, because high Jr and Jp/Js are advantageous for orthophosphate

recovery, subsequent sections employ the best performance operation with FU;.
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BPM-ED can Enhance Ammonia Transport in Membrane Distillation by
Purposefully Tuning the pH of Hydrolyzed Urine. As discussed in previous subsections, IMD
feed solution pH impacts TAN speciation between NHs and NH.", and thereby influencing
Pr.a—Pc.a, the driving force for ammonia transport. Figure 5.5A demonstrates [NHs], [NH4*], and
ammonia vapor pressure, Pe a, as dashed red, dashed blue, and solid green lines, respectively, in
hydrolyzed urine at various pHs with a constant concentration of TAN. Note that these calculations
consider a solution temperature of 40°C for IMD operation, which shifts the pH, pKa, and resultant
TAN speciation compared to solutions at 20°C. As pH increases, the fraction of TAN present as
NHjs increases and as NH4* decreases. At pH ~ 10.5, almost complete predominance of NH3 over
NH,4" is reached, and higher pH only marginally increases [NHz]. At constant [TAN] (as in Figure

5.5), higher solution pH beneficially increases Pk a.
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Figure 5.5. Concentration of ammoniacal nitrogen species of NHs, depicted as a dashed red line, and
NH.*, depicted as a dot-dashed blue line, (A, left vertical axis) and ammonia vapor pressure in the
solution, Pea, depicted as a solid green line (A right vertical axis), as a function of IMD initial feed
solution pH. Solid black columns designate solution pH, ammoniacal nitrogen speciation, and Pga of
the hydrolyzed urine solutions of HUy, HU;, and HU>, which are hydrolyzed urine without BPM-ED,
base chamber effluent of BPM-ED operation with hydrolyzed urine at a current density of 20 mA/cm?
for four hours (HUo + 335x103 mol/L NaOH), and base chamber effluent of BPM-ED operation with
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hydrolyzed urine at a current density of 40 mA/cm? for four hours (HUp + 527.5x10°2 mol/L NaOH),
respectively. Experimental ammonia vapor flux from feed to collector, Ja, versus ammonia vapor

pressure gradient across the membrane, Pea — Pc a, in operation with constant collector solution of DI

water and varied hydrolyzed urine feed solution pHs (B). Feed solutions HUg, HU;, and HU are
designated in text. An additional point depicts operation with feed solution HUq + 250x10~2 mol/L
NaOH. Note that the analysis considers the total ammoniacal nitrogen concentration in all hydrolyzed
urine solutions (495x1073 mol/L) and the membrane distillation operating temperature of 40°C.

Vertical black lines intersect [NHs], [NH4"], and Pg a for solutions of HUo, HU1, and HU»,
which respectively represent typical hydrolyzed urine and base chamber effluents of four hours of
mode 2 BPM-ED experiments at current densities of 20 mA/cm? and 40 mA/cm?. As discussed in
previous subsections, BPM-ED mode 2 operation generates NaOH in the base chamber to increase
the pH of hydrolyzed urine. Driving the pH of hydrolyzed urine from 8.9 (HUo) to ~9.8 (HU,)
with BPM-ED at 20 mA/cm? increases [NHs] and Pr.a by 66.3%. Doubling the BPM-ED current
density to 40 mA/cm? shifts the hydrolyzed urine pH to ~11.6 (HU,), yet only increases [NHs] and
Pra by 10.0% relative to HU1. Higher BPM-ED current density more significantly increases the
pH of hydrolyzed urine, but there are diminishing returns with respect to improving [NHz] and
Pra. In other words, increasing the pH beyond a certain point only marginally increases [NH3] and
results in negligible improvements to the driving force for ammonia transport. Another study
reported a “critical pH” where near complete predominance of NH3 is achieved and further NaOH

generation in BPM-ED does not increase [NH3].2%°

The driving force for ammonia transport in IMD, Pr a—Pc a is directly proportional to the
ammonia vapor pressure in the hydrolyzed urine feed solution, Pr a. Note that analysis in Chapter
4 and Appendix C demonstrates that the build-up of ammonia vapor pressure in the collector
solution, Pca, is marginal during the short experimental duration.’® Therefore, greater Pra,

achieved using BPM-ED is expected to increase Pra—Pca and enhance ammonia vapor flux in
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IMD. To experimentally demonstrate the relationship between Pga—Pca and ammonia flux, Ja,
IMD was operated at 40°C using DI water collector solution and various hydrolyzed urine
solutions (constant TAN = 495 x1073mol/L) at different pHs. The hydrolyzed urine solutions are
HUo (i.e., simulating hydrolyzed urine without BPM-ED operation; pH = 8.8), HU: (i.e.,
simulating hydrolyzed urine solution after 4 h BPM-ED operation at 20 mA/cm?, which generated
335%10*mol/L NaOH in solution; pH = 9.8), HU: (i.e., simulating hydrolyzed urine solution after
4 h BPM-ED operation at 40 mA/cm?, which generated 527.5x1073 mol/L NaOH in solution; pH
=11.7), and an additional solution of hydrolyzed urine + 250x10~3mol/L NaOH (pH = 9.5). Figure
5.5B presents Ja in IMD experiments versus the driving force for ammonia transport, Pra—Pc a,

in each operation.

Generally, Ja versus Pra—Pca follows an increasing linear trend in accordance with egn
(5.1) (i.e., an increase in driving force for ammonia transport, Pra—Pc, resulted in greater
ammonia flux). Note that the slope of Ja versus Pra—Pca (0.016 x10~2 mol m™2 h'! / Pa) is the
measured membrane vapor permeability coefficient, La. As demonstrated in Figure 5.5A,
increasing solution pH increases Pra and consequently improves the driving force for ammonia
permeation, Pra—Pca (with the constant condition of Pca ~ 0). As expected, Figure 5.5B
demonstrates that higher Pr a—Pc a improves experimentally measured NHz flux in IMD. BPM-
ED can generate NaOH to drive up the pH of the FS and consequently improve ammonia flux by
increasing Pra—Pc a. Greater NaOH concentration in the hydrolyzed urine solution, as in operation
with higher BPM-ED current densities (i.e., HU>>HU?3), can more significantly increase solution
pH, thereby driving a larger improvement in Ja. As a result, Ja is highest with FS containing 528
10~ mol/L NaOH, i.e., HU,, followed by 335x10~® mol/L NaOH, i.e., HU, then 250x103 mol/L

NaOH, and finally 0x10~3mol/L NaOH, i.e., HUo (no BPM-ED operation prior to IMD).
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Figure 5.6A demonstrates Ja in IMD with DI water collector and feeds of HUo, HU1, and
HUo., i.e., the same experiments presented in Figure 5.5B, (patterned red columns, left vertical
axis) as a function of BPM-ED current density. Employing BPM-ED at a current density of 20
mA/cm? prior to IMD operation, i.e., utilizing HU; in IMD, resulted in significant improvements
to Ja (138.0% increase) relative to operation without BPM-ED, i.e., HUo. As previously discussed,
BPM-ED generates NaOH in hydrolyzed urine, thereby increasing pH, which favorably enhances
Pra—Pc a, the driving force for NH3 permeation. However, shifting the current density of BPM-
ED to 40 mA/cm? resulted in diminishing returns on ammonia flux (i.e., minimal increase of only
4.5% relative to operation with HU1). There are a few factors that contribute to the diminishing
returns on ammonia flux with higher BPM-ED current density. First, current density is inversely
related to current efficiency, which is a measure of how effectively ions are transported across the
IEMs.?"™ 276 Therefore, BPM-ED operation at 40 mA/cm? has a lower current efficiency than
operation at 20 mA/cm?2. For this reason, operation at 40 mA/cm? generates less than double the
NaOH as 20 mA/cm? (i.e., HU, contains 527.5x1073 mol/L NaOH and HU; contains 335x10°3
mol/L NaOH). Second, as previously discussed, increasing the pH of hydrolyzed urine beyond a
certain pH results in only marginal increases in [NH3] and Pr a. The result is a larger increase in
the driving force for ammonia permeation, Pra—Pca, between operations with HU; (i.e., 20

mA/cm?) and HUo (i.e., 0 mA/cm?) compared to HU: (i.e., 40 mA/cm?) and HU;.
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Figure 5.6. NHs vapor flux, Ja, (A, left vertical axis, patterned red columns) and specific energy

consumption, SEC, of the BPM-ED step (A right vertical axis, patterned green columns) in isothermal
membrane distillation experiments with different initial hydrolyzed urine feed solutions of HUg, HU;,
and HU; as a function of BPM-ED current density. Solutions HUo, HU1, and HU; are hydrolyzed urine
without BPM-ED (i.e., current density = 0 mA/cmy), base chamber effluent of BPM-ED operation with
hydrolyzed urine at a current density of 20 mA/cm? for four hours, and base chamber effluent of BPM-
ED operation with hydrolyzed urine at a current density of 40 mA/cm? for four hours, respectively. The
text coinciding with the red arrow indicates the percent increase in Ja between operations. All collector
solutions are DI water unless otherwise specified as AC; (acidic collector). Ja in operation with HU;
and ACy, which is the acid chamber effluent in BPM-ED operation with 600x10 -2 mol/L KCl at a current

density of 20 mA/cm? diluted by a factor of 10, is depicted as patterned blue columns corresponding to

135



the left vertical axis. TAN recovery potentials in batch operations of isothermal membrane distillation
with various feed and collector solutions of equal volumes (B). Recovery potential is determined as the

maximum percent TAN from the initial feed solution captured in the collector before the NH3 vapor
pressure gradient across the membrane, Pra — Pca, is zero, i.e., when the driving force for NH3

transport ceases. In all operations, the isothermal operating temperature is 40°C. HUo, HU1, and HU;
are hydrolyzed urine without BPM-ED, base chamber effluent of BPM-ED operation with hydrolyzed
urine at a current density of 20 mA/cm? for four hours, and base chamber effluent of BPM-ED operation
with hydrolyzed urine at a current density of 40 mA/cm? for four hours, respectively. AC1 and AC; are
the acid chamber effluents of BPM-ED operation at 20 mA/cm? and 40 mA/cm?, respectively, both
diluted by a factor of 10.

In addition to ammonia flux, the specific energy consumption, SEC, is another key
performance metric. SECs, (kwh/m? acid and/or base produced) of 4 h BPM-ED mode 2 at current
densities of 20 mA/cm? and 40 mA/cm?, i.e., the operations that produce HU; and HU,
respectively, were calculated using eqn (5.2) (additional details on the methods for calculating

SEC are discussed in Appendix D.1).

1['U(t)d
sm:# (5.2)

where U is voltage across the stack, V is the volume of the base/acid solution produced (i.e.,
chamber volumes of 100 mL), and t is the duration of the experiment.?”® Note this equation

assumes a constant current density over time, which was applied in this study.

In this analysis, SEC is divided by the kg-nutrient captured in downstream DD and IMD-
AC operations, yielding SEC. This was accomplished by considering the SEC of the BPM-ED
step needed to support the treatment of a person’s urine per day. The assumptions in the analysis
are the volume of urine captured per day (=2L),** 8 9% \which is the volume sent to the acid and
base chambers in the BPM-ED step, and the amount of P and N excreted in this urine per day (0.93

and 14 g, respectively). Figure 5.6A demonstrates the SEC s of BPM-ED for productions of the
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different hydrolyzed urine feed streams of HUo, HU1, and HU> (patterned green columns, right

vertical axis). Note that because HUo is raw hydrolyzed urine without BPM-ED, the SEC for the

BPM-ED step is zero.

There is a tradeoff between improvements in Ja and higher SEC with increasing current
density. Applying a higher current, I, in BPM-ED generates more NaOH, which enhances
ammonia flux in downstream IMD operation as previously discussed, but it also demands more

electrical energy.?”® Figure 5.6A demonstrates that operation at 40 mA/cm2 results in

approximately 4x higher SEC relative to operation with 20 mA/cm?. The inherent tradeoff
between faster kinetics for acid/base production and the higher energy consumption is discussed

in previous studies.?’> 2 Eqn (5.2) shows that SEC is proportional to the applied current in the
operation. In Figure 5.6A, the SEC is 4x higher with only a 2x increase in current density (i.e.,
from 20 to 40 mA/cm?) because SEC is also proportional to voltage, where voltage is 1.9 higher

at 40 mA/cm?, See the Appendix D.1 for more information on the prediction of voltage and SEC

in each operation.

BPM-ED can Improve Ammonia Recovery in Membrane Distillation by Generation
of an Acidic Collector. BPM-ED mode 2 generates NaOH in the base chamber, which produces
hydrolyzed urine solutions of HU; and HU>, while simultaneously generating H2SO4 in the acid
chamber. This H2SO4 solution can be employed as the acidic collector in IMD-AC for N recovery.
IMD-AC experiments were conducted using HU; feed solution and AC: collector solution, which
are the base and acid chamber effluents, respectively, of BPM-ED mode 2 operation at 20 mA/cm?
for 4 h. Figure 5.6A shows Ja in IMD-AC with HU; feed and AC; collector (patterned blue

column, left vertical axis). Employing AC: did not significantly impact Ja relative to operation
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with DI water collector (i.e., >2% difference between the operations). This is a different finding
than that of Chapter 4, which reported that using an acidic collector (comprising acetic acid)
improved Ja relative to operation with DI water collector.” In Chapter 4, it was postulated that
ammonia dissolution into a neutral pH collector is slower than ammonia permeation, resulting in
elevated interfacial Pca and decreased driving force for ammonia flux, Pra—Pca. That study
postulated that applying an acidic collector can mitigate this kinetic limitation of ammonia

dissolution and prevents the build-up of interfacial Pc a, thereby improving ammonia flux.”

There are a number of key differences between the two studies that may contribute to this
discrepancy. First, the current study simulates all major ion concentrations in raw hydrolyzed
urine, while Chapter 4 employed a simpler hydrolyzed urine solution simulating the TAN and
bicarbonate concentrations. Second, the current study employs an acidic collector with H2SOg, i.e.,
a strong acid, at a concentration = 22 x10*mol/L, while work in Chapter 4 utilized an acetic acid,
i.e., a weak acid, solution of 100 x10~3mol/L. Third, the current study uses HU1, which includes
335x10~3 mol/L NaOH and has a pH ~ 9.8 at 40°C, while work in Chapter 4 utilized a hydrolyzed
urine feed solution without NaOH and a pH ~ 8.8 at the same temperature. As discussed in
preceding paragraphs, higher feed pH results in higher Pra; in these cases, there is a 66.4%
increase in Pr a for this study relative to the previous. As a result, it is possible that Pc a contributes
less significantly toward Pra—Pc a in this study. However, future studies need to further examine

how Pc a is influenced by ammonia vapor permeation and collector solution pH.

Ammonia recovery potential, i.e., the amount of TAN from the feed that can be recovered
in the receiver, is another key performance metric. Analysis was conducted to predict ammonia
recovery potential with different feed and collector combinations of: HUp and DI water, HU: and

DI water, HU; and AC; (i.e., the base and acid chamber effluents, respectively, of 4 h BPM-ED
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mode 2 operation at 20 mA/cm?), HU and DI water, and HU2 and AC: (i.e., the base and acid
chamber effluents, respectively, of 4 h BPM-ED mode 2 operation at 40 mA/cm?) and is presented
in Figure 5.6B. Recovery potential is determined as the maximum percent of TAN from the initial
feed solution captured in the collector before the NHs vapor pressure gradient across the
membrane, Pra— Pca, IS zero, i.e., when the driving force for NH3 transport ceases. BPM-ED
operation at higher current densities increases Pk a, which enables more ammonia recovery in the
collector solution prior to Pra = Pc a. For example, ammonia recovery potential is 132.7% higher
with current density of 20 mA/cm? (HU1) relative to no BPM-ED operation (HUq) and with DI
water collector solutions in both scenarios. As observed with ammonia flux, increasing the current
density from 20 to 40 mA/cm? results in diminishing returns; for recovery potential only 6.4%

higher is predicted in operations with HU> relative to HU; and using constant collector of DI water.

Introducing the acidic collectors generated in the acid chamber of BPM-ED (i.e., AC: and
AC; for current densities of 20 and 40 mA/cm?, respectively) to IMD operation significantly
improves ammonia recovery potential. Over 90% ammonia recovery potential was determined for
operations with HU1/AC; and HU./AC: (i.e., utilizing both the base and acid chamber effluents of
4 h BPM-ED mode 2 operation at 20 and 40 mA/cm?, respectively). Critically, <50% TAN
recovery potential can be achieved in batch IMD operation with equal feed and collector volumes
without the use of an acidic collector. Operation of IMD with DI water collector elevates Pca over
time as NHs transports from feed to collector. For DI water collectors, the pH increases above the
pKa of ammonia, meaning NHz is the predominant form of ammoniacal nitrogen in DI water
collectors. The driving force for ammonia permeation will cease when Pg a = Pc a, which occurs
if 50% NHs transports to the collector and remains predominantly NHz in the collector. As

discussed in a previous section, an acidic collector can maintain pH < pKa of ammonia to protonate
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NHj3 transported from the feed to NH4*, which is nonvolatile. ® 17252 As a result, Pc a increases

to a lesser extent, which enables more ammonia recovery before Pra = Pca.

Operation with HU2/AC, (i.e., 40 mA/cm? current density) resulted in 8.3% higher
ammonia recovery potential than operation with HU1/AC1 (i.e., 20 mA/cm? current density). This
increase is in part due to the aforementioned factor driving higher Pr a at increased current density.
Additionally, higher BPM-ED current densities produce higher acid concentrations in the same
timeframe, i.e., more H2SO4 in AC, compared to AC1. As a result, AC2 has a higher buffering
capacity than AC1, so more NHs transport is required to drive pH > pK, and shift predominance
from NH4" to NHs. This enables lower Pc A at the same TAN recovery and ultimately higher

ammonia recovery before Pra = Pc .

Importantly, the application of acidic collector does not increase the SEC relative to
operation with DI water collector because BPM-ED operation generates these streams in the acid
chamber during the same operations that HU; and HU> are produced, i.e., both the base and acid
chamber effluents of BPM-ED are put to use in the IMD step. For this reason, it may be
advantageous to utilize the acid chamber effluent of BPM-ED as an acidic collector in IMD to
enhance ammonia recovery potential, demonstrated in Figure 5.6B, even though Figure 5.6A

demonstrates that the operation may not benefit kinetics.

Energy Consumption of the BPM-ED, DD, and IMD Integrated Membrane Process
for Nutrient Recovery is Competitive with Linear Economy Approaches. The membrane
techniques applied for P and N recovery of BPM-ED, DD, and IMD require chemical and energy
inputs for operation. The following analysis presents the specific energy requirements for each
nutrient recovery technology normalized by mol-nutrient recovered. Note that chemical inputs can
contribute significantly to the operating costs and environmental footprint of a system and can be
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considered in future analysis, but are not considered in this analysis. Similarly, pumping costs and
module-scale effects are neglected in this analysis because these are dependent on system-specific

conditions.

First, for P recovery, the BPM-ED step requires electric energy to supply the current that
is applied across the cell.?6*27> For the DD step, an electrochemical potential gradient setup by a
high concentration of chloride ions in the RS drives orthophosphate transport from FS to RS and

an external electric source is not required to drive the exchange of driver and target ions. For P

recovery, the sum of SECs for 10 min BPM-ED at 10 mA/cm? for HCI generation in fresh urine
(i.e., FUy stream) and DD is presented (termed BPM-ED + DD) in Figure 5.7. For comparisons,
Figure 5.7 also presents the ranges in energy requirements for the conventional methods for P
fertilizer production and P removal at WWTPs (i.e., the linear economy approach) of phosphate

rock mining and enhanced biological phosphate removal (EBPR)?’, respectively.
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Figure 5.7. Specific energy consumption, SEC, (MJ/mol-P or N) for nutrient recovery technologies is

depicted as patterned red columns. For orthophosphate recovery, SEC for the combined bipolar

membrane electrodialysis (BPM-ED) operation at current density 10 mA/cm? for 10 minutes (i.e.,

production of FU; stream) and Donnan dialysis (DD) technology is shown. For nitrogen recovery, SEC
s for isothermal membrane distillation with acidic collector (IMD-AC), BPM-ED operation at current
density 20 mA/cm? for four hours (i.e., production of HU; and AC; streams), and the combined BPM-
ED + IMD-AC technologies are shown. Note that the calculations do not include the chemical energies
from the chemicals that are supplied to the systems. For comparison, the range in practical energy
requirements for production of nutrients by conventional methods, i.e., phosphate rock mining (P-
mining) and nitrogen fixation by the Haber-Bosch process, are depicted as green-shaded regions.
Additionally, the range in energy requirements for conventional nutrient removal processes at
wastewater treatment plants of enhanced biological phosphate removal (EBPR)?’” and nitrification-

denitrification (N-dN), are depicted as violet shaded regions.

The SEC for combined BPM-ED + DD for P recovery (where only the BPM-ED process

contributes to SEC) can be below the practical energy requirements of EBPR for P removal and
within the range for P mining. Note that P recovery closes the nutrient loop, enabling both

production and removal. When compared against the sum of the practical energy requirements of

the linear P economy (i.e., P mining and EBPR), the SEC of BPM-ED + DD is 53.3-82.7% lower.
Techno-economic assessments are needed to gauge the complete energy requirements for a BPM-
ED + DD system (i.e., including pumping costs and module scale effects) as well as material and
chemical costs. Additional assessments can evaluate the benefits and costs of employing BPM-ED
prior to DD compared to DD alone. Such analysis can consider the benefits of improved
orthophosphate transport and selectivity, which can decrease the membrane area required for the
same orthophosphate productivity and increase the orthophosphate recovery potential,

respectively, at the cost of capital requirements and electrical energy use for the BPM-ED system.
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Next, for N recovery, SECs of IMD-AC, BPM-ED, and combined BPM-ED + IMD are
determined. In IMD-AC, thermal energy is required for the vaporization of components that can
transport across the membrane, which are NHs and H20 in this study. Convective heat flux of

species i is the product of the vaporization enthalpy, AHi, and the flux, Ji, and the total convective
heat flux is the sum of the individual components, i.e., > AH,J; 2'? To determine the SEC of the
IMD step, > AH,J; is divided by Ja to yield energy consumption per mole of ammonia recovered.
Note that the method for determining thermal energy requirements IMD is further detailed in
Chapter 4 and Appendix C.”* Figure 5.7 presents the SECof the IMD-AC technique. For
comparisons, Figure 5.7 also presents the ranges in energy requirements for the conventional

methods for N fertilizer production and N removal at WWTPs (i.e., the linear economy approach)

of Haber-Bosch for N fixation and nitrification-denitrification (N-dN) 43 183185 regpectively.

The SEC for IMD-AC for N recovery can be below the energy requirements for N
production via conventional means of the Haber-Bosch process as well as N removal by
conventional means of nitrification-denitrification. However, IMD-AC without BPM-ED employs
an acidic collector supplied by external chemicals, which can contribute to operating costs. An
alternative N recovery technique examined in this study is first employing BPM-ED at 20 mA/cm?
for production of acids/bases in situ to generate HU1 (i.e., higher pH hydrolyzed urine) and AC:

(acidic collector stream), which are then utilized in downstream IMD process for N recovery.

Figure 5.7 presents the SEC of the BPM-ED step as well as the combined technique of BPM-ED

+ IMD.

The SEC of BPM-ED process for the production of HU:1 and AC: (in the N recovery

technique) is =5x that of the BPM-ED process for the production of FU; (in the P recovery
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technique). As previously discussed, hydrolyzed urine has a higher buffering capacity than fresh
urine, and as a result requires more acid or base to alter pH. Therefore, higher current density and
duration are required for the production of enough base to reach the desired pH of HU; relative to

the acid required to reach the desired pH of FU1. Consequently, the BPM-ED step in the N recovery

technigue has a higher SEC than the BPM-ED step of the P recovery technique.

Applying the BPM-ED technique prior to IMD (i.e., the combined BPM-ED + IMD
technique for N recovery) does introduce considerable energy consumption of 38.1% increase
relative to IMD-AC alone. However, using BPM-ED generates AC1, which replaces the need for
supplemental chemicals as the acidic collector, and simultaneously increases the pH of hydrolyzed
urine to improve ammonia flux. Furthermore, BPM-ED + IMD achieves higher ammonia fluxes
than IMD-AC alone, which decreases the membrane area required for the same productivity of
ammonia transport. Techno-economic assessments can evaluate the benefits and costs of

employing BPM-ED prior to IMD compared to IMD alone.

Despite higher SEC relative to IMD-AC only, the combined BPM-ED and IMD-AC

technique for N recovery are still 31.8-59.1% lower than the practical energy needed for the

Haber-Bosch process for N production. The SEC for the N recovery technique is, however, higher
than the practical energies for nitrification-denitrification. Note that the technology performs both
tasks of removing N as a contaminant and producing a valuable fertilizer. A comparison of the
sum of the linear N economy, i.e., Haber Bosch + nitrification-denitrification (53.6—92.9 MJ/mol-
N), and the BPM-ED + IMD-AC technique demonstrates that the SEC of the N recovery approach

is 45.5—68.6% lower than the practical energy of the linear N economy.
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5.5 Implications

Closing the nutrient loop by capturing P and N from waste streams can reduce nutrient
emissions to aquatic environments and help prevent harmful algal blooms. At the same time,
recovering these nutrients as value-added fertilizer products can lessen the reliance on the
conventional methods for fertilizer production, P mining and N fixation by the Haber-Bosch
process, which are currently practiced at unsustainable levels. High concentrations of
orthophosphate, HxPO4® ™", and ammonia, NHs, in fresh and hydrolyzed urine, respectively, offer
opportunities for recovery using DD and IMD, respectively. This study elucidated the role of
solution pH and nutrient speciation (H2PO4 /HPO,>~ and NHs*/NHs) on DD and IMD
performance. For DD with a monovalent ion-selective membrane, orthophosphate flux and
selectivity are improved with feed pH<<pKa. of phosphate in which the predominant
orthophosphate species is monovalent H,PO4 ", which is preferentially passed by the monovalent
ion-selective membrane. For IMD, ammonia flux and recovery are improved with feed pH>>pKa,
of ammonia where the predominant ammoniacal N species is NH3, which is volatile and can
transport across the hydrophobic microporous membrane. BPM-ED is a technique for acid/base
production in situ and was employed here to strategically control the pHs of various solutions for
the benefit of DD and IMD performances. BPM-ED can leverage low-cost/waste resources of salt
solutions to provide electrolyte for acid/base production, which can benefit the economic

feasibility of the approach.

Orthophosphate flux and selectivity in DD with a MIPM can be enhanced by first
employing BPM-ED for HCI production to decrease the pH of fresh urine. However, this study
found that high doses of HCI can detrimentally impact orthophosphate flux by increasing the

chloride sorption to the AEM, which consequently hinders the sorption and transport of
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orthophosphate. Furthermore, generating higher amount of HCI in BPM-ED either through

increased duration, as in this study, or with higher current density will increase the SEC of the
BPM-ED step. Crucially, the specific energy consumption for P recovery with BPM-ED + DD

performance can be lower than the practical energy of P removal at centralized WWTP by EBPR,

the primary advanced P removal technique. The SEC of BPM-ED + DD is also comparable to

practical energies of P-mining, the primary P fertilizer production method. Furthermore, P

recovery both removes P as a contaminant and produces P fertilizer, therefore the SEC should be

compared against the sum of EBPR and P-mining, i.e., the linear P economy. Importantly, the

SEC for P recovery by BPM-ED + DD is 53.3—-82.7% lower than the sum of the practical energies

of the linear economy approach to P management.

Ammonia flux and recovery potential in IMD can be improved by first employing BPM-
ED to generate NaOH and increase the pH of hydrolyzed urine. In a solution of sufficiently high
pH, ammoniacal nitrogen is predominantly NHs, which is a volatile form of N and can transport
across the hydrophobic microporous membrane used in MD. Higher BPM-ED current densities
more significantly increase hydrolyzed urine pH, which drives higher fraction of TAN as NHz and
beneficially improves the driving force for ammonia transport, Pra—Pca. However, the study
observed diminishing returns in both flux and recovery potential with higher operating current
densities in BPM-ED. Beyond a certain pH only a slight increase in Pr a is predicted and as a result

improvements to ammonia flux and recovery are minimal. Furthermore, operation at higher BPM-

ED current densities has a larger SEC.

BPM-ED simultaneously generates an acidic solution (i.e., in the same operation that

NaOH is produced) that can be employed as the acidic collector solution in IMD. An acidic
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solution protonates the NH3 transported over to the collector to NH4*, which beneficially enables
uphill transport of TAN and improves N recovery potential. Importantly, employing the acidic
solution produced in BPM-ED as the collector of IMD can enable N recoveries up to 99.9%,
whereas the maximum N recovery without an acidic collector is 50%. In this study, H2SOa4(aq) was
strategically generated in the BPM-ED step to enable the recovery of N as ammonium sulfate
fertilizer solution in the IMD step. Thoughtful selection of the electrolyte solution in the BPM-ED
step enables flexibility in tailoring the water chemistry and desired profile of the recovered N

fertilizer. The improvements in NHs flux and N recovery potential realized with the integration of
BPM-ED and IMD-AC relative to IMD-AC alone are at the cost of 38.1% higher SEC.

Nevertheless, the SEC for BPM-ED + IMD-AC is 31.8-59.1% lower than the practical energy

needed in the conventional approach to N fertilizer production in the linear nutrient economy, the

Haber-Bosch process. The SEC is, however, higher than the practical energy of the conventional
approach to N removal from wastewater in the N economy, nitrification-denitrification.

Importantly, in a comparison against the practical energy requirement of the linear N economy

(i.e., the sum of Haber-Bosch and nitrification-denitrification), the SEC of BPM-ED + IMD-AC

is 45.5-68.6% lower.

Future techno-economic assessments are needed to quantify the practical energy
requirements, chemical costs, and capital costs of the integrated approach of BPM-ED + DD and
BPM-ED + IMD to predict the overall expenditure in comparison to the linear economy methods.
However, the integrated membrane approach does offer initial promise as a cost-competitive and
environmentally-sensible technique for nutrient removal and recovery from source-separated
urine. The economic viability of the technique can be further enhanced by employing low-
cost/waste resources, such as seawater, desalination brine, and wastewater softening regenerant
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rinse, as the electrolyte in BPM-ED and as the receiver solution in DD. Similarly, waste thermal

energy can be supplied to drive NH3 transport in the IMD step.

Additional techno-economic assessments can examine the costs and benefits of different
BPM-ED configurations (duration prior to DD or IMD and current density) to optimize the overall
expenditure and fertilizer revenue. One notable aspect to consider is the tradeoff between higher
nutrient fluxes, which decreases membrane area needed for the same productivity of recovery, at
the cost of higher electricity consumption in the BPM-ED step. Additionally, the differences in
overall expenditure and life-cycle environmental impacts for BPM-ED compared with external
acid/base addition, which requires chemicals and energy inputs for production and transportation,
for pH control can be assessed. One benefit of BPM-ED for acid/base production is the autonomy
of the approach, which can be particularly beneficial if nutrient recovery is applied on a small-
scale decentralized level. In contrast, external acid/base addition has added logistical concerns

associated with transportation and safety.

The insights from this study are broadly applicable to other BPM-ED, DD, and MD
systems. The study demonstrated that BPM-ED can be applied to strategically control the pH of
fresh and hydrolyzed urine, which can have extended applications to other nutrient recovery
approaches. For example, mineral precipitation of N and/or P fertilizers can be favored in certain
pH ranges; BPM-ED can be used in place of external acid/base addition to drive the desired mineral
precipitation. The study demonstrated that monovalent ion transport in DD with MIPM can be
enhanced by strategically decreasing feed pH using BPM-ED. A similar approach can be
considered when multivalent species are present together with target ions that are monovalent at
certain pH ranges. An environmentally relevant example is NH4* recovery from wastewater.

Additionally, this study elucidated the impacts of MD feed and collector pHs on the transport of
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compounds that speciate between volatile and nonvolatile forms at different pHs. An
environmentally relevant example is H.S (volatile as H2S and nonvolatile as HS™) removal from

domestic or industrial wastewaters.

149



Chapter 6: Evaluation of Costs and Benefits of Nutrient Recovery in

Onsite Wastewater Management
Chapter Abstract

The high concentrations of orthophosphate and ammonia in diverted human urine present
significant opportunities for nutrient capture. Membrane-based processes have shown potential to
recover the nutrients cost-effectively. In particular, Donnan dialysis (DD) for P recovery and
membrane distillation (MD) for N recovery have demonstrated promising performance in terms of
flux, selectivity, and recovery potential. In this study, the economic costs and benefits of building-
scale onsite nutrient recovery using DD and MD are evaluated. The results of this analysis suggest
a >70% reduction in operating costs by leveraging widely-available sources of recycled chemicals
and recovered thermal energy. The primary capital expenditures are due to urine diversion toilets
and additional piping for source-separation. Overall, the assessment predicts a total capital
expenditure (CAPEX) of $419K (annualized cost of $27K over 30 years) and operating cost of
$2.7K/year for the production of 360 and 2700 kg-P and N-fertilizer/year, respectively. The
predicted revenue from the fertilizer production is $6.6K/year, which alone is not enough to cover
the capital and operating expenditures of the system. However, the analysis presents a preliminary
estimate of $41K/year savings at downstream wastewater treatment plants, through avoided inputs
for nutrient removal, achievable through onsite nutrient recovery. If downstream savings in
wastewater treatment can be realized as an additional revenue source, potentially through policy
incentives, then the modeled onsite urine diversion and nutrient recovery system can achieve
nearly $19K/year of net profit. Finally, the study considers an integration of onsite non-potable
water reuse, thermal energy recovery, and nutrient recovery at a building modeling the

specifications of the Solaire and predicts approximately $23K/year net profit.
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6.1 Introduction
As highlighted in previous chapters, the linear economy model to nutrient management where
fertilizer is produced at immense energy costs and downstream nutrient waste is removed from
wastewater at additional cost is inefficient. A more sustainable approach is the circular nutrient
economy where P and N are captured from wastewater and utilized as fertilizer feedstock. Closing
the nutrient loop enables simultaneous removal and capture of P and N preventing nutrient

pollution and lessening the reliance on industrial fertilizer production. 2°

Analysis in chapter 2 demonstrates that the theoretical minimum energy cost for nutrient
recovery, governed by thermodynamic principles, is substantial lower for nutrient-rich waste
streams compared to diluted wastewaters.'3* Chapter 2 reports >10% and >40% reductions in the
theoretical energy cost for P and N recovery from fresh and hydrolyzed urine, respectively,
compared to diluted treated wastewater effluent.’3* Note that the primary form of N in fresh urine
is urea, CHsN20, which hydrolyzes to bicarbonate and bioavailable ammoniacal N, forming
hydrolyzed urine, during ~2—7 days of storage.?®*® Mineral precipitation of slow-release fertilizers
in urine is a promising nutrient recovery meethod.57: 68 7289, 90,114, 115,135 yawever, the technique
incurs contamination risks from opportunistic pathogens, endocrine disrupting compounds, and
pharmaceuticals.’**141 Membrane techniques offer a barrier that can separate desired P and N
species and retain contaminants of concern.’8”-1"2 Chapter 3 and 47* 268 have demonstrated the
promising potential of membrane-based processes of Donnan dialysis and membrane distillation
for orthophosphate, HxPO4©® ", and ammonia, NHs, recovery, respectively, from urine. However,
for the methods to be feasible and widely-adopted, they must be economically viable. A paradigm

shift from the existing wastewater infrastructure to urine diversion and nutrient recovery will
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require capital investment and additional expenditures on chemical/energy/material inputs that

need to be considered.

In this study, the economic costs and benefits of onsite nutrient recovery in a model
residential building are assessed. First, the methods of Donnan dialysis for P recovery and
membrane distillation for N recovery are described and the nutrient recovery infrastructure is
detailed. Then, the capital expenditures of the nutrient recovery system are quantified and key
contributors to cost are highlighted. Operating expenditures for Donnan dialysis and membrane
distillation are determined and opportunities to employ recycled chemicals and recovered thermal
energy to reduce these costs are explored. Next, nutrient recovery revenue is predicted from
fertilizer prices and estimated savings in nutrient removal costs at downstream centralized
wastewater treatment. Capital costs, operating costs, revenue, and net profits are predicted for a
residential nutrient recovery system and a workplace nutrient recovery system of equivalent
occupancy. Additionally, the analysis presents the costs, revenue, and profits for onsite wastewater
management systems of 1. non-potable water reuse, 2. non-potable water reuse and thermal energy
recovery, and 3. non-potable water reuse, thermal energy recovery, and nutrient recovery. Finally,
the economic and environmental implications of the onsite wastewater management systems are

discussed and directions for future analysis are offered.

6.2 Description of Onsite Nutrient Recovery

This work examines the economic costs and benefits of implementing an onsite nutrient recovery
system into a residential building. For the analysis, a building with equivalent capacity and
specifications as the Solaire in New York City (NYC) will be considered, but the general method
can be broadly extended to other premises. The Solaire was selected as a model building for this

analysis because it presents a typical residential capacity for a high-density NYC apartment
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complex and its existing sustainability initiatives have earned Leadership in Energy and
Environmental Design (LEED) Gold certifications. For examples, the building has photovoltaic
cells that generate electricity, energy efficient appliances, a non-potable water treatment and reuse
system, and a thermal energy recovery unit for water heating. Like the proposed onsite nutrient
recovery from human urine, the water reuse and thermal energy recovery units at the Solaire are
systems of decentralized wastewater management. For this reason, this work examines the costs
and benefits of the integration of all three features (i.e., non-potable water reuse, thermal energy

recovery, and nutrient recovery) as onsite wastewater management.

In this model for onsite recovery of nutrients from human urine, two membrane-based
techniques are utilized: Donnan dialysis (DD) for P recovery (introduced in Chapter 3) and
membrane distillation (MD) for N recovery (introduced in Chapter 4). The working principles of
DD are detailed in literature and Chapter 3142-144 146-148, 151154 anq are briefly explained here with
a focus on orthophosphate recovery from diverted urine. In the proposed configuration of DD,
fresh urine is the feed solution and a salt solution of high chloride content is the receiver solution.
The flux of driver ions, in this study CI~, across and anion exchange membrane (AEM), from the
high concentration receiver solution to the low concentration feed solution set up an
electrochemical potential to drive the transport of target orthophosphate, HxPO4®™", ions in the
opposite direction.142144. 146148 Ag gch, orthophosphate is recovered in the receiver solution as P

fertilizer product.

Likewise, the working principles of MD are detailed in literature and Chapter 4,74 211,212
and are briefly explained here with focus on ammonia recovery from hydrolyzed urine. As
previously mentioned, hydrolyzed urine is urine that has been stored for a number of days to enable

the hydrolysis of urea to form ammoniacal N and bicarbonate. In the proposed configuration of
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MD, hydrolyzed urine is the feed solution and an acidic solution is the collector solution. Volatile
ammonia, NHs, in hydrolyzed urine is driven across a hydrophobic microporous membrane to the
collector solution by the difference in ammonia vapor pressure, Pa, between the feed, F, and
collector, C, solutions, i.e., Par-Pac. Nonvolatile components in hydrolyzed urine are retained in
the feed stream.’ 214-216. 232,240 N4 transported to the acidic collector solution is then protonated
to NH4*, which is nonvolatile.?'4 215 218-231 This minimizes Pac, and enables the driving force for
ammonia permeation, Par-Pac, to persist over time. As such, MD enables ammonia recovery in

the collector solution as an N fertilizer product.

Based on Chapter 4, operation of membrane distillation as isothermal membrane
distillation (IMD), 1.e., equivalent feed and collector temperature, yields <95% savings in energy
for vaporization relative to conventional membrane distillation (CMD), which imposes a
transmembrane temperature gradient.”* The temperature gradient in CMD sets up an H.0O vapor
pressure gradient across the membrane, which results in undesired water permeation that demands
thermal energy and dilutes the N captured in the collector. Instead, in IMD, the H2O vapor pressure
gradient across the membrane is minimized and the undesired water permeation is suppressed. At
the same time, IMD achieves nearly equal NHs as the conventional operation of MD." For these

reasons, this work models the IMD operation of MD for N recovery from hydrolyzed urine.

Figure 6.1 presents a schematic of the onsite nutrient recovery system depicting collection
of urine with urine diversion toilets, Donnan dialysis for P recovery, and membrane distillation for
N recovery. First, fresh urine is collected at the source using urine diversion toilets and transferred
to the onsite nutrient recovery system through source-separations piping in the building. In the first
nutrient recovery step, DD, fresh urine is directed to the feed chamber and a receiver solution of

high chloride content is directed to the receiver chamber using pumps 1 and 2, respectively.
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Orthophosphate is recovered as P fertilizer in the DD receiver stream effluent. The effluent from
the DD feed is then sent to storage to enable the hydrolysis of urea to ammonium and bicarbonate,
forming hydrolyzed urine. Then, hydrolyzed urine is warmed using steam or waste thermal energy
from hot waste water, through heat exchanger, HEX, 1. For the MD step, the warmed hydrolyzed
urine is directed to the feed chamber and a warmed acidic collector solution is directed to the
collector chamber using pumps 3 and 4, respectively. The acidic collector solution is also warmed
using steam or waste thermal energy from hot waste water, through HEx 2. Pumps 5 and 6 direct
the thermal energy source to hex 1 and 2, respectively. In MD, ammonia is recovered as N fertilizer
in the collector stream effluent. The MD feed chamber effluent, i.e., remaining urine, is then

discharged to the sewer.
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Figure 6.1. Schematic of the proposed onsite nutrient recovery system. First, urine is separated at the source
using urine diversion toilets. Then, urine is pumped to the feed chamber of a Donnan dialysis (DD) system, while
the receiver solution, which consists of a solution of high chloride content, is pumped to the receiver chamber
of the DD system. In DD, CI™ transports from the receiver solution across the anion exchange membrane (AEM)
to the feed solution, while target HPO,C ™~ ions transport in the opposite direction. The recovered
orthophosphate solution in the receiver effluent can then be utilized as fertilizer. The feed side effluent of DD is
then stored to hydrolyze the remaining urine solution. The hydrolyzed urine is then heated using heat exchanger
1, HEx 1, while the collector solution, which comprises an acidic solution, is heated using heat exchanger 2,
HEX 2. Either steam or hot waste water can be used to provide thermal energy. For simplicity the other streams
involved in the heat exchanger processes are not included in this figure. The hydrolyzed urine and collector
solution are then sent to the feed and collector chambers, respectively, of the membrane distillation (MD) system.
In MD, NHjs transports from the feed solution across the hydrophobic microporous membrane (HMM) to the
collector solution. The recovered N in the effluent of the collector side of MD can be utilized as fertilizer. The
effluent of the feed solution is discharged to the sewer. Note that pumps 1 and 2 are utilized to pump the feed
and receiver solutions, respectively, to the DD system, pumps 3 and 4 are utilized to send the feed and collector
solutions, respectively, to the MD system, and pumps 5 and 6 are used to pump the steam or hot water streams

to the heat exchanger system. Storage tanks

6.3 Assessment Methods and Assumptions

Capital Cost for Onsite Nutrient Recovery. Capital cost, or capital expenditures (CAPEX),
includes direct costs of the process equipment and indirect capital (construction, overhead,
insurance, and contingency costs). In this analysis, the indirect capital costs are estimated as 10%
of the total direct cost.?’”® Assumptions for direct costs of toilets, piping, tanks, process control,
pumps, heat exchangers, membranes, and membrane modules are outlined in Table E.1 of
Appendix E. The number of toilets, size of tanks, membrane areas, sizes of pumps, and heat
exchanger area are determined by the following methods. The analysis models a building of similar
specifications as the Solaire (i.e., 293 apartments) and assuming an average of 2 toilets per
apartment (i.e., 596 toilets in the building). There are 6 tanks in total (two for DD, two for MD,
and two for product storage), which each have a capacity for 7 days of the building’s total urine

production. Urine production in the building, Qp, is predicted with the assumptions of an average
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of 3 people per apartment, and 60% of a person’s daily urination occurring at home (i.e., 1.2 L-
person/day collected in the apartment building and a total building flow of 1054.8 L/day). Note
that the flow rate from urine produced in the building is also used to size the pumps using the

assumptions in Table E.1.

Membrane areas, Am for the DD and MD steps are calculated using egn (6.1) and the
experimentally measured orthophosphate (subscript P) and ammonia (subscript A) fluxes
presented in Chapters 3 and 4, respectively, of J» = 0.0145 mol/m?h and Ja = 13.92 mol/m?h,
respectively.” 27® Note that urine is assumed to contain nutrient concentrations, Ci, of 30 mmol-

orthophosphate/L and 500 mmol-total ammoniacal nitrogen/L.

A= 61)

The heat exchangers area, Anex, is calculated using egn (6.2) where Qt is the rate of heat
transfer between the target stream and hot stream and is calculated by eqgn (6.3), U is the overall

heat transfer coefficient (assumptions provided in Table E.2), and AT,, log mean temperature

difference calculated by eqn (6.4).2%° Note that m is mass flow rate, Cp is heat capacity, T is
temperature, and subscripts H, C, in, and out refer to the hot stream, cold stream (or target stream),
and inlet and outlet conditions, respectively. T,n,in, T,c,in, and T,c,out (i.€., temperature of hot stream
initially, temperature of cold stream initially, and target temperature for the warmed stream,

respectively) for different operations are provided in Table E.3.

_
Ao g 62)
QT = mHCpH (I-H,in _TH,out) = mCCpC (TC,in _TC,out) (63)
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ATl _ (TH,in _TC,out) - (TH,out _TC,in ) (64)
" In (TH,in _TC,out)

(TH,oul _TC,in )

=F

Amoritization

Capital cost is annualized by CAPEX CAPEX where the amortization factor,

Annual
F amoritization, 1S calculated using eqn (6.5), with assumptions for interest rate, i, and plant lifetime,

n, provided in Table E.4 of Appendix E.?"

D
FAmoritization - [(1+ I)n _1J (65)

Operating Cost of Nutrient Recovery. Operating cost, or operating expenditure (OPEX),
for the Donnan Dialysis for P recovery is the sum of the chemical cost, electricity for pumping, as
well as additional costs for membrane replacement, spares, and labor (grouped as “other” in the
analysis). Assumptions for the costs of these items are provided in Table E.5. The electricity for
pumping, Ep, is calculated by eqn (6.6), where pressure difference is calculated as AP = pgah (p

is the density of liquid, g is the acceleration of gravity, and Ah is pump head), and » is pump

efficiency; see Table E.6 of Appendix E for assumptions.?’

(6.6)

Another major expenditure in DD is the chemicals to provide chloride in the receiver
solution. This chemical cost assumes 1 L of 600 mM CI- required for every 1 L of urine treated
(i.e., the conditions of Donnan dialysis for P recovery from fresh urine in Chapter 3). Table E.5
provides cost per volume of receiver solution as well as the costs for the other inputs in the DD

system (membrane replacement, spares, and labor).
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OPEX of membrane distillation for N recovery from hydrolyzed urine is the sum of energy
costs (i.e., electricity for pumping and thermal energy provided by natural gas for heating),
chemical cost, as well as additional costs for membrane replacement, spares, and labor (grouped
as “other” in the analysis). Electricity for pumping is calculated by eqn (6.6) and using assumptions
in Table E.6. The specific thermal energy consumption of the MD step, i.e., external heating
requirement and internal heating requirement for convective and conductive heat loss, ™ 212 213,
245, 247, 256, 259, 260, 281, 282 anq gssociated costs are detailed in Appendix E.1. The chemical cost
assumes equivalent volume of acid (chemical input) as the urine that is treated. Table E.7 provides

the prices for all expenditures of the MD step.

Fertilizer Revenue and Savings at Centralized Wastewater Treatment Plants. The
revenue from P and N fertilizer, recovered by DD and MD, respectively, are predicted on per kg-
nutrient basis (i.e., $/kg-P and $/kg-N). The ranges in prices of various P and N fertilizers®? (e.g.,
Ca(H2P0O4)? and anhydrous NHs) are normalized by kg of target nutrient of P or N, see Table E.8
of Appendix E for the complete list of fertilizers and estimated prices per kg-nutrient. The range
and average in fertilizer price on a per kg-nutrient basis, i.e., $/kg-P or $/kg-N, are utilized as the

fertilizer revenue.

Another potential revenue source for nutrient recovery is the avoided costs on
energy/chemical/other inputs for nutrient removal at downstream centralized WWTPs. In other
words, savings at centralized WWTPs can be potentially realized as a revenue source for nutrient
recovery in the form of fiscal incentives. For P, enhanced biological phosphorous removal (EBPR)
is the prevailing practice for advanced nutrient removal. A previous study estimated that urine
diversion and P recovery can result in $93—134/kg-P avoided expenditure for EBPR at WWTPs.28

For N, nitrification-denitrification is the prevailing practice for N removal at WWTPs. This

159



technique requires significant electricity inputs of 1.2—12.5 kWh/kg-N.8! Potentially, some
expenditures for nitrification-denitrification can be avoided if N is recovered. A previous study
reports that 33% of electricity requirements for aeration at WWTPs can be avoided with 90% urine
diversion. However, future studies need to be conducted to understand how changing nutrient
profiles in wastewater by complete urine diversion will impact N removal at downstream WWTPs.
For the preliminary techno-economic assessment, avoided electricity expenditures, i.e., 33%
reduction, for nitrification-denitrification downstream WWTPs are assumed to be the source of

savings for N recovery from urine.
6.4 Implementation of Nutrient Recovery

Capital Expenditures for Nutrient Recovery. Figure 6.2 presents the contribution of different
capital components within the nutrient recovery system toward the total CAPEX of $419K. The
cost for urine diversion itself, i.e., the added cost for urine diversion toilets and dual piping, is
approximately 75% of the total cost. Within the treatment systems (i.e., DD and MD components),
the DD membrane and membrane module are the largest contributors. As consequence of the low
HxPO4® ™" flux in DD experiments presented in Chapter 3, a large anion exchange membrane of
approximately 90 m? is needed to separate the P from the urine produced in the model building,
while the MD membrane requirement for N separation is much smaller at 1.5 m2. Furthermore, the
anion exchange membrane utilized in DD is 2x more expensive per unit area than the hydrophobic

microporous membrane utilized in MD experiments.
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Figure 6.2. Contribution of different components toward the total capital cost (CAPEX) for
implementation of nutrient recovery. Note that the analysis does not consider retrofit costs because it

considers nutrient recovery to be implemented in a new building with the Solaire as a model.

Operating Cost and Revenue Opportunities. Operating cost (OPEX) was determined for
DD for P recovery and MD for N recovery under different operating conditions. For DD, the
“Baseline” condition utilizes KCI provided by external chemicals as the receiver stream, while the
“Waste Chemical” condition utilizes a recycled stream of waste water softening regenerant rinse
or desalination brine supplied from local sources. Likewise, for MD, the “Baseline” condition uses
a sulfuric acid solution sourced from external chemicals as the collector stream, while the “Waste
Chemical” condition utilizes a recycled stream of pickling brine (effectively acetic acid) supplied
from local sources. The “Waste Heat” condition in MD utilizes recovered thermal energy from hot
water streams produced at the Solaire in addition to the waste chemicals. Figure 6.3A and 6.3B
present the operating cost for DD on a per kg-P recovered basis and for MD on a per kg-N

recovered basis, respectively, as blue columns. Contributions to OPEX from chemical, energy (for
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DD electricity for pumping and for MD electricity for pumping + thermal energy) and other costs

are depicted as unfilled, patterned, and solid blue overlaid columns, respectively.

1501 A ' OPEX-Other 4150
— I OPEX-Energy ]
a® 140 i [_JoPEX-Chemicals]] 140
2 130p Savings at WWTP 1130
A 1204 1120
= 1oo} 1100
3 90} Fertilizer 190
<EE 20 Revenue 120

op || o -ssan o

0 b s NSSSSSS T e 0
Baseline Waste Chemicals
__ 10| B {10
z . _
_\5? 75} {175
&£
€ 5t
-]
=
< RS
0

0
Baseline ge Heat

Waste Chemicals

Figure 6.3. Operating cost (OPEX) of P and N recovery via Donnan dialysis (2A) and membrane
distillation (2B), respectively, under different operations. The different operations for DD are baseline
(supplying a KCI solution as the receiver) and utilizing waste chemicals. The different operation for
MD are: i.) baseline (isothermal 40°C with heating provided by natural gas), ii.) utilizing waste
chemicals of acetic acid, and iii.) utilizing waste acetic acid and waste heat harnessed with the Solaire’s

thermal energy recovery unit. OPEX components are broken down into energy, chemical, and other
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(including spares, membrane replacements, and labor). Revenue associated with fertilizer production is

depicted as pattered regions and downstream savings at WWTP are depicted as green shaded regions.

Figures 6.3A and 6.3B both demonstrate considerable savings in OPEX (>70%) with the
use of waste chemicals in nutrient recovery systems (i.e., reductions of 85.4% and 74.9% DD and
MD, respectively). In place of purchasing KCI salt and sulfuric acid, locally sourced recycled
waste streams can supply the chloride content for the receiver solution of DD and acid for collector
solution of MD, which significantly reduces the chemical cost for nutrient recovery. Furthermore,
for the MD system (Figure 6.3B), employing recovered thermal energy (i.e., waste heat) can yield
additional savings in OPEX for a total savings of 93.2% relative to the baseline approach without
utilizing recycled chemicals and/or recovered thermal energy. Employing waste heat can lessen
the dependence on natural gas for the production of steam to heat MD streams, thereby reducing
energy cost of the MD operation for N recovery. Analysis in subsequent subsections employs the
best performance conditions for DD and MD (i.e., waste chemical and waste heat + chemical,

respectively).

The range in fertilizer revenue (patterned green regions) for P and N fertilizer products are
depicted in Figures 6.3A and 6.3B, respectively. P fertilizer revenue is nearly equivalent to the
magnitude of OPEX for DD with waste chemicals and N fertilizer revenue is larger than the
magnitude OPEX for MD with waste chemicals and waste heat. In addition to the revenue from
fertilizer products, potential downstream savings at WWTP through reduced nutrient loading can
be considered as a possible revenue source. The predicted savings at WWTPs with P and N
recovery are depicted as green shaded regions in Figures 6.3A and 6.3B, respectively. The WWTP
savings realized with onsite P recovery are considerable and larger than OPEX for DD, which can
greatly benefit the economic viability of the technique. The WWTP savings realized with N
recovery are small, but can still benefit the economic viability of MD.
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Annualized CAPEX, OPEX, Revenue, and Profits of Different Source-Separation
Scales. The analysis presented in the preceding subsection presents operating costs and revenue of
nutrient recovery on a per kg-nutrient recovered basis. The following analysis annualizes those
values by considering the yearly production of urine and nutrient excretions, which were provided
in a previous section. Capital cost was also annualized using the amortization factor as described
previously. Finally, net profit, defined as revenue - total costs, was determined. Figure 6.4A
presents the annualized CAPEX (patterned orange column), OPEX divided into DD and MD
systems (solid and patterned blue columns, respectively), revenue divided into P and N fertilizer
products (solid and patterned green columns, respectively), and profits (solid red column). Also
depicted are revenue from both fertilizer and savings at WWTPs, marked on the horizontal axis,
which are divided into P and N components (solid and patterned green columns, respectively), and

the resultant profit, red column, if downstream savings at WWTP are realized as a revenue source.
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Figure 6.4. Annualized capital cost (CAPEX), operating cost (OPEX) separated into P recovery and N
recovery components, revenue separated into P and N recovery components, and net profit for the
implementation of nutrient recovery systems under different operations (options 1 and 2). Option 1, 4A,
is installation of urine diverting toilets and piping in all apartments of a building modeling the Solaire
with the assumption that 60% of a resident’s urination occurs in their apartment. Option 2, 4B, models
a work building of similar occupancy as the Solaire, but with 10% the number of toilets and piping
length and with the assumption that 40% daily urination occurs at the workplace. Net profit is the
revenue - total cost. Revenue and profits are shown assuming only fertilizer revenue and including the
savings at centralized WWTPs as additional revenue. Note that the mid-point values for fertilizer
revenue and savings at the centralized WWTP are utilized.
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Note that while N fertilizer revenue and P fertilizer revenue are comparable on a kg-nutrient
basis (Figure 6.3), N fertilizer revenue >> P fertilizer revenue on an annual basis (Figure 6.4A).
This is because the N content is over 10x more than the P content in urine, and as a result more N
fertilizer is produced from the onsite nutrient recovery system on an annual basis. For the same
reason, annualized OPEX MD > annualized OPEX DD system even though OPEX MD on kg-N

basis < OPEX DD kg-P basis.

As a consequence of expensive toilets and piping required for source-separation of urine,
annualized CAPEX is considerable and significantly larger than OPEX (i.e., CAPEX s
approximately 10x OPEX). Although the magnitude of total fertilizer revenue > magnitude of
operating costs, the high capital cost drives a negative profit (i.e., a net cost). However, realizing
downstream savings at WWTPs as a revenue source can increase revenue by approximately 7x

and yield net positive profits of greater than $18K/year.

If the scale of source-separation components (i.e., number of toilets and length of piping)
is lessened, the CAPEX cost can be reduced. Potentially, such reduction can be realized if nutrient
recovery is implemented in a high-density building with communal restrooms, such as a work
building, where less toilets per person are needed compared to a residential building with private
sanitation rooms. Annualized CAPEX, OPEX, revenue, and profits were predicted for urine
diversion and nutrient recovery in a workplace building assuming the same occupancy of the
Solaire, 10% toilets and piping length as the Solaire, and 40% of an occupants’ daily urination
occurring in this workplace. Figure 6.4B presents the same analysis as in Figure 6.4A, but for this

workplace nutrient recovery model.

The CAPEX for urine diversion and nutrient recovery in the workplace building (Figure

6.4B, orange patterned column) is 80.5% lower than the CAPEX in apartment buildings modeling
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the Solaire (Figure 6.4A, orange patterned column) because of significant savings in toilets and
piping. OPEX and revenue, from both fertilizer and downstream savings at WWTP, are
approximately 33% lower in the workplace building than in the apartment building. This is because
of the assumption that an occupant releases 40% of their urine at work and 60% of their urine at
home (i.e., 33% less urine released in the work building). The profits of the workplace building
nutrient recovery system are slightly negative, i.e., net cost, if only fertilizer revenue is considered.
However, the magnitude of this cost is 88% lower than that of the cost (negative profits) of the
apartment building nutrient recovery system. Furthermore, if downstream savings at WWTP are
realized, then the workplace nutrient recovery effort can yield positive profits that are 37% higher

than that of the apartment nutrient recovery effort.

Combined Water, Thermal Energy, and Nutrient Management. There are
opportunities to capture and utilize other valuable resources from wastewater. Water can be
reclaimed from wastewater and repurposed onsite in non-potable applications, such as flush,
cooling, laundry. Thermal energy can be harnessed from hot waste streams and applied for water
heating in the building. The Solaire building has existing onsite non-potable water reuse and
thermal energy recovery systems. Analysis examined the costs and benefits of the existing onsite
wastewater management practices at the Solaire and in a proposed model with nutrient recovery

in addition to the aforementioned onsite wastewater management practices.

CAPEX, OPEX, revenue, and profits of the different systems were estimated based on the
following methods. Capital costs for water and thermal energy recovery at the Solaire are
determined based on the expenditures for the non-potable water treatment (NPWT) system and
thermal energy recovery unit, see Table E.9 of Appendix E for assumptions. Table E.10 provides

relevant operational data (i.e., potable water demand, wastewater sent to WWTP, and reuse flow)

167



for the Solaire as well as a reference building of equivalent capacity and water demands, but
without a non-potable water reuse system. Operating expenditures were determined from records
detailing chemical, energy, and other (materials, spares, labor, etc) inputs to the systems. Table
E.11 provides assumptions on the costs for water service, material, chemical, electricity, and
natural gas. Additionally, Figure E.1 of Appendix E shows the cost of components that contribute
to energy component of OPEX (i.e., natural gas for water heating, electricity for the operation of
NPWT, electricity for the hydronic loop of the thermal energy recovery system) and the total cost
of energy inputs for the reference system, water recovery system at the Solaire, and water + thermal

energy recovery systems at the Solaire.

Revenues for the Solaire systems are defined as savings achieved relative to a reference
building of equivalent capacity without water, thermal energy, or nutrient recovery. For water
recovery for non-potable reuse, the revenue source is savings in water service (i.e., drinking water
supply from the city and wastewater treatment service at a centralized plant). For thermal energy
recovery for water heating, the revenue source is savings in natural gas used to heat water for
residential use. To prevent double-counting of OPEX in the determination of profit, net profit for
each scenario is calculated as: total costs of the reference system — the total cost of the scenario
under examination. Figure E.2 of Appendix E demonstrates the expenditures in the reference
system on water service and water heating and the annualized CAPEX, OPEX, revenue, and net

profits of the water and water + thermal energy recovery systems at the Solaire

Figure 6.5 presents CAPEX (patterned orange columns), OPEX (patterned blue columns),
revenue (patterned green columns), and net profits (solid red columns) for operations with water
recovery, water + thermal energy recovery, and water + thermal energy + nutrient recovery. Note

that this analysis does not consider how separate urine collection, and the resultant change in
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nutrient profile, will impact the onsite water recovery system, but future work can include such
considerations for a more accurate prediction of OPEX. For nutrient recovery, additional revenue
and resultant profits from downstream savings at WWTPs are depicted as unfilled green and red

columns, respectively.
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Figure 6.5. Annualized capital cost (CAPEX), operating cost (OPEX), revenue, and net profit for the
implementation of non-potable water reuse, non-potable water reuse + thermal energy recovery, and
non-potable water reuse + thermal energy recovery + nutrient recovery in a building modeling the
Solaire. Revenue for non-potable water reuse is calculated as reduction in OPEX relative to a baseline
building without non-potable water reuse (i.e., savings) and for thermal energy recovery as reduction in
OPEX relative to a baseline building without either water reuse or thermal energy recovery. Revenue
for the additional nutrient recovery component is fertilizer revenue (patterned green column) and
additional savings as reduction in OPEX for nutrient removal efforts at centralized WWTPs (unfilled
green column). Profit is calculated as revenue - total cost. Two profits are depicted for the case with
nutrient recovery: the red shaded region is considering only fertilizer revenue and the unfilled red
column considers added revenue from savings at WWTP. Note that the optimal conditions for nutrient
recovery (i.e., option 1 to implement toilets in all apartments) and utilizing waste chemicals and thermal

energy recovery) were applied for the analysis.
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Non-potable water recovery at the Solaire results in significant savings in external water
service (approximately 88%) driving a net profit of $8.8K/year. Thermal energy recovery at the
Solaire saves 10% of the expenditures on natural gas, but does introduce additional CAPEX for
the thermal energy recovery unit and OPEX of electricity for the hydronic loop. The result is lower
net profit than the water recovery system alone ($1.9K/year). It is important to consider that the
thermal energy recovery unit at the Solaire building is an initial model system that limits the
amount of thermal energy that is able to be recovered. As a result, the savings from lessened natural
gas usage are stunted and the profit is limited. Future iterations of the thermal energy recovery

system can increase capacity to realize higher revenue.

Adding nutrient recovery to a building modeling the specifications of the Solaire
considerably increases the CAPEX by 34% relative to the existing onsite wastewater management
(i.e., water + thermal energy recovery units). These additional capital expenditures are primarily
due to the high costs of urine diversion toilets and dual piping. The increase in OPEX with the
practice of nutrient recovery is more marginal at 4%. The flow of urine to the nutrient recovery
systems is approximately 20x less than the flow of wastewater to the non-potable water treatment
system, therefore the inputs to the nutrient recovery system are much less. Importantly, the thermal
energy recovery unit can be applied to source the thermal energy required for the MD system,
which enables significant reduction in OPEX (as detailed with the use of waste heat in Figure 6.3).
Revenue from fertilizer production is only an additional 8% compared to the savings from water
+ thermal energy recovery. This additional revenue source does not cover the increased CAPEX
and OPEX with nutrient recovery, and the result is net negative profits, or costs, of approximately

$19K/year. However, if downstream savings at WWTPs can be realized as an additional revenue
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source, then implementing nutrient recovery with the other onsite wastewater management

practices can achieve net positive profits of approximately $23K/year.
6.5 Implications

The existing approach to nutrient management, i.e., the linear economy model, is inefficient and
unsustainable. Closing the nutrient loop by recovering P and N from nutrient rich human urine can
reduce nutrient emissions to aquatic environments and lessen the dependence on industrial
fertilizer production (i.e., P mining and N fixation by the Haber-Bosch process). However, the
feasibility of urine diversion and nutrient recovery is dependent on the economic viability of the
approach. This study presents an initial techno-economic assessment of onsite nutrient recovery in
a high-density residential apartment building using membrane-based process of Donnan dialysis
for P recovery and membrane distillation for N recovery. The analysis predicts that the model
onsite urine diversion and nutrient recovery system has total capital cost of $419K (annualized
cost of $27K) and operating cost of $2.7K/year (with the configuration of lowest cost) for the
production of 360 and 2700 kg-P and N-fertilizer/year, respectively. The predicted revenue from
the fertilizer production is $6.6K/year, which alone is not enough to cover the capital and operating
expenditures of the system. However, the analysis presents a preliminary estimate of $41K/year
savings at downstream wastewater treatment plants achievable through onsite nutrient recovery.
These savings result from lessened expenditures for removal of P and N at centralized WWTPs by
conventional means (i.e., biological treatment). If these savings can be realized as a revenue source
for the stakeholders of the onsite nutrient recovery system, possibly through policy incentives like
subsidies, then the onsite urine diversion and nutrient recovery system can achieve $19K/year of

net profit (i.e., revenue > total costs).
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The study also examines the costs and benefits of onsite wastewater management at the
Solaire with systems of 1. non-potable water reuse, 2. non-potable water reuse and thermal energy
recovery, and for a model building of 3. non-potable water reuse, thermal energy recovery, and
nutrient recovery. Analysis reveals that relative to a reference building without water, thermal
energy, or nutrient recovery, wastewater management systems of 1, 2, and 3 can yield $8.8K,
$1.9K, and $23 K profits/year, respectively, achieved through savings in water service, lower
natural gas demand for water service, and fertilizer revenue and savings at WWTPs for nutrient
removal. Future iterations of the thermal energy recovery unit can have expanded capacities to

realize higher savings in natural gas and improve economic viability.

The economic assessment of nutrient recovery sheds light on opportunities to reduce costs
in the nutrient recovery systems by leveraging widely-available low-cost/waste resources in place
of more expensive chemicals. The operating costs of Donnan dialysis and membrane distillation
can be reduced by 85.4 and 74.9%, respectively, with the use of locally-sourced waste streams
relative to operations with purchased KCI and sulfuric acid. For membrane distillation, costs can
be further lessened to a total of 93.3% less than the baseline condition by tapping into recovered
thermal energy to heat the streams. The Solaire building has a thermal energy recovery unit that
captures heat from waste streams to lessen natural gas usage for water heating; a similar unit can

supply thermal energy for the membrane distillation system.

This analysis highlights the highest cost components of an onsite nutrient recovery: the
urine diversion system (i.e., source-separation toilets and an additional piping infrastructure).
These expenditures are approximately 75% of the CAPEX and 68% of the total annualized cost.
It is important to note that the analysis models the implementation of nutrient recovery into a new

building of equivalent specifications of the Solaire, therefore the costs do not include retrofit for
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installation of toilets and piping into an existing building. Such expenditures can be significant and
should be considered if incorporating nutrient recovery into an existing building. For this reason,
nutrient recovery may be more economically viable if implemented into new buildings. Population
growth and sanitation trends necessitate the construction of new urban buildings and sanitation
infrastructure, which present opportunities to introduce onsite nutrient recovery systems into these
new facilities. Population projections predict an urban influx of 2.5 billion people by 2050,23
which will increase the population density of cities and necessitate new residential buildings.
Additionally, 2.3 billion people globally do not have access to sufficient sanitation infrastructure
and wastewater treatment,?* therefore installation of urine diversion toilets and onsite nutrient
recovery presents an opportunity to benefit the sanitation needs of developing communities

without overhauls of existing systems and retrofit for the new systems.

This preliminary assessment utilized figures for financial savings at WWTPs achieved with onsite
P recovery (i.e., avoided costs for enhanced biological phosphorous removal)?3* and avoided costs
on electricity for N removal at centralized WWTPs by nitrification-denitrification.®! Removal of
P and N from urine will impact nutrient profiles of the remaining wastewater, which can change
the inputs needed for biological treatment both onsite non-potable water reuse systems and
centralized wastewater treatment facilities. The exact nature of these changes can be predicted in
future assessments to examine how separate urine collection and nutrient recovery will impact
energy, chemical, and other demands for treatment of the remaining wastewater. Additionally,
future assessments can include a sensitivity analysis that examines how uncertainty in prices,
particularly for toilets, piping, and fertilizer revenue, and assumptions, particularly volume of urine
collected and urine composition, can impact the expenditures, revenue, and net profit of onsite

nutrient recovery.
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Another area for future work is the examination and optimization of the scale of urine
diversion and nutrient recovery that achieves the most economic benefit. This preliminary
assessment briefly compared two urine diversion configurations: one in a residential building with
private restrooms and one in a work building with communal restrooms. The residential building
model includes source-separation toilets in all apartments and an additional piping infrastructure
for separate urine collection. The workplace building assumes less toilets and piping infrastructure
because restrooms are public. This resulted in considerable CAPEX savings, however, slightly
lower revenue was achieved due to lower urine flow. However, the assumption that 60% of urine
flow occurs at home and the remaining at work can be revisited with future studies, especially in
light of increased practice of working from home. Note that the assumptions regarding the number
of toilets, length of piping, and volume of urine collected each day can also be revisited in a
sensitivity analysis to examine the accuracy of cost and profit predictions. Additionally, different
scales (block, community, etc) can be considered to optimize the net profits of nutrient recovery.
Nevertheless, the initial analysis provides strong evidence that urine diversion and nutrient
recovery from communal spaces may minimize CAPEX and be more economically strategic than

implementation in private residences.

Outside of economic benefits, the onsite wastewater systems may offer environmental and
resource-security advantages. The non-potable water reuse system reclaims and repurposes
wastewater as non-potable water fit-for-purpose. This approach can potentially avoid some
impacts associated with centralized water and wastewater treatment and conveyance, diversion of
water away from sensitive ecosystems, and discharge of wastewater into sensitive aquatic
environments.?8-287 For the Solaire building in NYC, in particular, lessened wastewater loading to

centralized WWTPs can potentially reduce combined sewage overflow instances, which have
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known harmful environmental consequences.?® Additionally, water reuse may improve resource-
security if practiced in regions facing drought or water-shortages.?® The thermal energy recovery
system lessens the dependence on natural gas for water heating at the Solaire. As previously
discussed, nutrient recovery can avoid impacts associated with P mining and N fixation as well as
nutrient pollution of aquatic environments. Moreover, nutrient recovery may benefit resource-

security, particularly in the midst of depleting phosphate rock reserves.

However, when considering the potential environmental advantages of non-potable water
reuse, thermal energy recovery, and nutrient recovery, it is also important to consider potential
negative environmental impacts that are introduced by these methods. These systems all demand
new infrastructure, construction, chemicals, and energy, which introduce environmental
consequences. For example, the thermal energy unit avoids some impacts associated with natural
gas, but introduces additional electricity requirements to support the hydronic loop. Similarly,
water reuse and nutrient recovery may avoid impacts from the conventionally practiced
approaches, but the methods introduce new aspects (e.g., treatment systems, chemical inputs,
electricity demands) that may or may not have larger environmental burdens.3! 28923 Fytuyre life-
cycle assessments should quantify the environmental impacts (e.g., global warming potential,
eutrophication potential, resource depletion) of the onsite wastewater management systems at the
Solaire compared to reference systems of buildings without water or thermal energy recovery.
Additionally, these assessments can consider life-cycle cost and benefits of implementing nutrient
recovery at the Solaire or a similar new building compared to the reference linear economy

approach.
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Chapter 7: Conclusions

7.1 Summary

The work presented in this dissertation elucidated strategic methods for nutrient capture and
advanced membrane technologies for nutrient recovery from human urine. The studies i.)
approached nutrient recovery on a system-level to recognize optimal waste streams to target for P
and N separation ii.) advanced membrane-based processes for nutrient recovery iii.) examined the

economic viability of the nutrient recovery techniques.

In chapter 2, optimal nutrient recovery configurations were identified based on a
thermodynamic and energetic analysis. The minimum energies required to recover various P and
N fertilizer products from waste streams of fresh and hydrolyzed urine, greywater, domestic
wastewater, and secondary treated wastewater effluent were quantified using the Gibbs free energy
of separation. The analysis illustrated the degree to which recovering P and N from nutrient-dense
waste streams, such as fresh and hydrolyzed urine, compared to other more dilute sources is
advantageous. The study also revealed the practical efficiencies required by separation techniques
for nutrient recovery to be lower than the current approaches of Haber-Bosch and phosphate rock
mining. The chapter highlighted that strategic selection of waste stream, i.e., fresh urine for P
recovery and hydrolyzed urine for N recovery, and fertilizer product can reduce energy intensities

for nutrient recovery.

In Chapter 3, the performance potential of Donnan dialysis (DD) for orthophosphate
recovery from diverted human urine was examined. The exchange of H,PO4~ and CI™ across an
anion-exchange membrane is demonstrated in DD experiments driven by the ion concentration
gradient between the urine feed solution containing orthophosphate and a receiver solution of high

chloride content. Importantly, H,PO4 transported against an orthophosphate concentration
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gradient. By adopting higher feed to receiver volume ratios, DD enriched orthophosphate in the
receiver solution above the initial urine feed concentration. Additionally, the study elucidated the
impact of other anions in urine on orthophosphate flux and recovery yield, specifically, SO4*" and
CI™ in fresh urine, and SO4*, CI, and HCOs  in hydrolyzed urine. Reductions in orthophosphate
flux, selectivity, and recovery yield were observed upon the inclusion of other anions in the feed
solution. Selectivity for H,PO4~ transport over SOs*~ was enhanced using a monovalent ion
permselective membrane. The chapter demonstrated that abundantly available low-cost/waste
streams of high CI™ content can be utilized as the receiver solution in DD to enable P reclamation

from urine.

In Chapter 4, novel isothermal membrane distillation with acidic collector (IMD-AC) was
developed for the selective and energy efficient recovery of ammonia from human urine. Ammonia
and water vapor fluxes in different membrane distillation configurations, isothermal and
conventional, were examined. The innovative isothermal operation, i.e., same feed and collector
temperatures, suppressed undesired water vapor permeation, while favorably maintaining
ammonia vapor flux relative to conventional operation. Resultingly, isothermal membrane
distillation significantly improved selectivity for NHz permeation over H>O. The study revealed
that an acidic solution as the collector stream enhanced ammonia vapor flux by an average of
46.5% compared to using a deionized water collector. Importantly, against a total ammoniacal
nitrogen concentration gradient, i.e., uphill transport, ammonia recovery of ~60% was attained,
highlighting the prospect of the technology for high-yield recovery. Critically, suppressed water
permeation in IMD-AC resulted in 95% savings in vaporization energy consumption relative to
conventional MD. The resulting vaporization energy requirement is lower than the linear economy

approaches of Haber-Bosch process for N fixation and N removal by nitrification-denitrification.
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This chapter demonstrated that IMD-AC overcomes the limitations of conventional membrane
distillation and is a promising technique for selective and energy-efficient recovery of ammonia

from source-separated urine.

Chapter 5 proposed an integrated membrane approach of bipolar membrane electrodialysis
(BPM-ED), DD, and IMD-AC for P and N recovery from human urine. The chapter elucidates the
role of pH and nutrient speciation, i.e., HoPOs~ versus HPO4*~ and NH4* versus NHs, on the
performance of DD and IMD-AC. BPM-ED is introduced as a technique to generate acids and
bases in situ to leverage the speciation between H,PO4 /HPO4* in fresh urine and NH4*/NHj3 in
hydrolyzed urine to favorably impact DD and IMD-AC performance. BPM-ED was used to
decrease the pH of fresh urine and enhance DD HxPO4® ™~ flux and selectivity for HxPO4® ™~ up
to 34.8% and 16.5%, respectively. Then, BPM-ED was used to increase the pH of hydrolyzed
urine and improve NHz flux in IMD up to 148.7%. The acidic collector solution generated by
BPM-ED increased the ammonia recovery potential in IMD from < 50% to > 90%. The study
established that the specific energy consumptions of the integrated membrane process can be
competitive with or comparable to the conventional linear nutrient economy approaches to P and

N management.

Chapter 6 provided a preliminary techno-economic assessment on onsite nutrient recovery
using DD and IMD-AC. The analysis revealed that operating costs can be reduced >70% by using
waste chemicals, such as waste water softening regenerant rinse, and recovered thermal energy
from warm waste streams, such as bathwater. The largest contributions to capital cost are the
source-separation toilets and dual piping system. These expenditures can potentially be alleviated
by implementing urine diversion in public restrooms rather than private apartments. Realizing the

downstream savings at WWTP associated with reduction in nutrient loading as a revenue source,
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potentially through policy incentives, in addition to fertilizer revenue can improve the economic

viability of nutrient recovery and enable net positive profits.
7.2 Novel Contributions

The quantitative thermodynamic and energy analysis of nutrient recovery from various waste
streams demonstrated that P and N capture from nutrient rich sources, such as human urine,
has lower energy intensity than recovery from more dilute sources.® The theoretical
minimum energy of recovery, quantified using Gibbs free energy of separation, can be reduced
through strategic selection of waste stream and product. Analysis unearthed that waste stream
pH and nutrient density are important factors governing the energy intensity. This thesis also shed
light on potential practical energy requirements for P and N recovery and revealed efficiencies in
separation processes required for the energy intensity to be lower than the conventional production
methods of P mining and Haber-Bosch, respectively. A first-order analysis underlined the potential
energy savings achievable by nutrient recovery from human urine compared with the existing
linear economy approach. The framework to determine the minimum energy of separation
can be applied to other resource recovery efforts to guide the selection of waste streams and

products.

Next, this work demonstrated the ability of Donnan dialysis with a high driver ion content
in the receiver solution to enable orthophosphate recovery against a concentration gradient,
i.e., uphill transport.?®® The study demonstrated diminishing returns in phosphorous recovery
with increased driver ion, CI~, content in the receiver solution. Higher [Cl ]rs resulted in increased
co-ion (cation) transport and osmosis from FS to RS. Orthophosphate was enriched in the
receiver solution to higher concentrations of urine by leveraging feed and receiver volumes. This
thesis systematically explored the impact of anions in fresh and hydrolyzed urine on
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orthophosphate flux, selectivity, and P recovery. The analysis provides strong evidence that ions
compete to partition into the IEM and exchange with driver ions in the receiver solution. The
work revealed the rationale for using fresh, rather than hydrolyzed urine, for P recovery: the high
bicarbonate content of the latter source is detrimental to orthophosphate flux and selectivity.
Selectivity for monovalent ions, HoPO4~ in fresh urine, over multivalent ions, SO42~ in fresh urine,
can be enhanced using monovalent ion selective membranes. The insights from this work are
broadly applicable to DD for other resource recovery or contaminant removals efforts, particularly
from streams with multiple anions and/or cations, such as NH4* recovery from wastewater and

removal of NO3~ and HxAsO4® ™~ from drinking water.

The thesis presented IMD-AC as a promising and energy-efficient technique for
selective recovery of ammonia from human urine.” The isothermal feature, i.e., equal feed and
collector operating temperatures, minimized the driving force for water vapor permeation and
resultingly suppressed undesired H20 transport and improved selectivity for NHs. The acidic
collector feature of IMD-AC drove the protonation of NHs to NH4" and enabled the transport of
NHs vapor against an ammoniacal nitrogen concentration gradient. The acidic collector also
increased ammonia flux compared to operation with a DI water collector. This thesis postulated
that the kinetics of ammonia vapor dissolution is influenced by pH and is more favorable in an
acidic collector solution. By suppressing water vapor transport IMD-AC achieved 95% savings
in vaporization energy consumption relative to conventional MD. The study also demonstrated
that ammonia recovery is possible using IMD-AC at ambient temperatures, which can reduce
thermal energy requirements, though at the expense of lower kinetics. Critically, the vaporization

energy requirement of the IMD-AC technique for N separation and recovery can be lower
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than the practical energy requirements of the linear economy approach of nitrification-

denitrification for N removal and Haber-Bosch the N fixation.

DD and IMD-AC can be practiced in sequence to capture both P and N from human urine.
Nutrient speciation, i.e., H2POs/HPO4* and NH4+*/NHs, in urine can be favorably leveraged
to improve DD and IMD-AC performance.?® The work elucidated the role of feed pH and
orthophosphate speciation on DD performance. Orthophosphate transport and recovery in DD with
a monovalent ion selective membrane is beneficially improved at pH << pKa,, of phosphate, where
monovalent H.PO4™ is the predominant orthophosphate species. This thesis also underscored the
role of feed pH and ammoniacal nitrogen speciation on MD performance. Higher pH of hydrolyzed
urine beneficially increased the fraction of ammoniacal nitrogen as volatile NH3, which enhanced
ammonia permeation in MD. The thesis applied bipolar membrane electrodialysis to generate
acids and bases in situ to strategically control the pHs of urine feed stream in DD and urine
feed and acidic collector streams in IMD-AC. As a result, orthophosphate flux and selectivity
in DD was increased and NHs vapor flux in IMD-AC was enhanced. At the same time, an

acidic stream benefiting N recovery was produced in situ using low-cost/waste salt solutions.

The techno-economic assessment of implementing DD and IMD-AC for nutrient recovery
from source-separated urine into onsite wastewater management revealed opportunities to
improve the economic viability for decentralized nutrient recovery. Utilization of waste
resources, such as waste low-grade heat and waste chemicals, significantly decreased costs
of operation.?® Thermal energy recovery from warm waste streams produced onsite offer
propitious opportunities as low-grade heat in MD for N recovery. Analysis revealed that
accounting for the benefits of nutrient recovery to downstream wastewater treatment is key to

economic viability of the technique. The analysis demonstrates that the capital costs from urine
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diversion itself, i.e., toilet and piping, are larger than the nutrient recovery technologies of DD and
MD. Urine diversion in public restrooms may be more economically favorable than urine diversion

in private restrooms.
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7.4 Implications and Future Directions

The existing linear economy approach to nutrient management has clear shortcomings of high
expenditures for production of fertilizer by Haber-Bosch for N fixation and phosphate mining and
high chemical and energy cost for nutrient removal at downstream WWTPs to prevent the
pollution of aquatic environments. Further compounding these issues is the reliance on other
regions to support fertilizer demand, which leaves fertilizer economies vulnerable to the
consequences of international conflicts (e.g., Russia’s invasion of Ukraine and resultant sanctions
on fertilizer exports).2®® 2°7 Additionally, phosphate rock reserves are a finite and depleting
resource. At the same time, the global population is projected to drive =50—85% increase in
fertilizer demand by 2050.2°® A more sustainable circular economy promotes the recovery of
nutrient from waste streams for reuse, to lower the dependence on industrial P and N fertilizer
production from current unsustainable levels, and simultaneously protect aquatic environments
from harmful nutrient emissions. The purpose of this work is to critically inform nutrient recovery
approaches and advance membrane-based processes for P and N capture to support the paradigm

shift from an inefficient linear nutrient economy to a sustainable circular nutrient economy.

The findings of the thermodynamic and energy assessment guide the selection of waste
stream and product for nutrient recovery efforts. Based on inherent energy requirements for
separation, strategic nutrient recovery efforts should target source-separated urine rather than
diluted centralized sources of wastewater. Therefore, instead of reliance on the incumbent
centralized sanitation infrastructure, decentralized urine diversion and nutrient recovery efforts
may be more viable. While decentralized nutrient recovery from urine will demand new
infrastructure (e.g., urine diversion toilets, dual piping, and onsite treatment systems), projected

population and sanitation trends present ideal opportunities to introduce urine diversion and onsite
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nutrient recovery facilities. The projected urban influx of 2.5 billion people by 2050 and current
2.3 billion people without adequate sanitation will necessitate the installation of new sanitation
systems and wastewater treatment facilities.?®® Incorporation of onsite nutrient recovery from
source-separated urine into these new facilities would not require costly replacements and retrofit

of existing sanitation systems.

This thesis unearthed that it is possible for nutrient recovery to out-compete the energy
requirements of the conventional linear economy production methods, i.e., Haber-Bosch for N
fixation and phosphate rock mining, if separation processes achieve efficiency benchmarks.
Critical to the adoption of nutrient recovery is the development and advancement of technologies
capable of high nutrient recovery potential with low energy intensities and expenditures. Studies

on membrane-based process of DD, IMD-AC, and BPM-ED, i.e., Chapters 3, 4, and 5, reveal

considerations for applying the technologies to nutrient recovery from urine and present
opportunities to advance performance and cost-competitiveness. However, future studies are
needed to determine the energy efficiencies of separation techniques, DD and IMD-AC relative to

the thermodynamic minimum energy for nutrient separation and recovery.

For P recovery with DD, supplying sufficient chloride driver ion content in the receiver
solution can enable orthophosphate transport against a concentration gradient, i.e., achieve uphill
P transport, to reach practically feasible high P recovery yields.?® Performance, in terms of
orthophosphate recovery, selectivity, and Kkinetics, can be enhanced if DD is performed
immediately following urine diversion and collection, prior to the hydrolysis of urea, which
generates a high bicarbonate content that proved detrimental to orthophosphate transport.?®®
Furthermore, a monovalent ion permselective membrane offers an approach to improve the

selectivity for monovalent orthophosphate over sulfate, but at the cost of decreased kinetics. 28
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Future work can also consider the impact of membrane properties, such as fixed charged density
and swelling degree, on the transport of different ions and selectivity for phosphate over other ions.
The design of a DD system for P recovery should consider both desired P recovery yields and
membrane requirements, which is reflected in tradeoff between economic benefits with capital and
operating costs. Another consideration for DD design is to capture orthophosphate within a smaller
receiver solution volume relative to the feed to enrich P above the initial concentration of urine.
An enriched orthophosphate solution is of greater economic value and facilitates transportation of

the P fertilizer.

Operation of isothermal, i.e., equal feed and collector temperature, membrane distillation
with acidic collector, or IMD-AC, enabled the production of an enriched ammonia solution that is
of greater economic value and facilitates transportation of N fertilizer.” Crucially, the vaporization
energy requirement for IMD-AC can be lower than and comparable to the specific energy
requirements of the dominant industrial N fertilizer production method, i.e., Haber-Bosch for N
fixation, and N removal at conventional WWTPs by nitrification-denitrification, respectively.”
The design of IMD-AC for NH3 recovery can also consider operation at ambient temperatures, i.e.,
without warming feed and collector stream, which can reduce thermal energy expenditures, though
at the expense of slower kinetics.”* Practically, this is reflected as tradeoff between reduced
operating costs and higher capital cost for larger membrane areas required for the same

productivity of N recovery.

BPM-ED can be used as a tool to strategically modify solution pH to enhance the
performance, in terms of nutrient flux and recovery potential, of DD for P recovery and IMD-AC
for N recovery.?* The approaches of BPM-ED + DD for P recovery and BPM-ED + IMD-AC for

N recovery exhibited lower specific energies than the practical energy requirements of the
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currently practiced linear P and N economies (i.e., fertilizer production and removal at centralized
WWTPs).2%* The integrated membrane approach of DD, IMD-AC, and BPM-ED demonstrated
initial promise for P and N recovery from source-separated urine. Future work can employ real
samples of human urine to examine the impacts of proteins and biomolecules, which can be

potential foulants, on the DD and IMD-AC operations.

For each of the three membrane-based processes, there are propitious opportunities to apply
low-cost and/or recycled waste streams to source chemical and/or energy requirements for
operation, thereby enhancing economic viability and/or sustainability of the techniques. The DD
study revealed that a variety of solutions with high chloride content, including low-cost and
recycled streams, can supply sufficient driver ions to facilitate orthophosphate recovery. For
example, waste water softening regenerant rinse, which contains a high concentration of chloride,
produced in high-density buildings can be repurposed and used onsite as the receiver solution.
Alternatively, desalination brine or sweater can be used to supply chloride content driving
orthophosphate recovery in DD. Additionally, the selection of receiver solution in DD is flexible
and can be tailored to the desired nutrient profile of the fertilizer product. The IMD-AC study
demonstrated that only mild temperatures are needed to drive NH3 recovery from urine. Crucially,
low-grade heat from locally-available waste flows (e.g., warm bathwater runoff or hot stream of
cooling water systems) or onsite solar thermal collectors can supply the necessary thermal energy
to drive N recovery in IMD-AC. The cost of operation can be further reduced and sustainability
enhanced by supplying acid for the collector solutions from unwanted effluent streams, such as
spent pickling brine, which contains acetic acid. Alternatively, an acidic solution can be generated
by BPM-ED, replacing the need to source the acid from external sources. In BPM-ED, salt

solutions providing electrolyte for acid or base generation can also be sourced from low-cost or
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waste resources. Future work can examine the impact of the strength of acid generated via BPM-
ED (i.e., weak versus strong acids) on IMD-AC performance. Tapping into unwanted effluents
streams to provide chemicals and/or energy for DD, IMD-AC, and BPM-ED can promote circular
economies of these other resources. Repurposing these resources to membrane-based processes
for nutrient recovery may enhance the cost-competitiveness and environmentally-sensibility of

these techniques.

The economic benefits and costs of onsite nutrient recovery using DD and IMD-AC are
assessed in a preliminary techno-economic assessment, Chapter 6. The proposed system
leverages on the ecosystem of waste utilization and economies of scale in high-density urban
population centers. Operation costs can be reduced by utilizing waste heat and chemicals to drive
IMD-AC and locally-available waste chemicals to drive DD.? However, the high capital costs
from toilets and piping infrastructure present challenges for economic feasibility.?® Preliminary
analysis revealed that these costs can be mitigated through urine diversion in public, rather than
private restrooms, which require fewer toilets and less piping length.?®> While fertilizer production
provides a small source of revenue, potentially, future policy can incentivize decentralized nutrient

recovery efforts on the basis of reduced costs downstream at centralized WWTPs.

Additional analysis can consider the energy requirement and cost for disposal of waste
streams produced during nutrient recovery. Future techno-economic studies are needed to compare
and optimize the scale of urine diversion, i.e., number and location of toilets, to enhance the
economic feasibility of nutrient recovery from source-separated urine. Additionally, future life
cycle assessments are needed to quantify the environmental impacts (e.g., greenhouse gas
emissions, eutrophication potential, resource depletion) of nutrient recovery compared to the

existing linear economy approach. Realizing environmental benefits for capturing P and N from
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urine for reuse as fertilizer may provide compelling justification for the implementation of urine
diversion and nutrient recovery. Additionally, future work can assess the economic and
environmental impact of urine source-separation and nutrient recovery on centralized wastewater
treatment; specifically, how the changed biome impacts requirements for biological treatments
steps in wastewater treatment. Outside of cost-competitiveness and environmental impacts, health
and hygiene are also vital performance metrics. As such, assessing the presence of contaminants,
such as pathogenic microorganisms, organic pollutants, toxic heavy metals, and pharmaceuticals,
in the recovered nutrient products is important. Future studies need to be conducted to better
understand rejection of contaminants by AEMs, utilized in DD for P recovery, and hydrophobic
microporous membranes, utilized in IMD-AC for N recovery. Additionally, the potential presence
of unwanted species in receiver and collector solutions supplied from low-cost/waste resources
should be examined in future work. Additionally, the potential presence of unwanted or hazardous
species in receiver and collector solutions supplied from low-cost/waste resources should be
examined in future work. Also, future studies can evaluate if specific membrane chemistries are
more favorable for ammonia flux and selectivity and can elucidate the impact of collector stream

pH on ammonia transport in IMD-AC.

The insights from this work are broadly applicable to other processes for resource recovery
and/or contaminant removal. The thermodynamic and energy analysis framework can be adapted
to quantify minimum energies for removal and/or recovery practices and can be employed to guide
strategic approaches for separation. Next, the approach for determining ion concentrations in the
feed and receiver solution at Donnan equilibrium can be used to predict DD recovery potential or
contaminant removal efficiency from mixed electrolyte solutions. Furthermore, the systematic

analysis of factors influencing transport of different ions in DD underscores the role of competitive
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ion sorption on transport Kinetics and can elucidate ion transport behavior in solutions with
complex compositions. These findings can be considered in DD systems for NH4* recovery from
wastewater, metal ion recovery from electroplating rinse, and removal of NO3~ and HxAsO4® ™~
from drinking water, as some examples. IMD-AC, developed in this work, can be adopted and
applied for selective separation and/or recovery of compounds that speciate between volatile and
nonvolatile forms at different. An example of an environmentally-relevant application is H2S
removal from domestic and industrial wastewaters. Like NH3z, H.S exhibits pH-dependent
volatility. In such a system, H>S) permeates across the MD membrane and speciates to nonvolatile
HS (ag) in a basic collector (equivalent to NH3g) transport and speciation to NH4"(ag)), thus, enabling

selective removal of the contaminant.
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Appendix A: Supporting Information for Chapter 2

A.1 Methodology to Determine Molar Minimum Energy of Recovery

To determine the molar minimum energy of nutrient recovery, E_., mole fractions of species i in

the feed, product, and retentate are required. The mole fractions of species i in the waste stream
feed, xiF, are based on literature data.?® 9% The mole fraction and molar ratio of a species in the
product, xip and nip, respectively, are dependent on the targeted product, and mole fraction of

species in the retentate, Xir, is determined by species mole balance. Mole balances are expressed

as X eNg + X gun Nesn = Xi o Np + X, o Ng for aqueous products or

X eNg + 1 gy Nexnw =N pNp + X o N for pure liquid/solid products; where the subscript

1,RXN denotes the species produced or consumed in reactions. To recover products, nutrients and
product co-species are consumed. Additionally, H,O, OH™, and H" may be generated or consumed
for the deprotonation and protonation of NH4*/NH3 and HsPO4/H2PO4 /HPO4* /PO4>~ species to
capture targeted products. For the NH4"/NHs and HsPO4/H2PO4 /HPO4?> /PO4>" species, mole
balances are based on TAN and TOP mole fractions, respectively. To utilize the mole balances to
solve for xir, scenarios with different recovery yields are modeled. Recovery yield is the amount

of species, i, from the initial feed solution captured as a product, defined by Y, , = x N, /x N,

for aqueous products and Y;, =n, N, /x N, for solid/pure products.

It is important to note that pH and resultant TAN and TOP speciation influence the Gibbs

free energy of a solution because of the following three factors: i) GNH3(aq)¢GNH4+(aq),

HPO a0 iGHZPO[(aq)’ i) y, values are dependent on the species, and iii) x; is dependent on the

concentration of each species. The speciation between ammonium and ammonia, NH4* <> NH3 +
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H*, is governed by eqn (A.1), and the speciations between the four forms of orthophosphate,
H3POs>H2PO4 +H*, HoPO4 «HPOs* +H*, and HPO4? « PO,*+H*, are governed by eqns

(A.2), (A.3), and (A.4):

aNHE TR =107 (A1)
e
Karpo,2 = {H{P FZAFZ’_O}jT} ~10772 (A3)
g0, = % ~1072¥ (A4)

where K, is the dissociation constant for the acid and {i} is the activity of species i. All K, values

were acquired from literature.?®® Table A.1 presents the range in pH for each waste stream and

resultant speciation determined using egns (A.1)—(A.4).
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Table A.1. Range in pH of each waste stream® °%7 and resultant speciation of TAN and TOP. o, is

the fraction of TAN or TOP present as the species denoted by the subscript. The pH range is presented
with “H” signifying the high-end and “L” signifying the low-end. Note that only H,PO, and HPO4?>

forms of TOP are presented because HsPO, and PO,%" concentrations are negligible in the waste

streams.

Waste stream pPH | o a. . a._ a . Predominant
s M Hres H2POs form of TOP

Greywater H 9 10.365 0.635 0.984 0.016 HPO4*

Greywater L 5 |5.75x10° | 1.00 6.13x107° | 0.994 HoPO4~

2° WW effluent | 7.7 | 0.028 0.972 0.796 0.204 HPO4?

A

2° WW effluent B | 6.8 | 3.62x10°° | 0.996 0.334 0.666 HoPO4~

Domestic WW A | 8.5 | 0.154 0.846 0.984 0.016 HPO4*

Domestic WW B | 6.5 | 1.82x10° | 9.49x10’ | 0.163 0.837 HoPO4~

Fresh Urine A 7.5 10.018 0.982 0.661 0.339 HPO4*

Fresh Urine B 6 |5.75x10* | 0.999 0.058 0.942 HoPO4~

Hydrolyzed Urine | 9.2 | 0.477 0.523 0.990 0.010 HPO4?

A

Hydrolyzed Urine | 9.0 | 0.365 0.635 0.984 0.016 HPO4?

B
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Table A.2. Concentration of active species (components of products in the analysis), other forms of N,

and passive species (components in the waste streams, but not in products) in waste streams examined

in the analysis.®% %97 Ranges are provided when available in the literature.

Concentration (mM)

Species Greywater | Fresh Urine | Hydrolyzed | Domestic WW | 2° WW
Urine effluent

Sulfate 0.00156— 0.288-36.7 1.65-17.4 0.469 1.73

(S04%) 0.225

Potassium | 0.000510— | 20.1-94.5 19.4-56.3 0.619 0.256—-0.767

(KM 0.0614

Magnesium | 1.48-1.96 | 4.11 0.453-0.918 0.412-2.058

(Mg*)

Nitrate 0.0714-1.42

(NO3)

Urea 125.9-264.5

(CHsN20)

Sodium 64.9-119 1.41-17.4

(Na")

Chloride 64.9-119 1.41-17.4

(CIH)
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A.2 Molar Minimum Energy Equations

The following provides the expressions for molar minimum energies to recover products from the

waste streams as presented in Figures 2.2, 2.3, 2.5, and 2.6.

Figure 2.2. To determine E,, for recovering NHsgy from all waste streams presented in

Figure 2, egn (A.5) was utilized. Note that in Figure 2.2 all TAN was assumed to be present as

NH.4", while analysis presented in Figure 2.3 considers the speciation between NH."and NHs.

— o
Emin = f.NH; )

XNHA*,RGNH[' + XHZOvRGHZO + XOH’,RGOH’

+— XNHA*,R In (7/NH4*,R XNH4*,R ) + XHzOYR In (7H20R XHzOvR ) (A-5)

Ny | +RT
RRATEN In (7H*,RXH*,R ) T Xow R In (7OH’,R Xon- R )

XNH;,FGNH; + XHZO!FGHZO + XOH’,FGOH’

N XNH4*,F In (7/NH4*,FXNH4*,F ) + XHzOF In (szovFXHzOvF)

Ny | +RT
+XH*,F In(yH*,FXH*,F)—i_ XOH’,F In(]/OH’,FXOH’,F)

Figure 2.3. For the determination of E,__to recover NHaq), the agueous ammonia products

(i.e., 10 M NH3(g), 5.0 M NH3gag), and 1.0 M NHzsg), and (NH4)2SO4s), egns (A.6), (A.7), and
(A.8), respectively, were utilized. The pH of all the aqueous NH3 product streams is high (>11.7),
such that >99.7% of TAN is NH3 and NH4* species are negligible. Note that in all calculations

Gibbs free energy required for recovery is normalized per mole of TAN recovered.
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min — f.,NH3)
XNHA*,RGNHA* + XNHgyRGNHa + XHzOVRGHzO + XOH’,RGOH’
+£ X In(7 X )+XNH Rln(7NH R XNH R)
NH,* R NH,",R “NH,* R 3 3 3
Ny | +RT * ) ‘
+XH20R In (7/H20RXH20,R )+ XH*,R In (7H*,R XH*,R ) + XOH’,R In (J/OH’,R XOH’,R )
XNH4+,FGNH4+ + XNHg,FGNHs + XHzO,FGHzO + XOH’,FGOH’
N X In(y X + X In ( V. £ X )
- NH,*F NH,* F 7 NH," F NH; F NH3,F“*NH3,F
Np | +RT
Xu0F In (7H20,FXH20,F ) + XH*,F In (7H*,FXH*,F ) + XOH’,F In (yOH’,FXOH’,F)
XNH3,PGNH3 + XHZO,PGHZO + XOH*VPGOH*
= 1
E.in = XNH, P In (7NH3,P XNH, P ) * Xu,0p In (VHZO,PXHZO,P )
Xranp | +RT
+XH*,P In (7H*,PXH*,P ) + XOH’,P In (7OH’,PXOH’,P)
XNH[,RGNHA* + XNHg,RGNHs + XHzO,RGHzO + XOH’,RGOH’
Ne X In{y X + X In (7/ X )
+ N NH,* R NH,*,R "NH," R NH3 R NH3,R “"NH3,R
XranpeNp [ +RT
+XH20]R In (}/HzOR XHZO!R )+ XH*,R In (7H*,R XH*,R )+ XOH’,R In (yOH’,R XOH’,R )
XNH4*,FGNH4* + XNHsyFGNHs + XHZOVFGHZO + XOH’,FGOH’
Ne x . _In(y . x o X, 10 (P, X )
- NH," F NH," F " NH," F NH3,F NHg,F“*NH; F
XraneNp [ +RT
+XH20,F In (j/HZOvFXHZOvF ) + XH*,F In (7/H+,FXH+,F ) + XOH‘,F In (70H',FX0H',F)

E

o
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g _lg

min 2 f,(NH,)2S0,(s)

XNH;,RGNH; + XNHsyRGNHs + Xsof*,RGsof + XHzO,RGHzO + XOH’,RGOH’
N XNH4*,R In (7/NH4*,R XNH4*,R ) + XNstR In (7NH3VR XNHayR )+
4+ R
2Np | +RT X0, R In ( Yoz %o ) + X 0r IN (7H20,RXH20,R )+
XH*,R In (7/H+,R XH*,R ) + XOH’,R In (7OH’,R XOH’,R )
XNH[,FGNHA* + XNHs,FGNHs + Xsof*,FGsof* + XHZOlFGHZO + XOH’,FGOH’
N XNH4*,F In (7/NH4*,FXNH4*,F ) + XNHs,F In (7NH3,FXNH3VF ) +
__VF
2N ( )
p| +RT XSO42’,F In 7/5042’,FXSO42’,F +Xu,0F In Vw0 X 0F ) T (A.8)
XH*,F In (7H+,FXH*,F ) + XOH’,F In (j/OH’,FXOH’,F)

For the determination of E__ to recover different phosphate products, KMgPO4-6 H2Os

(potassium magnesium phosphate), NHsMgPO4-6H2O) (struvite), KH2POsi (potassium

phosphate), and NH4H2PO4(s) (monoammonium phosphate), egns (A.9), (A.10), (A.11),and (A.12)

were respectively employed.

Emin = Gf KMgPO, -6 H,0(s)
XK*,RGK* + XMgz*,RGMgz* + XHZPOA’,RGHZPOA’ + XHPO42’,RGHPOAZ’ + XHZOvRGHZO + XOH’,RGOH’

N XK*,R In (7K*,R XK*,R ) T XMgz*,R In (7Mgz*,R XMgz*,R )
4R

N

p|+RT +XH2PO[,R In yHZPO[,R XHZPO[,R + XHPOAZ’,R In ]/HPOAZ’,R XHPO42’,R
+XH20R In (7H20RXH20R )+ XH*,R In (7H*,R XH*,R )+ XOH’,R In (}/OH’,R XOH’,R )
XK*,FGK* T XMgz*,FGMgZ* + XHZPO[,FGHZPO[ + XHPO42’,FGHP042’ + XHzO,FGHzO + XOH’,FGOH’
NF K*F In (7/K*,FXK*,F ) + XMgZ*,F In (7Mgz*,FXMgZ*,F)

N
p|+RT +XH2P04’,F In 7H2PO4’,FXH2PO[,F +XHP042’,F In 7HP042’,FXHPO42’,F

(A.9)

tXu,or In (7/HzOVFXHzOYF ) + XH*,F In (yH*,FXH*,F ) + XOH’,F In (?/OH’,FXOH’,F)
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ITI

m

min

=G,

f ,NH,MgPO, -6 H,0(s)

G

XMgz+ R Mgz+

+ xHZORGHZO +X OH,'RGOH,

+ xNHngGNH3 + +X

NH R NH* H,PO, R~ H,PO,

HPOAZ’ R HPO =
XNH;,R In (yNH;,RXNH;,R ) + XNH3vR In (7/NH3,RXNH3,R )+
XMgz*,R In (J/Mgz*,R XMgZ*,R

XHPOAZ’,R In (yHPOAZ’,R XHPOAZ’,R ) + XHZO,R In (7H20,R XHZO,R ) +
X R In(}/OH’,RXOH’,R)

H* R In(yH*,RXH*,R)+XOH’
G G

X +
NHA*,FGNHJ Mg?" F~ Mg? H,PO, F ~H,PO,

X OH" F " OH™

+RT

Xy, FOnm, T X + X +

HPOAZ’,FGHPO42’ + XHzOYFGHzO X

NHA*,FIn (j/NHA*,FXNHA*,F)_'_ XNH P In (yNHstXNHayF)-F

Xyg? £ In

+RT
XHPO42’,F In (7HPO42’,FXHP042’,F ) +tXn0F In (7HzOvFXHzOYF ) +

XH*,F In (yH*,FXH*,F)—'_ XOH’,F In (j/OH’,FXOH’,F)

[

=G, KH,PO, (s)

K* RGK* X

G

+X oy

+ X + X
H PO4’,RGH2PO4’ HPO,% R HzO,RGHzO

R In (}/K*,R XK*,R ) + XHZPO[,R In (}/HZPO[,R XHZPO[,R ) +

+RT XHPO42’,R In (}/HPO42’,RXHP042’,R ) + XHzO,R In (7H20R XHzO-R )+

R Ir](7/H+,RXH+,R)+XOH’ R Ir-](]/OH’,RXOH’,R>

G

+X
G H,PO,”,F ~H,PO,”

K* F K"
K*F In (7/K*,FXK*,F ) + XHZPO;,F In (yHZPO[,FXHZPO[,F ) +
+RT XHPOAZ’,F In (7HP042’,FXHP042’,F ) + XHzO,F In (7HzOYFXHzO-F ) +

X F In (7H*,FXH*,F)+ Xon- In (}/OH’,FXOH’,F)

+ X

GHPOAZ, +X1.0£Cm,0 T Xopy O

HPO,%" F
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(7/Mg2*,FXMg2*,F ) + XHZPOA’,F In (szPOA’,FXHZPO4’,F ) +

)+ XHZPO4’,R In (7H2PO4’,R XHZPO4’,R ) +

G

OH™,F OH™

OH",R OH™

(A.10)

(A.11)



G f,NH,H,PO, (s)

+ X + X +
[ NH," R NH* NHszGNHs HZPOA’,RGHZPQ(

+ Xu,0rCGn,0 T Xy G

HPO R HPO - OH™ R —OH"~

+— NH4*,R In (7/NH4 RXNH R)+XNH3R In(yNHayRXNHsR)
+RT +XH2P04’,R In (7/H2P04’,R XH2P04’,R )+ XHPO42’,R In (yHPOAZ’,R XHPOAZ’,R )

+XH20,R In (7/H20R XHZOvR ) + XH*,R In (}/H*,RXH*,R ) + XOH’,R In (yOH’,R XOH’,R )

[XNHA*FGNHA* + XNHleGNHa + XHZPO[,FGHZPOA’ +J
X

HPOAZ’,FGHPOAZ’ + XHzO-FGHzO X G

OH™F ~OH"~
__F NH,* F In (VNH;'FXNH;,F ) + X\H, F In (7NH3,FXNH3,F ) (A.12)
+RT +XH2P04’,F In (7H2Po4’,FXH2Po4’,F ) + XHPOAZ’,F In (yHPOAZ’,FXHPOAZ’,F )

+XH20,F In (}/HzO,FXHzO,F ) + XH*,F In (7H*,FXH*,F ) + XOH’,F In (}/OH’,FXOH’,F)

Figure 2.5. For the determination of E__ to recover NHsgy and 1.0 M NHasg) at various

recovery yields from hydrolyzed urine and 2° treated WW effluent eqns (A.6) and (A.7) were

respectively applied. Inputs of x,, . and X are dependent on the speciation of TAN in the

NH," F

feed (ie., fraction of TAN as NHs, ay,, , and as NH4", Ay where Xy, =y Xray and

Xy = %y Xran ) Inputs of x, o and x

e = O XTan are dependent on the speciation of TAN in the

NH,* R
retentate as well as the TAN material balance,
Xran e NE + Xpan rxn Nrxn = Xranp Np + Xpan g Ng - For 2° treated WW effluent systems, NH4*
was assumed to be predominant in the feed and retentate due to both streams having pH << pKa.
For hydrolyzed urine systems, speciation of TAN in the feed was evaluated using a model urine

solution (Table A.7) with Visual Minteq.>® To calculate X,y , the TAN material balance was
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applied. Then, x, qand x_ . were calculated using Visual Minteq to determine pH, ¢y, ,and

(Tables S8 and S9).

aNH;,R

Figure 2.6. For the determination of E, to recover 1.0 M KNO3(g), 1.0 M NH4NO3(ag),

KNOs3), and NH4aNOz() from 2° treated WW effluent, egns (A.13), (A.14), (A.15), and (A.16),
respectively, were used. For 1.0 M urea(q) and ureags) recovery from hydrolyzed urine, eqns (A.17)
and (A.18) were used, respectively. In this analysis, all recovery energies were normalized per

mole of nitrogen recovered.

X.G.+x G

K'P K" NO;™ P~ NO;~ + XHzOPGHzO + XOH’,PGOH’

_ 1 X p In (7/K*,PXK+,P)

no, p | TRT X0, p In (7/N03’,PXNO3’,P)+ Xp,0p IN (7HZO,PXH20,P)
TR p In (7H+,PXH+,P)+ Xorp In (j/OH‘,PXOH‘,P)

XK",RGK" + XN03',RGNO3' + XHZOvRGHZO + XOH',RGOH'

NR XK*,R In(yK*,RXK*,R)
e (roshon)
No, p VP +RT o, R In(;/Nos,’R xNO3,’R)+ Xi,0R In Y08 XH,0R
+XH*,R In (yH*,RXH*,R)+ XOH’,R In (j/OH’,RXOH’,R)

XK*,FGK* + XN03’,FGNO3’ + XHZOvFGHZO + XOH’,FGOH’

N, XK*,F In(}/K*,FXK*,F)
X N ( )
NOg P P +RT +XNO3’,F In (7/N03’,FXN03’,F)+ Xn,0F In Y08 XH,0F

(A.13)
+XH*,F In (yH*,FXH*,F)+ XOH’,F In (}/OH’,FXOH’,F)
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m

min

=G

min

XNH; ,PGNH; + XNHsP

Gy, +X Gro. T Xn,000h,0 t %oy ,C

NH; NO;" P~ NO;~

1 XNH4*,P In (7/NH4*,PXNH4*,P)+ XNHsP In (7NH3PXNH3,P)

2Xranp | +RT Xy p I”(7No;,pXNo;,p)+ Xp,0p |n(7Hzo,pXHzo,p)

RRATRPS In (7H*,PXH*,P ) o p In (yOH’,R XOH’,P)

XNH;,RGNH; + xNHB’RGNHS + XN03’,RGNO3’ + XHZO,RGHZO + X G

XNH;,R In (7NH4+,R XNH;,R )+ XNHg R In (VNH3,R XNHg R )

ZXTAN:PNP +RT +XNO3’,R In(}/No;,RXNo;,R)_'_ Xh,0R In(j/HzORXHzOvR)

+XH+,R In (}/H+,R XH*,R ) + XOH',R In (7OH',R XOH',R )

XNH4*,FGNH4* + XNH3,FGNH3 + XNo;,FGNo; + XHZO,FGHZO +x_ G

XNH4+,F In (}/NH4+,FXNH4+,F)+ XNH4+,F In (}/NH4+,FXNH4+,F)

2XTAN'P Ne | +RT +XNO3’,F In (}/NOS’,FXNOB’,F ) +Xu0F In (szOVFXHzOvF)

o

+RT

N, | +RT

+XH+,F In (7/H+,FXH+,F)+ XOHf,F In (7OH’,FXOH’,F)

f .KNO, (s)

XK*,RGK+ + XNOS’,RGNO3’ + XHZO,RGHZO +X G

OH" R " OH™

XK*,R In (yK*,RXK*,R ) + XNO;,R In (7/N03’,R XNO;,R )

tXn0r In (szO,R Xh,0R ) + XH*,R In (7H*,RXH*,R ) + XOH’,R In (yOH’,R XOH’,R ) ]

X (O TX O3,'FGN03, + X,0.Cm,0 T Xoy- (O

OH™,F ~OH"

XK*,F In (7/K+,FXK+,F)+ XNOS’,F In(yNO{,FXNO{,F)

OH™F ~OH~

OH™,R ~OH"

X0F In (}/HzO,FXHzo-F)—F XH*,F In (}/H*,FXH*,F)—'_ XOH’,F In (}/OH’,FXOH’,F) |

223

OH™ P ~OH~

(A.14)
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— 1 o

Emin = _Gf,NHANog(s)
2
XNHA*,RGNHA* + XNHa,RGNHs + XNOS’,RGN03’ + XHZORGHZO + XOH’,RGOH’
N (A.16)
R X In ( X )+ X In ( X )+ X In ( X )
+ 2NP +RT NH," R 7NH4*,R NH,* R NH3 R 7NH3R NH3.R NO;™ R 7N03’,R NO; R
+XH20R In (7H201R XHzOR )+ XH*,R In (yH*,R XH*,R )+ XOH',R In (yOH',R XOH',R )
XNHA*,FGNH‘,* + XNHavFGNHa + XNog’,FGNo; + XHZOvFGHZO + XOH’,FGOH’
N
F
- XNHA*,F In (7/NH4*,FXNH4*,F ) + XNHavF In (7NH3‘FXNH3VF ) + XNO;,F In (7N03’,FXN03’,F)
2N, | +RT
+XHzO,F In (Q/HzOYFXHzO,F ) + XH*,F In (7/H*,FXH*,F ) + XOH’,F In (J/OH’,FXOH’,F)
XCO(NHQ)Z,PGCO(NHZ)Z + XHZO,PGHZO + XOH’ypGOH*
E = 1 X In X + X, 0pIN X
mn — A CO(NH,),.P }/CO(NHZ)Z,P CO(NH,), P H,0,P VH,0p % H,0p

2XCO(NHZ) pNp | +RT

e

+XH+,P In(yH+,PXH+,P)+ XOH’,P In (j/OH’,PXOH’,P)

XCO(NHZ)Z,RGCO(NHZ)Z + XHZO,RGHZO + XOH—,RGOH—
N
+—L XCO(NHZ)Z,R In (7CO(NH2)2,R XCO(NHZ)Z,R ) + XHZO,R In (VHZO,R XHZO,R ) (A-17)
2XCO(NH2)2,PNP +RT
+XH*,R In (7H*,RXH*,R ) + XOH’,R In (yOH’,RXOH’,R )
XCO(NHZ)Z,FGCO(NHZ)Z + XHZO,FGHZO + XonYFGOH—
N
_2—': XCO(NHZ)Z,F In (7CO(NH2)2,FXCO(NH2)Z,F ) + XHZO,F In <7H20,FXH20,F)
XCO(NHZ)Z,P Np | +RT
L +XH*,F In (yH*,FXH*,F ) + XOH’,F In (yOH’,FXOH’,F)

Enin = Gf,CO(NHZ)Z(s)
XCO(NHZ)Z,RGCO(NHZ)Z + XHZO,RGHZO + XOH‘,RGOH'
N
+—= Xco(nty), & IN (7CO(NH2)2,R Xco(NH, ), R ) +Xy,0r IN (7H20,R Xi1,0R ) (A.18)
2Np | +RT
+XH+,R In (7H+,R XH+,R ) + XOHi,R In (}/OHi,RXOHi,R )
Xco(niy), FCco(nty), T Xr,06Cm,0 + Xon (Coy-
. ( )
_ X In X + X In( X )
2N, | +RT Cco(NH, ), F T\ Vco(nH,), FRco(NH,), F H,0F T VH,0F%H,0F
L +XH+,F In (7/H+,FXH+,F ) + XOHi,F In (}/OH:FXOH:F)
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For the determination of E,_to recover NHsg) and 1.0 M NHs@g) from waste streams excluding

Na* and CI~ species in the analysis, egns (A.6) and (A.7) were respectively applied. For the

determination of E,_ to recover NHsg) and 1.0 M NHsg) from waste streams including Na* and
CI” species in the analysis, eqns (A.19) and (A.20) were respectively applied. The E, . values are

presented in Table A.6.

— o
Emin = f.NH3 )

XNHA*,RGNH[ + XNHs,RGNHs + XHzORGHZO + XOH’,RGOH’ + XNa*,RGNa* + Xcr,RGcr

NR XNH;,R In (yNHj,R XNH;,R ) + XNHsz In (yNHsyR XNHsz )
N ( )

p|+RT Xn0r In YworX,0R |+ XH*,R In 7H*,RXH*,R + XOH’,R In yOH’,RXOH’,R
+XNa*,R In (7/Na+,R XNa*,R ) + XCI’,R In (}/CI’,R XCI’,R )

GNH4* + XNHs,FGNHa + XHzOVFGHzO + XOH‘,FGOH' + XNa*,FGNa" + Xcr,FGcr

XNH4*,F
XNH4*,F In (7NH4*,FXNH4*,F)+ XNHsz In (}/NH@R XNHavR )
N ( )
p| +RT +XHszF In szQFXHzOVF + XH*,F In 7H*,FXH+,F + XOH‘,F In }/OH‘,FXOH‘,F

(A.19)
+XNa+,F In (7/Na*,FXNa*,F ) + XCIiF In (yCI7,FXCI7,F)
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XTAN,P NP

Tane [ +RT tXyp In(yH*,PXH*,P)+ Xom-p In(yOH’,PXOH’,P)

XNHavPGNHa + XHZOvPGHZO + XOH’,PGOH’ + XNa*,PGNa* + Xcr,PGcr

XnH, p In (7/NH3,PXNH3,P ) + Xn,0p In (7/H20,PXH20,P )

+XNa*,P In (7Na*,PXNa*,P)+ XCI’,P In (7CI’,PXCI’,P)

XNH4*,RGNH4* + XNHszGNHa + XHZO,RGHZO + XOH’,RGOH’ + XNa*,RGNa* + Xcr,RGcr

XNHA*,R In (7NH4*,R XNH;,R )+ XNHs,R In (7NH31R XNHs:R )
+RT +XHzOVR In(szORXHzOR )+ XH*,R In (}/H*,R XH*,R )+ XOH’,R In(}/OH’,R XOH’,R)
+XNa*,R In (7Na*,R XNa*,R )+ XCI’,R In (yCI’,R XCI’,R )

XNHA*,FGNHA* + XNHstGNHs + XHZOvFGHZO + XOH’,FGOH’ + XNa*,FGNa* + XCI’,FGCI’

XNHA*,F In (yNHA*,FXNHA*,F)+ XNH3~F In(yNHavFXNHs:F)
+RT +XHszF In (j/HZO'FXHZOVF)—i_ XH*,F In (yH*,FXH*,F)—i_ XOH’,F In (yOH’,FXOH’,F)

X In(yNa*,FXNa*,F)+ Xor £ In(ycl’,FXCI’,F)
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A.3 Activity Coefficient Models

Davies Approximation for lon Activity Coefficients in Dilute Systems. The Davies
approximation, egn (A.21), is an empirical extension of the Debye-Huckel theory that can be used
to estimate activity coefficients in solutions with ionic strengths, I, <0.5 M. For solutions with
ionic strengths comparable to or lower than hydrolyzed urine, the Davies approximation for
activity coefficients resulted in the best agreement with experimental results compared to other
methods, including the B-dot and Millero-Screiber methods.®’

]
IOg’Y——AZ [W—O'Sl] (AZl)

Here, A=1.82x10°%(eT) ¥ ~0.509, z is the valency of the ion, ¢ is the dielectric constant, T is

absolute temperature. | = O.SZCizi2 and C is the concentration of ion.

The Davies approximation was applied to calculate the activity coefficient for ions,
including NH4*, SO+, Ho2PO4~, HPO4? ", Mg?*, K*, Na*, CI-, and NOs ", for all streams that fit the
criteria, 1 <0.5, which includes the simplified versions of hydrolyzed urine that only include
nutrients and co-species components, fresh urine, domestic WW effluent, 2° WW effluent, and
greywater. Not that this method is not applicable for determining activity coefficients of neutral

components, such as, urea, CO(NH2)2.

Non-Random Two Liquid Model for NHsz and H:0 Activity Coefficients in
Concentrated Product Streams of 1.0 M, 5.0 M and 10 M NHs3@g). The Non-Random Two
Liquid (NRTL) model for a binary mixture, egns (A.22)—(A.24), is widely applied in phase-
equilibria calculations for the quantification of activity coefficients. The NRTL method has been

used to determine y,, , and v, in binary NHs/H,0 systems. 10 1%
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2
Iny, =X, {’521( Ca ] + G (A.22)

X +%Gp ) (% +%Gp)” |
G ’ G, |

Iny, =x|t ( 12 j oY (A.23)
i {” X, +%Gp, ) (4 +%Gy)" |

InG,, = -a,,1,,

InG,, =—a,1,

_. @, Y .
SN (A.24)
T
@
_ 0,
Ty =Ty~ F T

Here, G,, and G,, are interaction energy parameters, t,, and t,, are dimensionless interaction
parameters, at reference point 0 and state point 1, and a,, and a.,, are non-randomness parameters.
Parameters values from literature were used for the calculations.'®* 1% The NRTL method was
applied to determine v,, o and vy, in binary TAN/H:O streams, where nearly all TAN is present
as NHzs; product streams 1.0 M NHa(g), 5.0 M NHa(ag), and 10 NHsq) met these criteria.

Experimentally Measured Osmotic and Activity Coefficients for Urea-Water

Solutions. To account for nonideal behavior of urea, CO(NH>)2, and H.O, reported literature

values for Yeo(m,) and v, o determined using vapor pressure osmometry data were utilized. For

CO(NHq>), concentrations ranging from 0.0103 to 1.6927 M, Yoo(nm,), = —0-0663C +0.9976

CO(NHZ)2

and v, ,=-0.0328,,, +0.9987. '® Urea and water activity coefficients at CO(NH2).

concentrations relevant to the analysis in this study were calculated with the linear relationships.
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Activity Coefficients for 1.0 M KNOs3(@g) and 1.0 M NHsNOs3@q) recovery. To account
for nonideal behavior in systems with | > 0.5 M, specifically, 1.0 M KNOz@q and 1.0 M
NHiNOs@q), activity coefficients based on isopiestic data®®® at compositions relevant to the

analysis were utilized.
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Table A.3. Standard state Gibbs free energy of formation for species in an aqueous solution.* 2

Species in Aqueous Solution | Gi(kJ/mol)
NH4* —79.3
NH3 —26.6
S0.* —744.5
H.PO4~ —-1130.2
HPO4*~ -1089.2
PO, -1081.7
K* —283.3
Mg? —454.8
NOs~ -111.3
H20 —237.1
OH" —-157.2
H* 0.0
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Table A.4. Standard state Gibbs free energy of formation for liquid and solid products.'® For urea,
CO(NH2>)2, the Gibbs free energy of dissolution, or the change in Gibbs free energy from CO(NH2)2q)

to CO(NHz)zs), G | is presented.02 303

0
rco(nz), () B Gf 1CO(NHy), @

Product G’ + (kJ/mol)
NH3q) -16.410
(NH4)2S04s) -901.7
(NH4)H2PO4) —1210.38
KMgPO4:-6H20¢s) —3241
NHsMgPO4-6H2O¢s) —-3051.1
KH2PO4) —1415.85
KNOg) —394.93
NH4NO3s) -183.9
CO(NH2)x5) ~5.77
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Table A.5. Molar minimum energies of recovery, E_., for TAN products from each waste stream

presented in Figure 2.3A. E, . values are calculated at low and high TAN concentrations in the waste
stream and low and high waste stream pH, i.e., four E,_values calculated for each recovery scenario.
The high and low wastewater pH ranges are respectively indicated by H and L, which correspond to the
Hand L E,;, values. Also shown is the percent decrease in E,,, of solution L relative to solution H (i.e.,

from low to high pH range).

E,., (kJ/mol-TAN)
Low [TAN] High [TAN]
Product Type of WW High | Low |H L Decrease | H L Decrease
pH pH from L from L
(H) (L) to H (%) to H (%)

(NH4)2SO4) | Greywater 9 5 59.73 | 62.24 | 4.03 43.12 | 45.66 | 5.58
2° WW effluent | 7.7 6.8 53.37 | 5356 | 0.36 39.94 |39.75 | 0.47
Domestic WW | 8.5 6.5 43.15 | 44.28 | 2.54 38.28 |39.44 | 2.94
Fresh Urine 7.5 6 36.45 | 36.59 | 0.38 29.22 | 29.35 | 0.46
Hydrolyzed 9.2 9 25.45 | 26.24 | 2.99 21.02 | 21.73 | 3.28
Urine

NHs) Greywater 9 5 83.64 | 100.38 | 16.67 7297 |89.72 | 18.67
2° WW effluent | 7.7 6.8 98.66 | 99.63 | 0.97 85.08 |86.06 | 1.13
Domestic WW | 8.5 6.5 8248 | 89.11 | 7.44 7751 |84.16 | 7.90
Fresh Urine 7.5 6 79.87 | 80.54 |0.83 7753 |78.20 | 0.86
Hydrolyzed 9.2 9 51.63 | 57.26 | 9.83 49.81 |55.44 | 10.15
Urine

10 M NHs(@q | Greywater 9 5 67.64 | 85.28 | 20.68 56.97 | 74.63 | 23.67
2° WW effluent | 7.7 6.8 8349 | 8452 |1.22 69.92 | 70.95 | 1.46
Domestic WW | 8.5 6.5 67.00 | 74.01 | 9.47 62.03 | 69.06 | 10.18
Fresh Urine 7.5 6 64.73 | 65.44 1.09 62.39 | 63.10 | 1.13
Hydrolyzed 9.2 9 35.37 | 41.27 | 14.30 33.57 | 39.46 | 14.93
Urine

5.0 M NHsg@q) | Greywater 9 5 54.14 | 82.45 | 34.34 54.14 | 71.80 | 24.60
2° WW effluent | 7.7 6.8 80.67 | 81.70 | 1.26 67.09 |68.12 | 1.52
Domestic WW | 8.5 6.5 64.17 | 7118 | 9.84 59.20 | 66.23 | 10.61
Fresh Urine 7.5 6 61.90 | 62.61 | 1.13 59.56 | 60.27 | 1.18
Hydrolyzed 9.2 9 32.57 | 3846 | 15.32 30.81 | 36.69 | 16.01
Urine

1.0 M NHs@q) | Greywater 9 5 48.10 | 76.41 | 37.05 48.10 | 65.76 | 26.86
2° WW effluent | 7.7 6.8 74.63 | 7565 | 1.36 61.05 | 62.09 | 1.67
Domestic WW | 8.5 6.5 58.13 | 65.14 | 10.76 53.17 |60.20 | 11.69
Fresh Urine 7.5 6 55.86 | 56.62 | 1.34 53.52 |54.36 | 1.54
Hydrolyzed 9.2 9 26.80 | 33.07 | 18.96 25.35 | 32.03 | 20.86
Urine
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Table A.6. Molar minimum energies of recovery, E

min ?

for TOP products from each waste stream

presented in Figure 2.3B. E, . values are calculated at low and high TOP and co-species concentrations

in the waste stream and low and high waste stream pH, i.e., four E,__values calculated for each recovery

scenario. The high and low wastewater pH ranges are respectively indicated by H and L, which

correspond to the Hand L E,,, values. Also shown is the percent decrease in E,,, of solution L relative

to solution H (i.e., from low to high pH range).

E,n (kJ/mol-TOP)

Low [TOP] and [Co-

High [TOP] and [Co-

species] species]

Product Type of High | Low | H L Decrease | H L Decrease

Ww pH pH from L from L
H) | (L) to H (%) to H (%)

KMgPO4-6(H20)s) | Greywater | 9 5 126.25 | 165.50 | 23.72 99.08 | 138.28 | 28.35
2° WW 1.7 6.8 106.56 | 125.56 | 15.13 96.30 | 114.97 | 16.24
effluent
Domestic 8.5 6.5 | 90.99 | 124.47 | 26.89 87.92 | 120.80 | 27.22
wWw
Fresh 7.5 6 88.31 | 110.12 | 19.81 83.84 | 105.53 | 20.55
Urine
Hydrolyzed | 9.2 9
Urine

NH4MgPO4-6H20¢) | Greywater | 9 5 108.07 | 147.60 | 26.78 79.79 | 119.16 | 33.04
2° WW 7.7 6.8 | 102.84 | 120.90 | 14.93 81.54 | 99.27 | 17.86
effluent
Domestic 8.5 6.5 | 78.25 | 110.91 | 29.45 70.12 | 102.31 | 31.46
ww
Fresh 7.5 6 75.07 | 95.65 | 21.52 7153 | 91.83 | 22.11
Urine
Hydrolyzed | 9.2 9
Urine

KH2POg) Greywater | 9 5 91.09 |90.47 | -0.69 64.68 | 63.72 | —1.51
2° WW 7.7 6.8 | 5581 |57.50 | 293 48.54 | 50.02 | 2.95
effluent
Domestic 8.5 6.5 |50.94 |5125 |0.61 48.94 | 48.85 | —0.20
ww
Fresh 7.5 6 37.18 | 3769 | 1.35 32.84 | 32.15 | —2.14
Urine
Hydrolyzed | 9.2 9 42,28 | 41.26 | —2.47 38.97 | 38.00 | —2.56
Urine

NH4H2POx) Greywater | 9 5 84.26 | 86.05 | 2.08 58.97 | 60.51 | 2.54
2° WW 7.7 6.8 | 6587 |67.74 | 276 49.04 | 50.43 | 2.74
effluent
Domestic 8.5 6.5 |51.90 |53.39 |279 46.14 | 46.63 | 1.06
ww
Fresh 7.5 6 41.77 | 39.71 | -5.18 39.26 | 35.48 | —10.63
Urine
Hydrolyzed | 9.2 9 36.48 | 36.59 | 0.28 34.45 | 3453 | 0.24
Urine
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A.4 Methodology to Determine the Molar Minimum Energy to Recover N

from Hydrolyzed Urineat Y >0

For NHsgyand 1.0 M NHsg) recovery from hydrolyzed urine, the speciation of TAN in the feed
and retentate are not equal. Using Visual Minteq, pH and TAN speciation in the feed and retentate
systems at various recovery yields were determined. To capture the buffering capacity of typical
hydrolyzed urine, a model solution, consisting of typical concentrations of TAN, HCO3~, SO4*",
and TOP found in hydrolyzed urine (Table A.7) was applied as the initial feed stream. TAN

material balances were used to determine TAN mole fractions in the retentate. Then, Visual Minteq

was used to determine the pH, «,,, , and @, . for the feed and retentate streams in each recovery

NH,"
scenario (Tables A.8 for NHsgy recovery and A.9 for 1.0 M NHazq) recovery). TAN speciation and
material balance were used to determine NH4* and NHs mole fractions in each stream, which were

inputted into eqns (A.10) and (A.11) to calculate E_, for NHsgyand 1.0 M NHsg), respectively.

Table A.7. Model hydrolyzed urine solution composition consisting of typical TAN, HCO3~, SO4*",
and TOP concentrations found in hydrolyzed urine. The target pH, 9.1, is the mid-range pH of
hydrolyzed urine.

Salt Concentration (M)
NH4* 0.424

Na* 0.068

H* 0.066

COs* 0.212

SO4* 0.01

PO, 0.024

CI- 0.042
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Table A.8. Visual Minteq outputs for hydrolyzed urine feed and retentate streams in NH3zqy product

recovery scenarios at various recovery yields.

Stream pH Qi aNH;‘R
Feed 9.106 0.420 0.580
RetentateatY =0 9.106 0.420 0.580
Retentate at Y = 0.005 9.096 0.418 0.582
Retentateat Y = 0.2 8.812 0.272 0.728
Retentate at Y = 0.5 6.911 4.666x10°2 0.995
Retentate at Y = 0.8 5.843 4.007x10™* 0.999
Retentate at Y = 1 2.278 1.091x10°’ 1.000

Table A.9. Visual Minteq outputs for hydrolyzed urine feed and retentate streams in 1.0 M NH3g)

product recovery scenarios at various recovery yields.

Stream pH Ay, A
Feed 9.106 0.420 0.580
Retentateat Y =0 9.106 0.420 0.580
Retentate at Y = 0.005 9.095 0.417 0.587
Retentate at Y = 0.2 8.813 0.272 0.728
Retentate at Y = 0.5 6.900 4.550x10°2 0.995
Retentate at Y = 0.8 5.823 5.754x1071° 1.000
Retentateat Y = 1 2.097 5.754x1071° 1.000
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A.5 Impact of Recovery Yield on Molar Minimum Energy of Recovery

The E,_,, trends of NHsgand 1.0 M NHagg) recovery from hydrolyzed urine as a function of
recovery yield are not monotonic, but instead exhibit L-shaped rebounds with initial sharp
decreases and followed by gradual increases. To further investigate the underlying reasons for
these trends, E . for NHasq) recovery from hydrolyzed urine, eqn (A.10), was separated into its
contributing terms, A and B, and term B is then further separated into terms C and D (egns (A.25),
(A.26), (A.27), and (A.28), respectively). The term that contributes most to the L-shape rebound
isB (=C +D), i.e., the terms C and D dictate the change in E,_, with different recovery yields. C
represents the difference in Gibbs free energy of formation of NH4"aq) moles in the retentate and

feed normalized by moles of product captured; similarly, D is the difference in Gibbs free energy

of formation of NH4"ag) moles in the retentate and feed normalized by moles of product captured.

Note that GNH4+ and G, are constant values of —79.3 kd/mol and —26.6 kd/mol, respectively.

XNHA*,R In (7NH4+,R XNH4*,R ) + XNH, R In (7/NH3,R XNHs R )
A= ?,NHW + E—i RT | +X,0r IN (7H20,RXH20,R ) + X IN (thR thR)
+XOH’,R In (7OH’,R XOH’,R)
XNH4*,F In (}/NH4*,FXNH4*,F ) + XNH;,F In (7NH4*,FXNH4*,F)
_E_E RT| X006 (70 X08 )+ X,y ¢ IN (7H+.FXH+,F) (A.25)
L +XOH7,F In (}/OHf,FXOHf,F) |
N, [

_N_ _XNH4*,FGNH4* + XNHleGNHa + XHzO,FGHzO + XOH’,FGOH’ }
P

N
B= N_R|:XNH4*,RGNH[ + XNH3,RGNH3 J - N_F|:XNH4*,FGNH4* + XNHstGNHs } (A.26)
) P
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N N
c :N_R[XNH4*,RGNH4*:|_N_F|:XNH4*,FGNH4*:| (A.27)
P P
D= %[XNHyRGNHS ] - %[XNH3,FGNH3 :' (A.28)
P P

Figure A.1 displays the contributions of each term toward E,_, and shows that C follows

n

an L-shaped rebound (i.e., a sharp decrease with increasing Y followed by a more gradual increase

with increasing Y), which is similar to the E_, trend. Initially, C decreases as Y increases,

indicating that the difference between moles of NH4* in the feed and retentate decreases with the

initial increase in Y. This is due to the decline in retentate pH with higher recovery yields, which

corresponds to increased &, ..and decreased o, . (see Tables A.8 and A.9 for pH and

speciation in the feed and retentate at different recovery yields). Although increased recovery yield
results in lower TAN in the retentate, a higher fraction of TAN remaining in the retentate speciates
to NH4*, thus C initially decreases with higher recovery yield. However, once the pH of the
retentate is sufficiently lower than the pKa, such that NH4* is predominant compared to NHs,
additional increase in Y results in reduced NH4" in the retentate. At this point, C begins to increase
with higher recovery yield. D follows the opposite trend as C with an initial sharp increase with
higher recovery vyields followed by a gradual decrease with higher recovery vyields. Initially,
NHazag) in the retentate are lost to both the product and protonation to NH4*. Then, once essentially
all TAN is present as NHs, increases in Y no longer result in significant changes to speciation, thus

D increases.
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Figure A.1. Molar minimum energy, E,, as a function of recovery yield to recover NHsq) from

hydrolyzed urine and the contributing terms A, B, C, and D.
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Table A.10. The change in the sum of the standard state Gibbs free energy of individual ions, inGi :

between the final state (product and retentate) and initial state (waste stream feed); denoted by AZ XiGi :

Note that a range is provided for NH4sNO3z(,g) and NH4NOgzs) recoveries because this value is dependent

on pH of the waste stream.

Waste Stream Product AZ XG.
Secondary wastewater KNOs3(s) —0.330
effluent NH4NO3¢) 5.797-7.569
KNO3(aq) 0000
NH4NO3(aq) _0002
Fresh urine Ureaaqg 0.000
Ureag) —5.774
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Table A.11. Molar minimum energy for recovery of select products, NHzgyand 1.0 M NHazg), from
waste streams of secondary wastewater effluent and hydrolyzed urine calculated with the exclusion and

inclusion of passive species, Na* and CI~. All calculations considered nutrients and co-species of TAN,
H20, H*, and OH". Eqns (A.6) and (A.7) were applied for the determination of Emin to recover NHz)
and 1.0 M NHsgg), from waste streams excluding Na* and CI~ species. Egns (A.19) and (A.20) were
applied for the determination of E, . Note that the mid-range pH and TAN concentration in each

waste stream were utilized in the analysis, thus the mid-range molar minimum energy of recovery is
reported. The percent increase in molar minimum energy for recovery observed when including Na*and

Cl~ species in the analysis is also presented for each recovery scenario.

Specific Minimum Energy for Recovery,
E... (kJ/mol)
Waste Stream Product Excluding Including Percent
Na“and CI~ | Na*and CI~ | Increase (%)
Species Species
Secondary WW Effluent | NH3) 87.45 87.48 0.22
Secondary WW Effluent | 1.0 M NH3z@q) | 63.46 63.70 0.38
Hydrolyzed Urine NHsq) 50.47 50.52 0.10
Hydrolyzed Urine 1.0 M NHa@q) | 26.39 26.89 1.89
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Appendix B: Supporting Information for Chapter 3
B.1 Donnan Equilibrium

Binary Systems. At Donnan equilibrium, the electrochemical potentials of a charged species, i, in

the feed solution, FS, and receiver solution, RS, are equal, as described by egn (B.1).

Hio +RTINg oo +Z,Fypgs = Uio +RTIng ¢ +7,Fyig (B.1)

where [ is chemical potential, T is absolute temperature, a is activity, z is ion valence, v is
electrical potential, R is the gas constant, and F is Faraday’s constant; superscript 0 indicates
standard state, whereas subscripts f, FS, and RS refer to final state, feed stream, and receiver
stream, respectively. Rearranging eqn (B.1) yields:

1z
F ('//Rs,f ~Wess ) —In & Fsf (B.2)
RT & Rsf .

In Donnan dialysis, DD, with initial conditions of HxPO4® " as the sole anion in the FS
and CI™ as the sole anion in the RS, the final activities of HyPO4®™~ and CI” in the FS and RS are

related to the electrical potential between the FS and RS, Yrst— ¥rsi..

1(3-x)
F (V/Rs,f ~West ) _In 8y, po, - Fsf (B.3)
RT aHX|304<:“‘X>‘,|?s,f
F(Wess =W A
( RSéT FS,f) — In CI™,FSf (B.4)
aCI‘,FS,f

Because Yrsf— ¥rsgis the same for the two ions, eqns (B.3) and (B.4) can be combined. Further
assuming activity coefficients, », approximate to unity simplifies activities to molar

concentrations: a = y[i] = [i], yielding eqn (3.1) in Chapter 3.
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H,PO,™" o I
I: xF, :IFS'f =[|: ]FS,f] (3.2)

[HPOS g ([0 )

RS,f

The final concentrations at Donnan equilibrium can be determined by applying material
balance using initial HxPO4®™~ and CI~ concentrations, represented by subscript 0. To maintain

electroneutrality, one HxPO4® ™" jon exchanges with (3—x)CI™ ion(s) across the anion exchange

membrane. As [H,PO,*~] =0and[CI"] =0, and for specific scenario of equal RS and

FS volumes, i.e., Vrs = Vrs, eqns (B.5)—(B.7) are material balances for the ions.

[H.POS | =(-x)[cr |, ®9
[HXPO4(3_X)_]FS,f - [HXPO4(3_X)_]FS,O _[HXPO4(3_X)_]RS,f (B.6)
I:CI_]FS,f - I:CI_:IRS,O _I:CI_:IRSJ (B])
Substituting eqns (B.6) and (B.7) into eqn (3.1) yields eqn (B.8).
N . O (8-x)
[HXPO4(3 ) }FS,O _[HXPO4(3 ) ]RS,f (3- X)[HXPOA(a | ]Rs'f (B.8)

[H,PO,&] [er],,~@-0[H,POEY]

RS,f RS,f

Therefore, final concentrations of HPO4® ™~ and CI~ in the FS and RS at Donnan equilibrium can

be determined using the initial concentrations.

Multi-Component Systems. Following the same approach presented above, the following
Donnan equilibrium expression can be derived for DD with the initial FS containing multiple

anions of HPO4,3 ™", SO4%, and CI™ by substituting the anions for i.
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[H,po, =1 Y ([er].) ([s0].Y*
e FS — - FS | — — FS (B4)
I:HXPO“ :IRS I:CI :IRS I:SO“ :IRS
Similarly, initial concentrations of HxPO4® ™", SO4*", and CI™ in the FS and RS can be
utilized to determine final ion concentrations at Donnan equilibrium. The following presentation
considers equivalent RS and FS volumes. To maintain electroneutrality, CI™ transport from the RS

to FS is balanced by HxPO4® ™~ and SO42 transport from the FS to RS, as described in eqgn (B.9).

Eqgns (B.10)—(B.12) are material balances for the different ions.

[cr ], =@-x[HPOC™ | +2[s0, | +[CI'] (B.9)
[HPOSM | =[H,PO,S™ ] —[H,PO,C ] (B.10)
[so.” ], =[50, |, ~[50." ], (B.11)

[er ], =[cr |, e |, e L, (B.12)

Solving eqns (B.9)—(B.12) gives the final concentrations of HxPO4® ™", SO, and CI” in the FS

and RS.

Systems with Different FS and RS Volumes. In the systems presented earlier, the FS and

RS volumes are equal. In systems where Ves # Vs, [i].,, ~[i]., #[i]es; ~[i]ss, because of the

differences in FS and RS volumes. Factoring in the FS and RS volumes, CI™ transport from the RS

to FS is balanced by HxPO4® ™~ and SO,? transport from the FS to RS:

[C ] Vis=(B=X)[H,PO,C™ | Vg +2[SO | Vi +[CI ] Ves  (B.13)
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The following material balances for the multi-component system, eqn (B.14)—(B.16),
account for different FS and RS volumes. Again, knowing the initial ion concentrations enables

the final ion concentrations in the FS and RS at Donnan equilibrium to be determined.

I:H X PO“(B_X)_ :IFS,f Vis = [ H, PO4(3_X)_ :IFS,O Ves I:H X PO“(B_X)_ :IRS,f Vas (B.14)
[80427 }Fs,f Ves = [80427 ]FS,O Ves [80427 ]RS,f Vas (B.15)
|:CI_:|FS,f Ves = [CI_]FS,OVFS + I:CI_:|RS,OVRS B [CI_}RSJ Vas (B.16)
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B.2 Simulated Waste Water Softening Regenerant Rinse

Water softening systems typically utilize salts with a monovalent cation (generally NaCl or KCI)
to exchange with the captured polyvalent cations (primarily Ca®* and Mg?*) in the regeneration
process. The regenerant salts are supplied well in excess of stoichiometry and, thus, the recharge
wastewaters, termed waste water softening regenerant rinse, have high concentrations of CI™ (as
either NaCl or KCI). A solution of mainly KClgq) was prepared to simulate the waste water
softening regenerant rinse, for use as the receiver solution in DD recovery of orthophosphate.
Using the specifications of commercially available water softening products from PuroLite304 30°
(Table B.1) and material flow of the water softening system (calculated values shown in Table
B.2), the composition of typical waste water softening regenerant rinse was determined (Table

B.3). Note that hardness was simulated with MgCl: (i.e., no Ca®").

Table B.1. Specifications for commercially available water softening products from PuroLite.304 3%

Specification Value
Maximum theoretical capacity for KCI (grains/lb-KCI)*%: | 4,708
307

Typical Capacity, 65% Max (grains/Ib-KCl)*% %’ 2 660
Typical Dose of KCI (Ib/ft® resin)3 305 20
Volume of resin (ft%)%* 3 1

Drain for regeneration, i.e., water volume added to flush 189
(L/ft3 resin)04 30

Table B.2. Calculated values based on material flow using the specifications in Table B.1.

Calculation Value
Typical Dose (Moles of KCI) 122
Typical Capacity (Moles of Ca®* and Mg*/Ib resin) 0.45
Divalent Cations (M?*) Released in Waste stream 9.09
(Moles of Ca?* and Mg*")
K* lons Remaining (Moles) 103
CI" lons (Moles) 122
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Table B.3. Composition of a typical waste water softening regenerant rinse, determined using the

specifications in Table B.1 and calculated values in Table B.2.

Species Concentration (x10~° mol/L)
KCI 947
MgCl2 48
Total CI” 644
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B.3 Simulated Dilute Bittern

Bittern brine is the liquid stream that remains after the crystallization of table salt from seawater.
The composition of bittern brine is shown in Table B.4. Note that bittern brine is highly
concentrated in chloride at 6.15 mol/L. To achieve a [CI"]=600x10 2 mol/L, a dilution factor of 10
was utilized, and the composition of the diluted stream is presented in Table B.4. The diluted
bittern solution utilized in DD experiments (252x10° mol/L MgCl,-6H20, 77x10~2 mol/L KCI,

25x102 mol/L MgSOs-7H20, 26x102 mol/L NaCl, and 8x102 mol/L NH4CI) accounts for all

major ions (excluding Ca®* and Br").

Table B.4. Typical ion concentrations in bittern brine3%® and bittern brine diluted by a factor of 10.

Bittern Brine Bittern Brine Diluted
(mol/L) by a Factor of 10
(x107% mol/L)
Na* 0.26 26
NH4* 0.08 8
K* 0.14 14
Mg 2.77 277
Ca? trace trace
Cl” 6.15 615
Br- trace trace
S04 0.25 25
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Figure B.1. Theoretical [HxPO4® ™ ]rssin DD operation with FS containing different anions. If present
in the FS, HPO43 ™, SO4*", ClI~, and HCO;3™ ion concentrations are 30x10~2 mol/L, 16x10~3 mol/L,
100x102 mol/L, and 250x102 mol/L, respectively. The decreases in [HxPO43 ¥ ]rs s relative to the FS
containing HxPO4C - only are displayed as labels above the columns. Ves/Vgrs equal to 2 and receiver
solution is 600x10-2 mol/L NaCl.
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Table B.5. Selemion AMV and ASVN membrane characteristics.®

Parameter AMV ASVN

Characteristic Standard Monovalent ion
selective

Thickness (um) 110 120

Burst Strength (kPa) | 200 200

Counterion ClI- ClI

Transport Number >0.96 >0.97
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Table B.6. A[HPO4®™] in the feed solution, in operation with FS containing different anions.
A[HxPO4C 7] = [HxPO4C ™ gs 0~ [HxPO4C ¥ Jes ¢ is defined as the difference between initial and final
(at Donnan equilibrium) total orthophosphate concentrations in the feed solution. If present in the FS,
HxPO4G™", SO4*", ClI-, and HCO3™ ion concentrations are 30x10~3 mol/L, 16x10~% mol/L, 100x1073
mol/L, and 250x103 mol/L, respectively. The decrease in A[HxPO,3 ] relative to the FS containing

HPO,™ only, D ., is also displayed.

FS Anions A[HxPO44™"] D, o (%)
HyPO,C™)~ 28.67 N/A
HyxPO4C8™
SO 27.1 5.26
HPOLC Y CI 24.7 13.7
HxPO,C™",
SO4*, Cl ie., 23.4 18.0
fresh urine
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Figure B.2. Orthophosphate ion flux, Je, normalized by [HxPOs¢ ™ Jeso — [HxPO43 ¥ Jess in DD
kinetic experiments with four FS of 1) 30x10°2 mol-HxPO,® /L, 2) 30x10°2 mol-HxPO,* /L and
16x1072 mol-SO4> /L, 3) 30x10 3 mol-HxPO,G /L and 100x102 102 mol-CI /L, and 4) 30x102 mol-
HxPO4¢™/L, 100102 mol-CI/L, and 16x1073 mol-SO4>/L. All experiments were operated with
Ves/Vrs = 1 and 600x102 mol-NaCl/L as the receiver solution. Data points and error bars are means
and standard deviations, respectively, of duplicate experiments. The labels above the columns indicate
the change in orthophosphate flux relative to experiments with orthophosphate only feed solution, i.e.,
FS (2).
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B.4 Sorption Experimental Protocol

AMV membrane coupon of 9.0 cm? (0.099 cm® volume) was submerged in 50 mL of the feed
solution for >24 h to equilibrate. Then, the membrane coupon was transferred to a fresh 50 mL
feed solution for another two times for >24 h each, to ensure that previous ion sorption does not
interfere with the analysis. Next, the membrane coupon was removed from the feed solution and
carefully wiped using a Kimwipe to ensure no residual solution remained on the membrane
surface. The membrane coupon was then submerged in 50 mL of DI water for >24 h. After which,
the membrane coupon was transferred to 50 mL of 0.10 M NaNOs rinse solution for >24 h to
enable the desorption of ions. The membrane coupon was immersed in another 50 mL of 0.10 M
NaNOs rinse solution for >24 h to complete the ion desorption. lon chromatography was used to
analyze the ion concentrations in the DI water and rinse solutions. The total moles in all three
solutions were used to determine the total amount of ions sorbed into the AMV membrane.
Sorption coefficient, X, is defined as ions sorbed into the membrane (x10~% moles/cm® membrane)

normalized by molar concentration in the feed solution.
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Figure B.3. Sorption coefficient, X, for orthophosphate, sulfate, and chloride into AMV membrane for
FS of: 1) 30x10°% mol-H,POsC™7/L, 2) 30x10°2 mol-HPO,B /L and 16x10°% mol-SO4>7/L, 3)
30x1072 mol- HxPO44™®/L and 100x10-2 102 mol-CI/L, and 4) 30x10~2 mol- HPO,G /L, 100x10°3
mol-CI-/L, and 16x10°2 mol-SO4> /L, i.e., fresh urine. Sorption coefficient is defined as ions sorbed
into the membrane (x10°2 moles/cm® membrane) normalized by molar concentration in the feed

solution.
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Table B.7. Area specific resistance of Selemion AMV and ASVN membranes for different

electrolytes.30°

Area Specific

Resistance (Q cm?)

Electrolyte AMV ASVN
0.5 mol/L NaCl 2.8 3.7
0.25 mol/L Na2SO4 55 13
0.5 mol/L HCI 2.5 3.1
0.25 mol/L H2S04 7.0 9.5
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Appendix C: Supporting Information for Chapter 4

C.1 Determination of Vapor Pressure

Vapor Pressure of Water. The vapor pressure of water in the feed and collector solutions, Prw
and Pc,w, respectively, in eqn (4.1) of Chapter 4 is determined using the Antoine Equation, Pw =
exp[a—bl(T—c)], where unit of Pw is bar, T is absolute temperature, and coefficients a = 5.204, b
= 1,734 K, and ¢ = 39.49 K.%® Vapor pressure of the mixed systems, i.e., not pure water, is

accounted for using Raoult’s Law.

Vapor Pressure of Ammonia. The vapor pressure of ammonia in the feed and collector
solutions, Pra and Pc a, respectively, in eqn (4.1) of Chapter 4 can be estimated using Henry’s
Law, Pa = knCa, where ky is the Henry’s constant for ammonia and Ca is the ammonia
concentration in solution. Henry’s constants at different temperatures were calculated based on

empirical data from NIST.%’

Speciation of Ammoniacal Nitrogen. The speciation between ammonia and ammonium,
NH4" <> NH3z+H", is governed by egn (C.1):

_INH,JH]

* = INH] D

where Kj is the dissociation constant. Total ammoniacal nitrogen, TAN, concentration is the sum
of ammonia and ammonium concentrations, [TAN] = [NH3] + [NH4"]. Speciation of ammoniacal
nitrogen between NHs and NH4* as function of pH for a [TAN] = 500 mM solution at 25 °C is
shown in Figure C.1. When the pH is higher than the pKa, ammonia is the dominant form of
ammoniacal nitrogen; conversely, when the pH is lower than the pKa, ammonium is the dominant

form. The temperature dependence of K. was accounted for using VisualMinteq. At the simulated
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urine feed solution pH of 9.4-8.4 for 2060 °C, pKa is 9.4-8.3%!% and, therefore, NHs(aq) and NH4*

are of approximately equal concentrations (i.e., <250 mM).

600 1 I 1 I 1 I 1 I 1 I 1 I 1

S 500 _ ' - 4
e L Ammonium, NH4
- 400 |-
= i
§ 300
E L
aQ 200
8 X
o 100 -

[ Ammonia, NH,

O —1— = =171,
O 2 4 6 8 10 12 14
pH

Figure C.1. Concentration of ammonia, NH3z, and ammonium, NH,4*, as a function of pH (dashed blue
and solid red lines, respectively). Total ammoniacal nitrogen, TAN, concentration of the solution is 500
mM and pKa is 9.25 for temperature of 25 °C.
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Figure C.2. Bench-scale membrane distillation setup utilized in all experiments. Simulated hydrolyzed
urine feed solution and collector stream (represented as yellow and green, respectively) are circulated
across the membrane cell in countercurrent flow. Digital scales monitor mass changes in the feed and
collector tanks and pH of the collector solution is measured periodically. Tanks were enclosed to prevent
vapor loss. Heat exchangers are regulated by temperature control units, while thermocouples at the inlets

and outlets of the membrane cell record the solution temperature.

257



Feed Membrane Acidic
Solution Collector
Solution

Figure C.3. Temperature and vapor pressure profiles in isothermal MD, accounting for temperature
polarization at the solution-membrane interfaces. In NHs transport, ammonia in the feed solution
vaporizes, permeates across the membrane, and condenses on the collector side. The transfer of NH3
volatilization/condensation enthalpy sets up a transmembrane temperature gradient between the
collector and feed, i.e., the feed stream is cooled and the collector stream is warmed near the solution-
membrane surfaces. The result is a water vapor pressure gradient from collector to feed driving reverse,

or negative, water flux.
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Figure C.4. Relative vapor flux of water to ammonia, kg-H>0O/mol-NHj, for the four operations, CMD-
DI, CMD-AC, IMD-DI, and IMD-AC. IMD-DI and IMD-AC exhibit negative relative fluxes because
water vapor permeation was in the opposite direction, i.e., from collector to feed side. For CMD, feed
and collector solutions are at 40 and 20 °C, whereas both feed and collector solutions are at 40 °C for

IMD. Error bars indicate standard deviations of duplicate experiments with different membrane coupon.

259



- ! | ! | ! | ! |

— 12 _
T I J
10 FooREE -
2 gL -3 IMDDI i
= | —m— CMD-DI |
A 6} -O- IMD-AC ]
- . —®— CMD-AC ]
8 4 ____e____ —
8 L e -
— 2 | -
8 1 ] 1 ] 1 ] 1 ]

0 15 30 45 60
Time (min)

Figure C.5. Collector solution pH as a function of time for CMD-DI, CMD-AC, IMD-DI, and IMD-
AC experimental runs. Blue square symbols indicate DI water as collector solution, while green circle
symbols denote acidic collector of 100 mM acetic acid. Solid and open symbols represent CMD and
IMD operation, respectively. For CMD, feed and collector solutions are at 40 and 20 °C, whereas both
feed and collector solutions are at 40 °C for IMD. Error bars indicate standard deviations of duplicate

experiments with different membrane coupon.
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Figure C.6. Relative molar flux of water to ammonia in IMD-AC as a function of solution temperature.
Negative relative fluxes were exhibited for temperatures between 30—60 °C because water vapor
permeation was in the opposite direction, from collector to feed side. Error bars indicate standard
deviations of duplicate experiments with different membrane coupons.
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C.2 Vaporization Enthalpy of Ammonia from Aqueous Solutions

Gibbs Free Energy of Separating Ammonia from Aqueous Solutions. To determine the
enthalpy of ammonia vaporization from an aqueous ammonia solution, as opposed to pure liquid
ammonia, the Gibbs free energy of separating pure liquid ammonia from solution is first

determined. The separation is depicted in the schematic below:

Aqgeous | Pure quL_ud Retentate
Ammonia Solution Ammonia
Separation
ﬁ +
N1 N2 N3
Xp 1 Xp2 Xa 3
Xw 1 Xw 2 X\.n;a
1 2 3

Aqueous ammonia feed solution, 1, is separated into solution 2, pure liquid ammonia, and solution
3, the retentate with a lower ammonia concentration than the feed solution. Subscripts 1, 2, and 3
represent the respective solutions. N is total moles of both ammonia and water, i.e., NHz@g+H-20,

and x is the mole fraction of ammonia or water (denoted by subscripts A and W).

The total, ammonia, and water mole balances are expressed in egns (C.2), (C.3), and (C.4),
respectively. Solution 2 is pure liquid ammonia, therefore xa2 = 1 and xw2 = 0. The fraction of
ammonia, NHa, that is separated from the urine feed is defined as y, eqn (C.5), which can be

rearranged to yield eqn (C.6).
N, =N, +N, (C.2)
Xa1N; = Xa, N, + X, 5Ny (C.3)

A2 72
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XwaN; =X 2Ny + Xy 5N,

XA,Z N 2 — N 2
XA,l Nl XA,l Nl

y

N _ 1

N,  YXa,

(C4)

(C.5)

(C.6)

Substituting eqgn (C.2) into egn (C.6) yields eqn (C.7). Combining egns (C.3), (C.6), and

(C.7) gives eqn (C.8) after rearrangement.

N 1

Ny _ 1

N, VX,
1

X3 = {
-1

YXa1

(C.7)

(C.8)

The Gibbs energy of a solution is the sum of the product of the mole fractions of each

component, i, and the Gibbs energy of each respective component, i.e., G = X xiGi. The Gibbs

energy of a binary mixture of ammonia and water is expressed as eqn (C.9):

G = x,G, + X, G,, +RT [XA IN(7aXa )+ X IN (70 X )]

(C.9)

where R is the gas constant, T is temperature, and y is the activity coefficient of component, i, in

the solution. The Gibbs free energy of separation, AGsep, is given by eqgns (C.10 A)—(C.10D):

AGy, = N,G, +N,G, - N,G,

G, = X0 ,Ga + X .Gy +RT |:XA,2 In (7A,2XA,2 ) + Xy IN (7W,2XW,2 )]
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G; = Xp36a + X 3Gy +RT [XA,3 In (7’A,3XA,3 ) + X3 In (7w,3xw,3 )} (C.10C)

G, = Xa1Ga + Xy Gy + RT |:XA,1 In (7A,1XA,1) + Xy IN (7W,1XW,1 )] (C.10D)

Given that solution 2 is pure liquid ammonia, xw.2 = 0 and ya2Xa2 = 1. For hydrolyzed
urine, the concentration of NHz(g) is relatively dilute (<500 mM) and, thus, solutions 1 and 3 can
be simplified using yw,Xw,1 = 1 and xwva3xwz =~ 1. Applying these simplifications and eqns

(C.10A—(C.10D), the Gibbs free energy of separation is approximated to egn (C.11).
AG,, = RT [NSXA,S In (7A,3XA,3 ) —N;X,, In (7A,1XA,1 )] (C.11)

Normalizing egn (C.11) by N yields AG the energy per mole of NHz separated from

sep.N, !

the feed solution egn (C.12).

AG

sep,N, N N
?’)N ~ N_z Xa3 1N (7A,3XA,3) _N_l Xa, IN (7A,1XA,1) (C.12)

For the hydrolyzed urine examined in this study, the ammonia concentration in solutions 1 and 3
are relatively low and the contribution of mole fraction, x, to the Gibbs free energy of separation
is, hence, significantly greater than the effect of activity coefficient, y. Therefore, the system can
be further simplified by assuming ya,1 and ya 3 equal to unity. Finally, substituting egns (C.6)—(C.8)

into egn (C.12) yields egn (C.13).

AG

sep,N, 1 1
?"Nz(y—lJln(xAs)—gln(xA,l) (C.13)

The Gibbs free energy to separate an infinitesimally small amount of ammonia from
hydrolyzed urine simulated by 500 mM aqueous ammonia solution is calculated to be 9.66 kJ/mol
at 40 °C using eqn (C.13).
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Vaporization Enthalpy of Ammonia from Aqueous Solutions. The enthalpy of vaporization of
ammonia from aqueous solutions, AHa aq, IS equivalent to the sum of the vaporization enthalpy of
pure liquid ammonia, AHa,, and the Gibbs free energy to separate pure liquid ammonia from the

aqueous solution, as given by eqgn (C.14).

AH,, =AH,, +AG (C.14)

Aaq sep,N;

At the feed temperature during experimental operation, 40 °C, Ha, is 18.76 kJ/mol.%’ Hence, the
energy required to vaporize an infinitesimally small amount of ammonia from a 500 mM aqueous
ammonia solution is 28.42 kJ/mol (i.e., 18.76 + 9.66). This calculated AHaqq is utilized in the

energy analysis presented in Figure 4.6 of Chapter 4.
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Appendix D: Supporting Information for Chapter 5

Solution Solution
1: desire 2: desire
higher pH lower pH
CEM 1 Current AEM
- _ +
MX Salt * MX Salt
Solution - +]- + Solution
- _ H+
- ﬂ [+ 1] | K X
Electrode BPM Electrode
MOH HX

Figure D.1. Schematic depicting the setup and working principles of bipolar membrane electrodialysis.
Electrolyte solutions of MX salt solution are directed to outer electrolyte chambers. Solution 1, a solution in
which the desire is to increase the pH, is directed to the base chamber and solution 2, a solution in which the
desire is to decrease the pH, is directed to the acid chamber. Graphite electrodes are placed between the
electrolyte chambers and the cation exchange membrane (CEM) and anion exchange membrane (AEM). Next
to the CEM and AEM are base and acid chambers, respectively, which are divided by a bipolar membrane
(BPM), which contains a positively charged AEM layer facing the base chamber and a negatively charged CEM
layer facing the acid chamber. A power supply applies a current between the positive and negative terminals
connecting to the electrodes in contact with the CEM and AEM, respectively. The ionic current cannot be
sustained by ions in the bulk solution because M* cannot pass through the AEM layer of the BPM and X~ cannot
pass through the CEM layer. The current is carried out by electro-dissociation of H* and OH™ at the bipolar
junction of the BPM. H* and OH™ ions migrate across the AEM and CEM, respectively, toward the acid and
base chambers, respectively. As a result, HX is generated in the acid chamber and MOH is generated in the base
chamber.
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D.1 Specific Energy Consumption of BPM-ED

Specific energy consumption of the BPM-ED step is calculated using egn (5.2) in Chapter 5, here

eqn (D.1).2"®

[ 'U(t)dt
SEC:J‘O% (D.1)

Applied current, 1, is the product of current density, j, and the area of the bipolar membrane, A,
(i.e., I = jA). The volume of base/acid solution, V, is based on the experimental conditions (i.e.,
acid and base chamber volumes, which are 100 mL in this study). Time, t, is the duration of the

BPM-ED step.

The voltage across the stack, U, is equivalent to the product of current and resistance, R,
across the stack (i.e., U = IR). In this analysis, U is considered constant over time assuming
minimal changes in resistance over the duration of BPM-ED experiments.?’> U can be measured
directly using the power source, Agilent single output DC power supply (U8002A, Santa Clara,
CA). However, the custom-built bipolar membrane electrodialysis stack utilized in experiments
was not designed to minimize the resistance across the stack and as a result experimentally high

voltages were measured (~10—20 V, Table D.1- experimental voltage drops).
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Table D.1. Experimental voltage drops across the BPM-ED stack in different BPM-ED operations, which are
described by the streams produced, operating mode, and current density as detailed in Chapter 5. Predicted
voltage drops based on a more optimized BPM-ED stack based on egns (D.2)—(D.3) and assumptions presented
in Table D.2.

Current
Streams Operating Density Predicted Experimental
Produced Mode (Alcm?) U (V) U (V)
FU:1 1 0.01 2.55 10.54
FU: 1 0.01 2.50 10.54
FUs 1 0.01 2.36 10.54
HU1/AC1 2 0.02 4.09 13.49
HU2/AC, 2 0.04 7.73 20.06

The voltage across the stack in a more optimized system can be predicted using the voltages
across each component in the stack of anion exchange membrane (AEM), cation exchange
membrane (AEM), bipolar membrane, base chamber, acid chamber, and each electrolyte chamber.
Note that Table D.1 presents the predicted voltage drops for similar experiments conducted in an
optimized system based on analysis presented in subsequent paragraphs. Predicted voltages across
the optimized system are ~61—78% less than the experimentally measured voltages, which can
result in immense savings in energy consumption by eqn (5.2) in Chapter 5. For this reason, the
predicted voltages were employed in the analysis.

The predicted voltage drop across the stack, Ur, is the sum of the voltage drops across the
individual components of: chambers j, the AEM, CEM, and the Donnan potential across the BPM,

Vo (i.e., Uy =Y U, +iR, +iRcgy +V, ). Note that the Donnan potentials across the AEM and

CEM are considered negligible and are not considered in this analysis.?”> The Donnan potential
across the BPM-ED is determined by egn (D.2),2® where R and T are the gas constant and

temperature, Z is the dissociation number of the salt, C*** and c’* are the concentrations of H”
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in the acid and base chambers, respectively, and ApH is the difference in pH between the chambers
as taken by experimentally measured pH.

acid

C+
VD:ﬂn H_ _0,0591ApH (D.2)
ZF  cr=

Voltage drop in each chamber j can be predicted using U; = iR;. The specific resistance
across compartment, j is calculated by eqn (D.3).2"

Vi L,

= D.3
! Z,D;FC; (D3)

where Vr is the thermal voltage (i.e. 0.0256 V at room temperature), L; is the thickness of
compartment j (assumed to be 0.05 cm for each chamber in an optimized system?®), Z; is the
dissociation number of the salt in the chamber, D is the average diffusion coefficient (cm?/s), F is

Faraday constant, and Cj is the concentration of salt in chamber j taken at the initial point.

Table D.2 presents the assumptions used in the determination of voltage drop across the

stack, which are adopted from a previous study.2”
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Table D.2. Assumptions utilized for the prediction of voltage drop across the membrane in an optimized BPM-
ED stack.

Symbols Description Value Dimension
A Membrane surface 12 56 om?
area

Effective diffusion
Dacid coefficient of the acid 0.0001 cm?/s
compartment

Effective diffusion
Dbase coefficient of the base ~ 3.32x107° cm?/s
compartment

Effective diffusion

Dsait coefficient of the salt 1x107° cm?/s
compartment

RAEM Resistance of AEM 2.4 Q cm?

Rcem Resistance of CEM 3 Q cm?
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Appendix E: Supporting Information for Chapter 6

Table E.1. Assumptions in the calculation of CAPEX for onsite nutrient recovery using Donnan
dialysis (DD) for P recovery and membrane distillation (MD) for N recovery. Note that the toilet pricing
is the extra cost for the urine diversion toilet relative to a conventional toilet where both toilet prices are
based on commercial toilet prices.®'! 32 The piping cost is equal to the total cost for the current
collection system for non-potable water reuse at the Solaire building (i.e., dual piping is required for
source-separation, therefore an addition piping system is needed), which is provided directly from
Natural Systems Utilities.

Component Cost ($) | Unit

Toilet3!t 312 200 Ea.

Piping 200,000 | Solaire collection system
Tanks?'8-280 () 130 Per m®

Process Control?’® 140.00 | Per m®/day
Pumps?’® (6) 5,500.00 | Per 100 m%/h flow
DD Membrane®?® 180.00 | Per m?

DD Membrane module®® 378.00 | Per m?

Heat Exchanger?’® 314 (2) 325 Per m?

MD Membrane?’® 27 90 Per m?

MD Membrane module?8® 315 316 2,652.17 | Per m?

Table E.2. Overall heat transfer coefficient, U, for operations with urine, assumed to have essentially
equivalent properties to water, as the target stream to be warmed (i.e., the cold stream) and either steam
as the hot stream or hot waste water as the hot stream. Shell and tube heat exchanger is assumed for
both operations.3!7: 318

Operation U (KW/m?K)
Steam 2.73
Hot waste water 1.14
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Table E.3. Temperature of hot stream at the inlet of the heat exchanger, Tw,in, temperature of the cold
stream to be warmed at the inlet of the heat exchanger, Tc,n, and target temperature of the warmed
stream at the exit of the heat exchanger, Tcout in heat exchanger operations with steam or hot waste
water as the hot stream. Note that Tc i, is assumed to be at room temperature, however, there may be a
season effect on this temperature that can be considered in future analysis. Tc ot is the target temperature
for operation of isothermal membrane distillation. Tw,in for the hot water is the typical temperature of

the hot waste water stream at the Solaire as provided by Natural Systems Utilities.

Operation Stream | Temperature (°C)
Both T.cin 20

Both T,c.out 40

Steam T Hiin 150

Hot waste water T H,in 60

Table E.4. Assumptions for determining the amortization factor that is required for calculating

annualized CAPEX.2"9

Interest rate (per year), i 5%
Lifetime Nutrient Recovery System (years), n 30
Amortization Factor 0.065

Table E.5. Assumptions in the calculation of OPEX of the Donnan dialysis (DD) system for P recovery.
Note that KCl is the chemical utilized in the “baseline” operation. In DD with waste chemicals as the

chloride source, the costs must consider intake costs, i.e., expenditures for transporting the streams

onsite. Chemical costs are based on commercial prices.

Cost ($) Unit
DD Membrane Replacement®®? 5% membrane cost
Spares®”® 0.033 per m® treated urine
Labor?”® 0.03 per m® treated urine
Electricity®*° 0.207 per kwh
KCI3% 350 per ton
Intake of Waste Chemicals (assume | 0.25 per m? transported a
20 mi distance)?”® mile
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Table E.6. Assumptions in the calculation of electricity for pumping in the Donnan dialysis and

membrane distillation systems.?”®

Symbol | Description Value

P Density of Urine 1017.5 kg/m?®
g Acceleration of Gravity 9.82 m%/s

Ah Pump head 458 m

n Pump Efficiency 62.5

E.1 Thermal Energy in Membrane Distillation

The specific thermal energy requirement of membrane distillation, SEC, is the sum of the specific
energy requirements for external heating, SECex, (i.e., increasing stream temperature from
ambient temperature to target temperature) and internal heating, SECi to maintain target
temperatures even with heat loss,?®! i.e., eqn (E.1). Note that the analysis in Chapter 6 considers
energy requirements and costs associated with those requirements normalized by the recovery rate

of N.

SEC = SEC, + SEC,, (E.1)

The specific energy requirements for external heating are calculated using a heat exchanger
is calculated using eqgn (E.2) , where Q is the mass flow rate, Cp is heat capacity of the, Ta is the
ambient temperature (assumed to be 20°C) and Tt is the target temperature (40°C), and subscripts

F and C refer to the feed (urine) and collector streams, respectively.
SECEXt = QFCpF (TA -T; ) + QcCpc (TA _TT) (E.2)

In membrane distillation, heat is “lost” from a stream and transported to another stream by
two means: convective and conductive heat transfer. These modes of heat transfer in membrane

distillation are elucidated in previous work,? 213245, 247, 282 p;t are briefly discussed here in the
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context of energy requirements. SECnt is the sum of convective and conductive heat transfers, Qg,

and Qc, respectively, i.e., eqn (E.3).
SEC,,=Q:+Q; (E.3)

To support the transportation of volatile components from the feed to collector stream,
thermal energy is required for the vaporization enthalpy of volatile components in the feed.?'? 247
2% Convective heat flux of component i, is the product of the vaporization enthalpy, AH;, and the
flux, Ji, and the total convective heat flux, Qg, is the sum of the convective heat flux of all
components, i.e., eqn (E.4).22 Note that AH; for species of ammonia and water at the relevant
stream temperatures were used in the analysis. Previous work details the determination of

convective heat flux in a similar membrane distillation system.
Qe =|ZAHi‘]i| (E-4)

Conductive heat transport across the membrane also contributes to the thermal energy
requirement to maintain target temperatures.?® 2% 260 Q¢ s calculated by eqn (E.5) where kn is
thermal conductivity of the membrane, described next, A is membrane thickness (assumed to be
110 micron), and T,m and Tcm are the temperatures on the feed and collector side of the membrane,

respectively, which are determined using methods discussed in subsequent paragraphs.

_ km (Tf,m _Tc,m)

Qe )

(E.5)

Thermal conductivity of the membrane is calculated as k, = (1-¢)k, + ek, where ¢

membrane porosity (assumed to be 0.8), kmm is the thermal conductivity of the membrane
material (assumed to be 0.16 W/m?K), and Kg is the thermal conductivity of the gas in the pores

of the membrane (assumed to be 0.027 W/m?K). The temperatures at the feed and collector side
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of the membrane are based on the operation of membrane distillation and is discussed in depth

next.

Temperatures at the membrane interface Trm and Tem can be calculated by egns (E.6) and
(E.7) where Tsp and Tcp are the bulk stream temperatures of the feed and collector stream (40°C
for both in this analysis), hm is the heat transfer coefficient of the membrane (487 W/m?2K), hg is
the heat transfer coefficient of the feed stream, urine, (3546 W/m?K), and hc is the heat transfer

coefficient of the collector stream (934 W/m?2K). ™ 212, 213, 245, 247, 256, 259, 260, 281, 282

h
hm [Tc,b + thf,bj + thf,b - Z Ev,i

Tim = " (E.6)
h (1+ hfj +h,
h
hm [Tf,b + . cb J + thc,b + Z EV,i
Tin= n h (E.7)
h, (1 + °] +h,
hf

In conventional MD, there is a temperature difference between the feed and collector
stream, which results in conductive heat transport from the feed across the membrane to the
collector.’ 212, 213, 245, 247, 256, 259, 260, 281, 282 Hawever, in the analysis presented in Chapter 6,
isothermal membrane distillation (i.e., equivalent feed and collector stream bulk temperatures) is
utilized. Because the transmembrane temperature gradient is significantly smaller in isothermal
membrane distillation, compared to conventional, the conductive heat transport is considerably
lower. Although the bulk temperatures are equal, there is still a slight transmembrane temperature
gradient due to temperature polarization that drives conductive heat transport. Temperature

polarization (i.e., one stream is warmed at the surface of the membrane and the other stream is
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cooled) can occur in isothermal membrane distillation due to phase changes of vaporization and

condensation, which demand and release heat, respectively.’

Table E.7. Assumptions in the calculation of OPEX of the membrane distillation (MD) system for N recovery.
Note that sulfuric acid is the chemical utilized in the “baseline” operation and for the operation with waste
chemicals costs are associated with intake of these chemicals. Sulfuric acid concentration required is 0.355 M

and the chemical cost is based on commercial prices.

Cost ($) Unit

MD Membrane Replacement?’® 10% of membrane cost;
annual cost

Spares®”® 0.033 per m® treated urine
Labor?™® 0.03 per m® treated urine
Sulfuric Acid®?? 3000 per 4200 Ibs
Electricity®*° 0.207 per kwh
Natural Gas®* 8.708 per 1000 ft
Intake of Waste Chemicals (assume | 0.25 per m? transported a
20 mi distance) ?" mile
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Table E.8. High and low prices of various P and N fertilizer normalized by kg of target nutrient, P or

N. Note that if both P and N are present in the fertilizer, then the value is split between the components

on a mole basis. All information is provided by the USDA Agricultural Marketing Service.?%

Low High

Fertilizer Price N value ($/kg-P) | Price N value ($/kg-P)
Fertilizer Fertilizer
($/kg-N) ($/kg-N)

(NH4)H2PO4 1.69 1.87 1.88 2.08

NHs (anhydrous) | 1.96 2.08

(NH4)2HPO4 2.95 1.47 3.07 1.53

Urea, CH4N>0 2.07 2.13

Liquid NH3 (28%) | 2.17 2.48

Ca(H2P0O4)2 0.55 1.09
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Table E.9. Assumptions for determining the annualized capital cost of the Solaire non-potable water
treatment system and thermal energy recovery unit. The capital costs and lifetime are provided by
Natural Systems Utilities.

Total Capital Cost for Non-Potable Water $2 million
Treatment System at the Solaire

Total Capital Cost for Thermal Energy Recovery | $150K
Unit at the Solaire

Interest rate (per year) >° 5%
Lifetime Nutrient Recovery System (years) 50
Amortization Factor?”® 0.065

Table E.10. Average values of potable water demand, reuse flow from the non-potable water treatment
system, and wastewater sent to WWTP at the Solaire from Dec. 2017 to Feb. 2022. For comparison, the
same metrics for a reference building (without water reuse) are provided. The reference building has
equivalent capacity and water demands as the Solaire, but all water must be sourced from potable water
produced in the city rather than the reuse flow. Note all information was provided by Natural System
Utilities.

The Solaire Potable Water Demand (gallons/day) 4,159.76
Reuse flow (gallons/day) 21,647.68
Wastewater sent to WWTP (gallons/day) | 2,141.85

Reference Potable Water Demand (gallons/day) 25,807.44

Building Reuse flow (gallons/day) 0.00
Wastewater sent to WWTP (gallons/day) | 21,823.51
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Table E.11. Assumptions for determining operating costs for water service, water heating, non-potable
water treatment, and thermal energy recovery systems at the Solaire. The distributed annual membrane

cost is provided by Natural Systems Utilities. Chemical costs are based on commercial prices.

Cost ($) Unit
Potable water service®** 0.005481 $/gallon
Wastewater service®** 0.008703 $/gallon
Natural Gas®® 8.708 $/1000 ft*
Distributed Annual Membrane Cost 3,125 Total
Electricity®?° 0.207 $/kWh
NaQH32>-3%7 8.40 $/day
Chloro-aluminum hydrate®? 0.71 $/day
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Figure E.1. Costs of natural gas, energy use in non-potable water treatment (NPWT), electricity for the
hydronic loop, and total energy cost (sum of the aforementioned 3 components) for different scenarios
of a reference building without water reuse or thermal energy recovery, the Solaire building with non-
potable water reuse (i.e., water recovery), and the Solaire building with non-potable water reuse and

thermal energy recovery (i.e., water + thermal energy recovery).
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Figure E.2. Annualized CAPEX and OPEX broken into energy, water service, and other components
for different scenarios of a reference building without water reuse or thermal energy recovery, the
Solaire building with non-potable water reuse (i.e., water recovery), and the Solaire building with non-
potable water reuse and thermal energy recovery (i.e., water + thermal energy recovery). Note that the
CAPEX for the reference system is assumed to be zero because this building is the baseline condition
that all other scenarios also have. Water service is the sum of the cost of external drinking water supply
and wastewater service. Energy cost is the sum of the costs of natural gas for heating, non-potable water
treatment (for scenarios 2 and 3), and electricity for the hydronic loop in the thermal energy recovery
unit. Note that OPEX savings for the Solaire systems are relative to the reference case. Net profit of

scenario x is the total costs of reference system - the total cost of scenario x, where total cost is the sum

of annualized CAPEX and OPEX.
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